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ABSTRACT 

Kinetic Experimental and Modeling Studies on Iron-Based Catalysts Promoted with 
Lanthana for the High-Temperature Water-Gas Shift Reaction Characterized 

with  Operando UV-Visible Spectroscopy and 
for the Fischer-Tropsch Synthesis 

Basseem Bishara Hallac 
Department of Chemical Engineering, BYU 

Doctor of Philosophy 

The structural and functional roles of lanthana in unsupported iron-based catalysts for the 
high-temperature water-gas shift reaction and Fischer-Tropsch synthesis were investigated. The 
performance of the catalysts with varying lanthana contents was based on their activity, 
selectivity, and stability. With regard to the former reaction, extent of reduction of the iron in 
Fe2O3/Cr2O3/CuO/La2O3 water-gas shift catalysts is a key parameter that was characterized using 
UV-visible spectroscopy. Minor addition of lanthana (<0.5 wt%) produces more active and 
stable catalysts apparently because it stabilizes the iron-chromium spinel, increases the surface 
area of the reduced catalysts, enhances the reduction of hematite to the magnetite active phase, 
and facilitates the adsorption of CO on the surface of the catalyst modeled by an adsorptive 
Langmuir-Hinshelwood mechanism. Statistical 95% confidence contour plots of the adsorption 
equilibrium constants show that water adsorbs more strongly than CO, which inhibits the 
reaction rate. A calibration curve that correlates the oxidation state of surface iron domains to 
normalized absorbance of visible light was successfully generated and applied to the water-gas 
shift catalysts. UV-visible studies indicated higher extent of reduction for surface Fe domains for 
the catalysts promoted with 1 wt% of lanthana and showed potential to be a more convenient 
technique for surface chemistry studies than X-ray absorption near edge spectroscopy (XANES).  

Lanthana addition to iron-based Fischer-Tropsch catalysts enhances the olefin-to-paraffin 
ratio, but decreases their activity, stability, and selectivity to liquid hydrocarbons. Adding 
lanthana at the expense of potassium reduces the water-gas shift selectivity and enhances the 
activity and stability of the catalysts. 

Finally, a model that simulates heat and mass transfer limitations on the particle scale for 
the Fischer-Tropsch reaction applicable at lab-scale suggests optimal operating and design 
conditions of 256°C, 30 bar, and 80 𝜇𝜇m particle size for maximum observed reaction rate. Low 
H2:CO ratios are recommended for higher selectivity to liquid hydrocarbons. The model 
considers pressure drop, deactivation, pore diffusion, film heat transfer, and internal heat transfer 
when solving for the optimal conditions, and maps them as functions of design variables. This 
model can be up-scaled to provide guidance for optimal design of commercial-size reactors.  

Keywords: iron catalysts, lanthana, UV-visible spectroscopy, water-gas shift, Fischer-Tropsch



ACKNOWLEDGEMENTS 

I owe my deepest gratitude to Dr. Morris Argyle who has always been a supportive, 

encouraging, and helpful mentor. I sincerely thank you for your wisdom and keen guidance.  

Further, I would like to thank the committee for their help. Special thanks to Dr.’s 

William Hecker, Calvin Bartholomew, Larry Baxter, and John Hedengren who spent a 

tremendous amount of time helping me with statistical analysis, optimization and modeling. Dr. 

Bartholomew provided invaluable expertise and consultations.  

I would also like to thank Eli Stavitski from Brookhaven National Lab for collaborating 

with our lab and testing our samples. 

To my colleagues who worked hard and struggled with me on projects, including Jared 

Brown, Rabindra Sharma, Rupak Bajagain, Trevor Slade, Aslan Omar Mahmoud, Brandon Clark 

and Sora Lee, thank you for your productive and responsible work!   

Friends, thank you for making life more interesting during monotonous times. You will 

always be remembered! 

Finally, I would like to especially acknowledge Dr. Erlend Peterson and Kate Anderson 

of the international vice president office at Brigham Young University. You are my spiritual 

parents who made me feel at home with your endless love and constant care. I owe you my 

greatest debt. Thank you!  



 
  

 
DEDICATION 

 
 
 I dedicate this dissertation work to my family who has always been standing firmly by 

my side throughout this process. Much gratitude to my wonderful parents, Bishara and Mary 

Hallac, whose supportive stance, encouraging words, and persistence on education are the seeds 

that cultivated the person I am today. Considerable appreciation and respect to my brothers 

Boutros and Bassem who are great examples of highly-motivated, inspired, and enlightened 

individuals and who were always there for me to keep me on track. 

 Also, I dedicate this work to Uncle Robert, Aunt Rima, Aunt Mary, and my cousins for 

their constant support.  

 Another dedication goes to the memory of my deceased grandparents whom I wish were 

still among us to observe the accomplishment of this work. However, I am confident that they 

are in a better place now and that their investment in me has nurtured.             

 I finally dedicate this work to my beloved country Palestine and its strong, proud, and 

enduring nation. I truly hope that peace will prevail in the land of peace. I believe that our 

tenacity on education and self-development are key factors for achieving our endeavors. Cheers 

to everyone who believes in the richness of learning!  

 
 
 
 
 



 
  

TABLE OF CONTENTS 

LIST OF TABLES ................................................................................................................................ XIV 

LIST OF FIGURES ................................................................................................................................ XVI 

NOMENCLATURE .............................................................................................................................. XXII 

CHAPTER 1. INTRODUCTION ....................................................................................................... 1 

1.1 Background ............................................................................................................................................... 1 

1.1.1 The Water-Gas Shift Reaction .................................................................................................................... 2 

1.1.2 The Fischer-Tropsch Synthesis .................................................................................................................... 4 

1.1.3 Ultraviolet-Visible Spectroscopy ................................................................................................................. 6 

1.2 Objective .................................................................................................................................................. 7 

1.3 Chemical and Physical Properties of Lanthana ........................................................................................... 8 

1.4 Organization of Dissertation ...................................................................................................................... 9 

CHAPTER 2. LITERATURE REVIEW .......................................................................................... 11 

2.1 High-Temperature Water-Gas Shift Reaction ............................................................................................ 11 

2.1.1 Catalysts, Promoters, and Preparation ..................................................................................................... 11 

2.1.2 Water-Gas Shift Kinetics and Mechanisms ............................................................................................... 18 

2.2 Operando UV-Visible Spectroscopy .......................................................................................................... 21 

2.2.1 UV-Visible Spectra Features and Extent of Reduction .............................................................................. 21 

2.2.2 The Kubelka-Munk Theory: Derivation and Limitations ........................................................................... 25 

2.3 The Fischer-Tropsch Synthesis .................................................................................................................. 27 

2.3.1 Catalysts, Promoters, and Preparation ..................................................................................................... 27 

2.3.2 Pretreatment of Iron FTS Catalysts ........................................................................................................... 34 

2.3.3 Water-Gas Shift Kinetics during Fischer-Tropsch Synthesis ..................................................................... 35 

ix 
 



 
  

CHAPTER 3. KINETIC STUDY OF UNSUPPORTED IRON-BASED HIGH-
TEMPERATURE WATER-GAS SHIFT CATALYSTS PROMOTED WITH LANTHANA ......... 38 

3.1 Experimental Methods and Apparatus ..................................................................................................... 38 

3.1.1 Catalyst Preparation, Calcination, and Screening ..................................................................................... 39 

3.1.2 Characterization Procedures .................................................................................................................... 40 

3.1.3 Kinetic Analysis: Reaction Apparatus, Conditions, and Calculations ........................................................ 42 

3.2 Results and Discussion ............................................................................................................................. 47 

3.2.1 Surface Area ............................................................................................................................................. 47 

3.2.2 Powder X-ray Diffraction (XRD) ................................................................................................................ 49 

3.2.3 Scanning Electron Microscopy (SEM) and Energy-Dispersive Spectroscopy (EDS) .................................. 52 

3.2.4 Temperature-Programmed Reduction with Hydrogen (H2-TPR) .............................................................. 54 

3.2.5 Catalyst Performance:  Stability and Water-Gas Shift Activity ................................................................. 58 

3.2.6 Modeling:  Rate Models and Kinetic Analysis ........................................................................................... 61 

3.2.7 Summary of the High-Temperature Water-Gas Shift Work ..................................................................... 70 

CHAPTER 4. EXTENT OF REDUCTION STUDY ON UNSUPPORTED HIGH-
TEMPERATURE WATER-GAS SHIFT CATALYSTS USING UV-VISIBLE 
SPECTROSCOPY………………………………………………………………………………………………………. 71 

4.1 Experimental Methods and Apparatus ..................................................................................................... 71 

4.1.1 Temperature-Programmed Reduction and Oxidation .............................................................................. 72 

4.1.2 In-Situ UV-Visible Experiments ................................................................................................................. 73 

4.1.3 High-Temperature Water-Gas Shift Reaction ........................................................................................... 76 

4.1.4 XRD, EDS, and SEM Characterization ........................................................................................................ 76 

4.1.5 XANES (X-Ray Near-Edge Spectroscopy) Characterization ....................................................................... 76 

4.2 Results and Discussion ............................................................................................................................. 77 

4.2.1 Temperature-Programmed Reduction and Oxidation (TPR and TPO) ...................................................... 77 

4.2.2 Powder X-Ray Diffraction (XRD) Analysis .................................................................................................. 81 

4.2.3 Operando UV-visible Spectroscopy .......................................................................................................... 84 

4.3 Summary of Extent of Reduction Study Using UV-Visible Spectroscopy ..................................................... 100 

x 
 



 
  

CHAPTER 5. AN OPTIMIZED SIMULATION MODEL FOR IRON-BASED FISCHER-
TROPSCH CATALYST DESIGN: MASS AND HEAT TRANSFER LIMITATIONS AS 
FUNCTIONS OF OPERATING AND DESIGN CONDITIONS ..................................................... 102 

5.1 Theory: Model Equations and Derivations .................................................................................................. 103 

5.1.1 Pore Diffusion Limitation ........................................................................................................................ 103 

5.1.2 Heat Transfer Limitation ......................................................................................................................... 107 

5.1.3 Pressure Drop Model .............................................................................................................................. 109 

5.1.4 Deactivation ............................................................................................................................................ 110 

5.1.5 Modeling: Optimization and Simulation ................................................................................................. 111 

5.1.6 Limitations of the Model ........................................................................................................................ 114 

5.2 Experimental Procedure .............................................................................................................................. 115 

5.2.1 Catalyst Preparation ............................................................................................................................... 115 

5.2.2 Activity Measurements ........................................................................................................................... 116 

5.3 Results and Discussion ................................................................................................................................ 117 

5.3.1 Modeling ................................................................................................................................................. 117 

5.3.2 Fixed-Bed Experiments and Comparison to Model Results .................................................................... 126 

5.3.3 Scale-Up .................................................................................................................................................. 128 

5.4 Summary of Optimization and Simulation Models ..................................................................................... 131 

CHAPTER 6. WGS AND FTS KINETIC STUDY OF UNSUPPORTED IRON-BASED 
FISCHER-TROPSCH CATALYSTS PROMOTED WITH LANTHANA ...................................... 133 

6.1 Experimental Methods and Apparatus ................................................................................................... 133 

6.1.1 Catalyst Preparation, Calcination, Screening, Reduction, and Carbiding ............................................... 134 

6.1.2 Characterization Procedures .................................................................................................................. 136 

6.1.3 Kinetic Analysis: Reaction Apparatus, Conditions, and Calculations ...................................................... 137 

6.2 Results and Discussion ........................................................................................................................... 143 

6.2.1 Surface Area ........................................................................................................................................... 143 

6.2.2 Powder X-ray Diffraction (XRD) .............................................................................................................. 144 

6.2.3 Scanning Electron Microscopy and Energy-Dispersive Spectroscopy (EDS) ........................................... 145 

6.2.4 X-Ray Mapping ........................................................................................................................................ 147 

xi 
 



 
  

6.2.5 CO Chemisorption .................................................................................................................................. 154 

6.2.6 Catalyst Performance: Activity, Selectivity, and Stability ....................................................................... 154 

6.2.7 Water-Gas Shift Activity ......................................................................................................................... 157 

6.2.8 Conclusions ............................................................................................................................................. 161 

CHAPTER 7. SUMMARY AND RECOMMENDATIONS FOR FUTURE WORK ................ 161 

7.1 Summary ............................................................................................................................................... 162 

7.2 Study on Water-Gas Shift Catalysts ........................................................................................................ 163 

7.3 Operando UV-Visible Study .................................................................................................................... 165 

7.4 Meso-Scale Optimization and Modeling of Fischer-Tropsch Catalysts ...................................................... 166 

7.5 Study on Fischer-Tropsch Catalysts ......................................................................................................... 168 

7.6 Original Contribution ............................................................................................................................. 169 

7.7 Future Work and Recommendations ...................................................................................................... 170 

REFERENCES ....................................................................................................................................... 174 

APPENDIX A.  CALIBRATION OF GAS CHROMATOGRAPH ............................................... 188 

APPENDIX B.  SAMPLE CALCULATIONS .................................................................................. 191 

B.1. Preparation of 0.5La High-Temperature Water-Gas Shift Catalyst ........................................................... 191 

B.2. Preparation of 0La FT Catalyst ................................................................................................................ 193 

B.3. Differential vs. Integral Reactor Calculations for Fischer-Tropsch Synthesis ............................................. 195 

APPENDIX C.  MACRO-KINETIC RATE MODELING FOR THE WGSR .............................. 198 

C.1. Derivation of Rate Models for the WGS Reaction .................................................................................... 198 

C.1.1. Langmuir Hinshelwood Model ............................................................................................................... 198 

C.1.2.  Eley-Rideal Model .................................................................................................................................. 199 

C.1.3. Redox Model........................................................................................................................................... 201 

C.2. Equations Used for Fitting the Models to Experimental Data .................................................................. 203 

C.3. Sample Calculations for Fitting of Kinetic Data ........................................................................................ 203 

xii 
 



 
  

C.4. Statistical Analysis Using Mathematica® ................................................................................................. 205 

C.5. Statistical Analysis Using R® ................................................................................................................... 210 

APPENDIX D. ELECTRON-DISPERSIVE X-RAY SPECTRA FOR HT WGS 
CATALYSTS…………………………………………………………………………………………………………… 211 

APPENDIX E. PARTICLE MODEL FOR FISCHER-TROPSCH REACTION ........................ 215 

 

 

 

 

 

 

 

 

 

 

 

 

xiii 
 



 
  

LIST OF TABLES 

 
Table 2.1: Possible Side Reactions of the WGS Reaction at Stoichiometric H2O:CO Ratios    
[31, 32]. ......................................................................................................................................... 15 
 
Table 2.2: Comparison of product distribution from FTS for Fe-based and Co-based catalysts. 
Fe-based catalysts have higher selectivity to liquid hydrocarbons [73]. ...................................... 28 
 
Table 2.3: Formate mechanism of the WGS reaction on iron FTS catalysts [100]. ..................... 36 
 
Table 3.1: Weights of metal nitrates and sodium hydroxide for the preparation of 20-gram 
batches of unsupported HT WGS catalysts with different wt% of lanthana. ............................... 40 
 
Table 3.2:  Solubility product constants at 25°C and pH values for the precipitation of metal 
hydroxides. .................................................................................................................................... 40 
 
Table 3.3: Reduction and HT WGS reaction conditions. ............................................................. 44 
 
Table 3.4: Experimental runs for fitting rate-law models to kinetic data at 400°C and 1 atm. .... 46 
 
Table 3.5: BET surface area and average pore diameter measurements for the calcined and    
used catalysts along with crystallite sizes for the used catalysts determined from XRD peak 
broadening..................................................................................................................................... 48 
 
Table 3.6: Quantitative EDS analysis on the fresh calcined catalysts. The numbers show wt% 
contents of each element for a scan across the surface of the sample holder and a one-point    
scan at a randomly chosen particle. .............................................................................................. 54 
 
Table 3.7: Summary of H2-TPR results. This table compares the reduction temperature of    
Fe2O3 to Fe3O4 as well as the extent of reduction in terms of hydrogen consumption. ................ 57 
 
Table 3.8: Performance of HT WGS catalysts at 400°C under HT WGS conditions in terms       
of rate activity and stability. Deactivation % is compared at 120 h of operation after steady-  
state. .............................................................................................................................................. 60 
 
Table 3.9: The coefficients of determination (𝑟𝑟2) for the different WGS kinetic models to 
determine which model best fits the rate data. .............................................................................. 61 
 
Table 3.10: Kinetic fitting parameters of the Langmuir-Hinshelwood model shown in      
Equation 2.13 at 400°C. 95% confidence intervals are given in brackets next to the  
corresponding predicted values. .................................................................................................... 65 
 

xiv 
 



 
  

Table 3.11: Kinetic fitting parameters for the power-law model shown in Equation 2.18 at  
400°C. 95% confidence intervals are given in brackets next to the corresponding predicted 
values. ........................................................................................................................................... 68 
 
Table 4.1: Extent of reduction of all catalysts for TPR 1 and TPR 2 (10 mol% H2/Ar, total     
flow = 50 sccm). ........................................................................................................................... 79 
 
Table 4.2: Crystallite sizes of some samples post TPR 1/TPR 2. ................................................. 82 
 
Table 4.3: Slope, intercept, and coefficient of determination for the oxidation states vs. K-M 
calibration curve. ........................................................................................................................... 93 
 
Table 5.1: Design table of the optimization problem for the lab-scale reactor.. ......................... 112 
 
Table 5.2: List of key parameters used in the model for the lab-scale reactor. .......................... 114 
 
Table 5.3: The optimal solution of the Fe-based FTS catalyst design for the lab-scale reactor...
..................................................................................................................................................... 118 
 
Table 5.4: Rates of CO depletion obtained from the fixed-bed reactor runs and the model on 
unsupported FTS Fe-based catalyst at two reaction temperatures with different catalyst      
particle sizes (40 mol% He, 20 bar, 1:1 H2:CO). ....................................................................... 126 
 
Table 5.5: Parameters for a commercial-size reactor at 𝑇𝑇=253.5°C, 𝑃𝑃=20 bar, and 𝑦𝑦𝑦𝑦𝑦𝑦=0.5 
(H2:CO  = 1). ............................................................................................................................... 128 
 
Table 5.6: Optimized solution for the commercial-size reactor. ................................................ 129 
 
Table 6.1: Compositions of metals in FTS catalysts. .................................................................. 134 
 
Table 6.2: Weights of metal nitrates, silica, and bicarbonates for the preparation of 20-gram 
batches of unsupported FTS catalysts with different wt% of lanthana. ...................................... 135 
 
Table 6.3: Flow rates of gases during the reduction and carbiding processes. ........................... 136 
 
Table 6.4: The operating conditions for the WGS study of FT catalysts. .................................. 142 
Table 6.5: BET surface area and average pore diameter measurements for the calcined and 
carbided catalysts along with crystallite sizes for the carbided catalysts. .................................. 143 
 
Table 6.6: Quantitative EDS analysis on the fresh calcined FT catalysts. The numbers show   
ppm of promoters normalized to 100 ppm of Fe for a scan across the surface of the sample  
holder and a one-point scan at a randomly chosen particle. ....................................................... 146 
 
Table 6.7: CO chemisorption of reduced FT catalysts. .............................................................. 154 
 

xv 
 



 
  

Table 6.8: Activity and activation energies of FT catalysts at 320 psi with 𝑃𝑃0𝑦𝑦𝑦𝑦 = 9.91          
atm, 𝑃𝑃0𝐻𝐻2 = 10.59 atm, 𝑃𝑃0𝐴𝐴𝑟𝑟 = 1.26 atm. Rates are lower for the lanthana-promoted     
catalysts. ...................................................................................................................................... 155 
 
Table 6.9: Selectivities of FT catalysts at 320 psi with 𝑃𝑃0𝑦𝑦𝑦𝑦 = 9.91 atm, 𝑃𝑃0𝐻𝐻2 = 10.59         
atm,   𝑃𝑃0𝐴𝐴𝑟𝑟 = 1.26 atm. Methane and water-gas shift activities are higher with the lanthana-    
promoted catalysts. ..................................................................................................................... 157 
 
Table 6.10: WGS study on  0La FT at 250°C and 320 psi on the χ-Fe5C2 active phase. ............ 160 
 

 

 

 

 

 

  

 

 

 

 

 

xvi 
 



 
  

LIST OF FIGURES 

 
Figure 2.1: Spinel lattice structure of the form AB2O4 of magnetite Fe3O4 (left) and iron-
chromium CrxFe(2-x)O4 (right). The normal spinel structure of CrxFe(2-x)O4 has tetrahedral       
sites  occupied by Fe2+ and octahedral sites shared between Cr3+ and Fe3+ [24]. ......................... 12 
 
Figure 2.2: TPR profiles of Fe2O3 catalysts with varying amounts of chromia. Increased   
chromia content increases the reduction temperature [25]. .......................................................... 13 
 
Figure 2.3: Temperature dependence of the equilibrium constant of the WGS reaction [53]. ..... 21 
 
Figure 2.4: Sensitivity of pre-edge and edge features of UV-visible spectra to extent of   
reduction of vanadium-based catalysts for oxidative dehydrogenation of propane using   
Kubelka-Munk function F(R∞) [56]. ............................................................................................ 22 
 
Figure 2.5  Molecular orbital diagram for (FeO6)-9 showing the orbitals in the valence and 
conduction bands [13].  Reproduced with permission of The Mineralogical Society of     
America. ........................................................................................................................................ 24 
 
Figure 2.6: Band structure for hematite showing the valence and conduction bands separated    
by the band gap [61].  Reprinted with permission of the Royal Society of Chemistry. ............... 25 
 
Figure 2.7 Shell balance on the flux of light moving in the upward and downward directions.  
The flux is dependent on both absorbance and scattering. ........................................................... 26 
 
Figure 2.8: Calorimetric CO pulse adsorption at 613 K for a) Fe-FTS and b) K-Fe-FTS [77]. ... 30 
 
Figure 2.9: TPD results for a) Fe-FTS and b) K-Fe-FTS [77]. ..................................................... 30 
 
Figure 2.10: TPR profiles for Fe-FTS catalysts with a) no Cu b) 1 wt % Cu and c) 2 wt% Cu 
[79]. ............................................................................................................................................... 31 
 
Figure 2.11: Syngas conversions at different temperatures with different Cu loadings [79]. ...... 31 
 
Figure 3.1: Flow of experimental work procedures for HT WGS catalysts. ................................ 38 
 
Figure 3.2: Reactor flow diagram for HT WGS reaction. ............................................................ 43 
 
Figure 3.3: The XRD patterns of (a) the calcined fresh catalysts before HT WGS treatment      
and (b) the spent catalysts after 10 days of HT WGS treatment compared to magnetite    
reference sample from the International Centre for Diffraction Data (ICDD) database. ............. 51 
 
Figure 3.4: Scanning electron micrographs of (a) fresh (left) and used (right) 0La, (b) fresh   
(left) and used (right) 0.5La, and (c) fresh (left) and used (right) 2La catalysts. ......................... 53 

xvii 
 



 
  

 
Figure 3.5: (a) XRD pattern for the fully oxidized 0La catalyst and (b) H2O release during   
initial oxidation of the 0La catalyst and O2 consumption during the temperature-programmed 
oxidation following TPR. .............................................................................................................. 55 
 
Figure 3.6: H2-TPR profiles of the HT WGS catalysts: 10 mol% H2/Ar, temperature ramp       
rate = 10°C/min, total flow = 50 sccm. ......................................................................................... 57 
 
Figure 3.7: Rates of CO consumption as they vary with CO molar flow rate and reaction 
temperature for (a) 0La catalyst and (b) 0.5La catalyst. The rate at the lowest flow rate at    
400°C and 425°C are not shown because the CO conversion under these conditions is far       
from differential conditions (XCO > 20%). .................................................................................... 59 
 
Figure 3.8: Initial rates of CO consumption as a function of lanthana loadings and four     
reaction temperatures with 5% error bars. 0.5La catalyst is the most active catalyst. .................. 60 
 
Figure 3.9: Parity plots for the WGS kinetic models for (a) 0La, (b) 0.5La, and (c) 5La    
catalysts at 400°C. ......................................................................................................................... 63 
 
Figure 3.10: 95% joint confidence regions for the adsorption equilibrium constants of CO       
and  H2O for (a) 0La, (b) 0.5La, and (c) 5La catalysts. The dot indicates the optimum set of 
parameters while the shaded region indicates the feasible space of the parameters. .................... 67 
 
Figure 3.11: Eley-Rideal model fit for 0La catalyst with either H2O adsorbing and CO non-
adsorbing or CO adsorbing and H2O non-adsorbing. ................................................................... 69 
 
Figure 4.1: Flow diagram of the experimental procedure for the extent of reduction study of    
HT WGS iron-based catalysts. ...................................................................................................... 72 
 
Figure 4.2: An illustration of Varian Cary 4000 UV-vis spectrophotometer given by Varian 
Corporation [116]. ......................................................................................................................... 74 
 
Figure 4.3: Harrick Praying Mantis Cell [117]. ............................................................................ 75 
 
Figure 4.4: First temperature-programmed reduction profiles of all the catalysts (TPR 1, 10 
mol% H2/Ar, total flow = 50 sccm, ramp rate = 10 °C/min).  0.5La catalyst starts reducing at   
the lowest temperature. ................................................................................................................. 78 
 
Figure 4.5: Second temperature-programmed reduction profiles of most of the catalysts        
(TPR 2, 10 mol% H2/Ar, total flow = 50 sccm, ramp rate = 10 °C/min).  0.5La catalyst has      
the highest hydrogen consumption. .............................................................................................. 80 
 
Figure 4.6: XRD patterns of catalysts after temperature-programmed reduction treatments    
(TPR 1and TPR 2).  Metallic Fe is the major form of iron in samples after TPR 1.  The peaks   
for metallic Fe are less intense for samples after TPR 2. .............................................................. 83 

xviii 
 



 
  

 
Figure 4.7: XRD pattern of 0La catalyst after the final temperature-programmed oxidation.     
The catalyst is oxidized with Fe2O3 as the major bulk phase of iron. ......................................... 84 
 
Figure 4.8: Kinetic spectra (absorbance vs. time) for the 0La,  0.5La, and 1La catalysts       
during TPR 1 and TPR 2.  The absorbance signal increases simultaneously with the increase      
of the hydrogen consumption signal from the mass spectrometer. ............................................... 85 
 
Figure 4.9: Kinetic spectra (absorbance vs. time) for the 0La catalyst during TPR 1, TPO 1,    
and TPR 2 combined on the same coordinates. ............................................................................ 87 
 
Figure 4.10: Absorbance scans of a fully oxidized 1La sample obtained at 22°C and 450°C.  
Higher temperatures cause the absorbance signal to increase. ..................................................... 87 
 
Figure 4.11: Kinetic spectra (absorbance vs. time) for the 2La and 5La catalysts during          
TPR 1. Absorbance signals drop down after the catalysts start reducing. .................................... 88 
 
Figure 4.12: Kubelka-Munk scans for the: (a) 0.5La catalyst post TPR 1, (b) 0La catalyst        
post TPR 1, (c) 1La catalyst post TPR 1, (d) 0.5La catalyst post TPR 2, (e) 1La catalyst post  
TPR 2, (f) 0La catalyst post TPR 2, (g) 0La catalyst post TPO 1, (h) 0.5 La catalyst post        
TPO 1, and (i) 1La catalyst post TPO 1. The K-M values are higher for the more reduced 
samples and nearly zero for the fully oxidized samples. .............................................................. 90 
 
Figure 4.13: K-M scans for the 0La catalyst post TPR 1, TPO 1, and TPR 2.  The values of      
the Kubelka-Munk function (F(R)) are higher for the more reduced samples and zero for the 
fully oxidized sample at 12,500 cm-1. ........................................................................................... 91 
 
Figure 4.14: Calibration curve of surface Fe oxidation state as a function of Kubelka-Munk 
values with 10% error bars at 12,500 cm-1 and using TPR 1 and TPR 2 K-M values for the    
0La, 0.5La, and 1La catalysts. ...................................................................................................... 92 
 
Figure 4.15: In-situ Kubelka-Munk spectra for the 1La catalyst under WGS reaction.  The 
Kubelka-Munk values are higher than the values obtained during TPR experiments [123]. ....... 93 
 
Figure 4.16: Ex-situ analysis after 240 h of WGS reaction.  The spectra shown are       
normalized absorbance for (a) used 0La catalyst and (b) used 1La catalyst. ............................... 94 
 
Figure 4.17: SEM images of calcined fresh 0La catalyst (top left), used 0La catalyst after     
WGS treatment (top right), and used 0La catalyst after TPR 1 treatment (bottom).  The      
images show a change in particle size distribution after the catalyst was treated under HT     
WGS reaction conditions but not a significant change with TPR treatment. ............................... 95 
 
Figure 4.18: The ratio of surface Fe oxidation states in 1La to the oxidation state in 0La as a 
function of the ratio of the normalized absorbance.  The figure shows the 95% upper and     
lower bounds of the regression. .................................................................................................... 97 

xix 
 



 
  

 
Figure 4.19: XANES region of the XAS spectra for (i) metal Fe foil; (ii) ferrous oxide, FeO;     
(iii) magnetite, Fe3O4; (iv) hematite, Fe2O3; (v) 0La sample after WGS reaction; (vi) 1La 
sample after WGS reaction.  The pre-edge energies for both samples are close to the energy       
of magnetite. ................................................................................................................................. 98 
 
Figure 4.20: Interpolation of Fe oxidation state in 0La and 1La samples as a combination of   
Fe3+ and Fe2+, which is predicted to be around +2.57. ................................................................. 99 
 
Figure 5.1: 2-D contour plots of effectiveness factor, 𝛥𝛥𝑇𝑇𝛥𝛥𝛥𝛥𝛥𝛥𝛥𝛥 and 𝛥𝛥𝑇𝑇𝛥𝛥 as functions of     
pressure and temperature at: A- 𝑑𝑑𝛥𝛥 = 250 𝜇𝜇m and 𝑦𝑦𝑦𝑦𝑦𝑦 = 0.3, B- 𝑑𝑑𝛥𝛥= 600 𝜇𝜇m and                  
𝑦𝑦𝑦𝑦𝑦𝑦 = 0.3, C- 𝑑𝑑𝛥𝛥 = 1500 𝜇𝜇m and 𝑦𝑦𝑦𝑦𝑦𝑦 = 0.3, D- 𝑑𝑑𝛥𝛥 = 250 𝜇𝜇m and 𝑦𝑦𝑦𝑦𝑦𝑦 = 0.36, E- 𝑑𝑑𝛥𝛥 =          
250 𝜇𝜇m and 𝑦𝑦𝑦𝑦𝑦𝑦 = 0.3 with  activity contour plots. ................................................................... 122 
 
Figure 5.2: A- 2-D contour plot of effectiveness factor, 𝛥𝛥𝑇𝑇𝛥𝛥𝛥𝛥𝛥𝛥𝛥𝛥,, and 𝑅𝑅 as functions of      
particle size and feed CO composition at 𝑇𝑇=250°C and 𝑃𝑃=20 bar.  B- 2-D contour plot of 
effectiveness factor, 𝛥𝛥𝑇𝑇𝛥𝛥𝛥𝛥𝛥𝛥𝛥𝛥, and 𝑅𝑅 as functions of particle size and feed CO composition         
at 𝑇𝑇 = 260°𝑦𝑦 and 𝑃𝑃 = 20 𝑏𝑏𝑏𝑏𝑟𝑟. C- 3-D contour plot of effectiveness factor vs. particle size     
and feed CO composition at 𝑇𝑇 = 250°𝑦𝑦 and 𝑃𝑃 = 20 𝑏𝑏𝑏𝑏𝑟𝑟. The red asterisks in contours A       
and B represent the experimental datum acquired from the fixed-bed reactor at the indicated 
reaction conditions and on an average particle size of 425𝜇𝜇m. .................................................. 124 
 
Figure 5.3: Effect of average carbon number of FT products on the predicted effectiveness   
factor at 250°C, 20 bar, and equimolar H2:CO. .......................................................................... 125 
 
Figure 5.4: 2-D contour plot of observed rate and CO conversion as functions of reaction 
pressure and temperature and equimolar H2:CO molar ratio and 250 microns. The red     
asterisks in contours represent the experimental (measured) rates acquired from the fixed-       
bed reactor at 250°C and 260°C. ................................................................................................. 127 
 
Figure 5.5: A- 2-D contour plot of effectiveness factor, 𝛥𝛥𝑃𝑃, and 𝛥𝛥𝑇𝑇𝛥𝛥𝛥𝛥𝛥𝛥𝛥𝛥 as functions of    
particle size and feed volumetric flow rate at 𝑃𝑃 = 20 𝑏𝑏𝑏𝑏𝑟𝑟, 𝑇𝑇 = 250°𝑦𝑦, 𝑦𝑦𝑦𝑦𝑦𝑦 = 0.5. B- 3-D 
contour plot of 𝛥𝛥𝑃𝑃 as a function of particle size and feel volumetric flow rate at                       
𝑃𝑃 = 20 𝑏𝑏𝑏𝑏𝑟𝑟, 𝑇𝑇 = 250°𝑦𝑦, 𝑦𝑦𝑦𝑦𝑦𝑦 = 0.5. ........................................................................................ 131 
 
Figure 6.1: Flow of experimental work procedures for FTS catalysts. ...................................... 133 
 
Figure 6.2: Fixed-bed reactor system for FTS experiments. ...................................................... 140 
 
Figure 6.3: The XRD patterns of the carbided FT catalysts. The peaks of each         
corresponding iron phase are identified using the International Centre for Diffraction Data 
(ICDD) database. ....................................................................................................................... .145 
 

xx 
 



 
  

Figure 6.4: Scanning electron micrographs of fresh calcined 0La FT (top left), fresh calcined 
0.5La FT (top right), fresh calcined 2La FT (bottom left), and fresh calcined 2La/2K FT   
(bottom right). ............................................................................................................................. 146 
Figure 6.5: Scanning electron micrographs of carbided 0La FT (top left), carbided 0.5La FT   
(top right), carbided 2La FT (bottom left), and carbided 2La/2K FT (bottom right). ................ 147 
 
Figure 6.6: X-ray maps for carbided 0La FT that show elemental distribution of (a) Fe, (b)      
Cu, (c) K, (d) Si, and (e) O. ........................................................................................................ 149 
 
Figure 6.7: X-ray maps for carbided 0.5La FT that show elemental distribution of (a) Fe, (b)   
Cu, (c) K, (d) La, (e) Si, and (f) O. ............................................................................................. 150 
 
Figure 6.8: X-ray maps for carbided 2La FT that show elemental distribution of (a) Fe, (b)      
Cu, (c) K, (d) La, (e) Si, and (f) O. ............................................................................................. 151 
 
Figure 6.9: X-ray maps for  carbided 2La/2K FT that show elemental distribution of (a) Fe,      
(b) Cu, (c) K, (d) La, (e) Si, and (f) O. ........................................................................................ 153 
 
Figure 6.10: Activation of FT catalysts at 250°C. ...................................................................... 156 
 
Figure 6.11: WGS activity of FT catalysts at 400°C and 1 atm on the Fe3O4 active phase. ...... 159 
 
Figure A.1: GC calibration curve for CO.  Figure A.2: GC calibration curve for H2. ............. 188 
 
Figure A.3: GC calibration for CO2.   Figure A.4: GC calibration for CH4. ............................ 189 
 
Figure A.5: GC calibration for Ar. .............................................................................................. 189 
 
Figure A.6: GC calibration curve for WGS experiments. .......................................................... 190 
 
Figure D.1: Energy-dispersive spectra for: (a) 0La post TPR 1, (b) 0.5La post TPR 1, (c)         
1La post TPR 1, (d) 2La post TPR 1, (e) 5La post TPR 1, (f) 2La calcined, and (g) 5La   
calcined. ...................................................................................................................................... 214 
 

 

 

xxi 
 



 
  

NOMENCLATURE 

𝑏𝑏 Catalyst activity 
𝐴𝐴 Arrhenius constant 
𝐴𝐴𝑑𝑑 Arrhenius constant of deactivation  
𝐴𝐴𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 Cross sectional area of the reactor 
𝐴𝐴𝐴𝐴𝑃𝑃 Aspect ratio for sphericity calculations  
𝑐𝑐𝑝𝑝 Specific heat capacity 
𝑦𝑦𝑖𝑖 Concentration of species 𝛥𝛥 
𝒅𝒅𝒄𝒄 Crystallite size  
𝑑𝑑𝑝𝑝 Particle diameter 
𝑑𝑑𝑝𝑝𝑝𝑝𝑟𝑟𝑟𝑟 Pore diameter 
𝐷𝐷𝐴𝐴𝐴𝐴 Bulk diffusivity  
𝐷𝐷𝑟𝑟 Effective diffusivity 
𝐷𝐷𝐾𝐾 Knudsen diffusivity 
𝐸𝐸𝑟𝑟 Activation energy 
𝐸𝐸𝑑𝑑 Activation energy of deactivation 
𝛥𝛥 Friction factor 
𝐹𝐹(𝑅𝑅) Kubelka-Munk function 
𝐹𝐹 F-statistic 
𝐹𝐹0𝑖𝑖 Feed molar flow rate of species 𝛥𝛥 
𝑔𝑔 Gravitational constant 
ℎ Convective heat transfer constant 
𝑗𝑗𝐻𝐻 Chilton-Colburn factor 
𝑘𝑘 Rate constant 
𝑘𝑘𝑑𝑑 Deactivation rate constant 
𝐾𝐾 Water-gas shift equilibrium constant/absorbance term in Kubelka-Munk function 
𝐾𝐾𝑖𝑖 Adsorption equilibrium constant of species 𝛥𝛥 
𝐿𝐿𝑝𝑝 Characteristic particle length 
𝐿𝐿𝑏𝑏𝑟𝑟𝑑𝑑 Catalyst bed length 
𝛥𝛥 Power on CO concentration  
𝑀𝑀𝐴𝐴 Molecular weight of solute 
𝑀𝑀𝐴𝐴 Molecular weight of solvent 
𝑀𝑀𝑤𝑤 Weisz-Wheeler modulus  
𝑛𝑛 Overall order of reaction/power on H2O concentration 
𝑛𝑛𝑟𝑟 Number of data points 
𝑁𝑁𝑅𝑅𝐴𝐴𝐴𝐴 Squared sum of the normalized residuals 
𝑁𝑁𝑇𝑇𝐴𝐴𝐴𝐴 Total sum of squared errors 
𝛥𝛥 Power on CO2 concentration 
𝛥𝛥𝑟𝑟 Number of fitting parameters 
𝑃𝑃 Reaction pressure 
𝑃𝑃𝑖𝑖 Partial pressure of species 𝛥𝛥 
𝑃𝑃𝐴𝐴𝑖𝑖 GC peak area for species 𝛥𝛥 
𝑃𝑃𝑟𝑟 Prandtl number 
𝑞𝑞 Power on H2 concentration 
𝑞𝑞𝑟𝑟 Number of linear regressors 
𝑟𝑟2 Coefficient of determination 
𝑟𝑟𝑑𝑑 Deactivation rate 
−𝑟𝑟𝐶𝐶𝐶𝐶 Rate of CO depletion 
𝑅𝑅𝑔𝑔 Universal gas constant 
𝑅𝑅𝑝𝑝          Particle radius 
𝑅𝑅𝑊𝑊𝑊𝑊𝑊𝑊 Ratio of the feed molar flow rates of CO and H2 to the feed molar flow rate of H2O 

xxii 
 



 
  

𝑅𝑅𝐹𝐹𝑖𝑖 GC response factor for species 𝛥𝛥 
𝑅𝑅𝑅𝑅 Reynolds number 
𝐴𝐴 Scattering term in Kubelka-Munk function 
𝐴𝐴𝑖𝑖 Selectivity to species 𝛥𝛥 
𝐴𝐴(𝜽𝜽) Sum of squared errors for a vector 𝜽𝜽 
𝐴𝐴(𝜽𝜽�) Sum of squared errors for a vector of optimal values 𝜽𝜽� 
𝐴𝐴𝐴𝐴  Surface area of catalyst 
𝑡𝑡 Reaction time 
𝑇𝑇 Temperature 
TOS Time on stream 
𝑢𝑢 Velocity 
𝑉𝑉�  Specific molar volume 
�̇�𝑉𝑖𝑖 Feed volumetric flow rate of species 𝛥𝛥 
𝑉𝑉𝑝𝑝𝑝𝑝𝑟𝑟𝑟𝑟 Pore volume 
𝑊𝑊𝑟𝑟𝑟𝑟𝑐𝑐 Mass of catalyst 
𝑋𝑋𝐶𝐶𝐶𝐶 CO conversion 
𝑥𝑥𝑖𝑖 Kubelka-Munk number for catalyst  𝛥𝛥 
𝑦𝑦𝑖𝑖 Oxidation state of iron for catalyst 𝛥𝛥 
 
Greek Letters 
𝛽𝛽𝑟𝑟𝑒𝑒 Fractional approach to equilibrium for the water-gas shift reaction 
𝛽𝛽𝑐𝑐ℎ Ratio of particle temperature gradient to the surface temperature 
𝛽𝛽𝑟𝑟 Full width at half maximum of XRD diffraction lines 
𝛿𝛿𝑊𝑊𝑊𝑊 Pressure drop per unit length for gas flowing in a packed bed 
𝛥𝛥𝐻𝐻𝑟𝑟 Heat of reaction 
𝛥𝛥𝑃𝑃 Pressure drop 
𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 Film temperature gradient 
𝛥𝛥𝑇𝑇𝑝𝑝 Particle temperature gradient 
𝜀𝜀𝑏𝑏 Bulk porosity 
𝜀𝜀𝑓𝑓,𝑑𝑑𝑑𝑑𝑑𝑑 Dynamic liquid void fraction 
𝜀𝜀𝑓𝑓,𝑠𝑠𝑐𝑐𝑟𝑟𝑐𝑐 Static liquid void fraction 
𝜀𝜀𝑝𝑝           Particle porosity 
𝜀𝜀𝑤𝑤 Void fraction adjusted for static liquid holdup 
𝜃𝜃 Half of the XRD diffraction angle 
𝜆𝜆𝑟𝑟 Wavelength of XRD radiation 
𝜆𝜆𝑟𝑟 Effective thermal conductivity 
𝜌𝜌𝑏𝑏 Bulk density 
𝜎𝜎𝑖𝑖 Hard-sphere diameter of species 𝛥𝛥 
𝜙𝜙 Thiele modulus 
𝜂𝜂 Effectiveness factor 
𝜌𝜌𝑏𝑏 Bulk density 
𝜌𝜌𝑝𝑝 Particle density 
𝜇𝜇 Viscosity  
𝜏𝜏 Tortuosity 
  
Subscripts 
g Gas property 
l Liquid property 
s Surface property 

xxiii 
 



 
  

 
 

CHAPTER 1. INTRODUCTION  
 
 
 
 This chapter provides an introduction to the motivation for the work presented in this 

dissertation, and background information about the three major areas studied in this work which 

are: (1) the water-gas shift reaction, (2) Fischer-Tropsch synthesis, and (3) operando UV-visible 

spectroscopy. 

 

1.1 Background 

Most of the energy supply in the U.S. comes from petroleum, natural gas, and coal. The 

dwindling petroleum sources and continuous long-term demand for energy require investing 

research efforts in exploring, developing, and optimizing other chemical processes for the 

production of liquid fuel sources that satisfy this energy demand. With the advancement of 

upstream technology and engineering drilling tools, natural gas can be extracted from deep 

reservoirs with the aid of hydraulic fracturing, making it a cheap, abundant, and feasible energy 

source. The cheaper natural gas and coal sources have  not only lowered the operating price of 

current well-developed chemical processes that use them as feedstock, but also increased the 

interest in exploring processes which convert them to liquid fuels that have higher energy value 

by volume. Such processes are known as natural gas to liquids (GTL) or coal to liquids (CTL). 

Royal Dutch Shell plc. and Sasol Ltf. have commercialized these technologies for production of 

fuels. The Fischer-Tropsch synthesis (FTS) serves as a critical reaction step in both processes as 

it produces liquid hydrocarbons from syngas, which is a mixture of carbon monoxide (CO) and 
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hydrogen (H2).  The water-gas shift (WGS) reaction, on the other hand, not only controls the 

H2:CO ratio in FTS catalyzed over iron-based catalysts, but is also a key step in the hydrogen 

production industry. 

1.1.1 The Water-Gas Shift Reaction  

 Hydrogen is an invaluable highly-reactive chemical with an energy density of 33 

kWh/kg. It is used in numerous industrial processes, beginning notably in the early 20th century 

when the Haber process for ammonia production was developed [1]. Hydrogen is also used in the 

following processes [2]:  

1- hydrogenation of unsaturated hydrocarbons to form saturated ones; 

2- fuel industries where it is used to fuel proton exchange membrane fuel cells (PEMFC) as 

part of the low-carbon environmentally benign energy sources; 

3- metallurgical industries to capture oxygen and reduce metals, such as iron ore; 

4- petroleum industries during the hydrotreatment processes to remove sulfur from the crude 

oil products;  

5- semiconductor industry to passivate surface layers of pure silicon; and 

6- electrical generators, where it acts as a coolant. 

Hydrogen can be produced as a component of synthesis gas via: (1) steam methane reforming 

(SMR) or any other autothermal reforming process of an abundant carbon or hydrocarbon 

source, or (2) coal or biomass gasification, or (3) electrolysis. Gasification processes typically 

yield low-hydrogen syngas. Renewable energy procedures to produce hydrogen are not 

commonly used due to high cost and inefficiency. Therefore, steam methane reforming serves as 
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the primary process for industrial production of hydrogen, according to the following 

endothermic chemical reaction at 700 – 1000 °C [3]: 

 𝑦𝑦𝐻𝐻4 + 𝐻𝐻2𝑦𝑦(𝑔𝑔)  ↔  𝑦𝑦𝑦𝑦 + 3𝐻𝐻2  𝛥𝛥𝐻𝐻°298𝐾𝐾 = 206 𝑘𝑘𝑘𝑘/𝛥𝛥𝑚𝑚𝛥𝛥       (1.1) 

This reaction is followed downstream by the WGS reaction (Eq. 1.2) to decrease the CO 

composition in effluent gas stream to below 0.2%.  

 𝑦𝑦𝑦𝑦 +  𝐻𝐻2𝑦𝑦(𝑔𝑔) ↔  𝑦𝑦𝑦𝑦2 + 𝐻𝐻2             𝛥𝛥𝐻𝐻°298𝐾𝐾 = −41 𝑘𝑘𝑘𝑘/𝛥𝛥𝑚𝑚𝛥𝛥                   (1.2) 

The exothermicity and reversibility of the WGS reaction lead it to be performed in 2 steps: (1) 

high-temperature (HT) at ~400 °C and (2) low-temperature (LT) at ~220 °C, as shown in Figure 

1.1.  

 

Figure 1.1: Schematic of the high and low temperature water-gas shift reaction [1]. 

3 
 



 
  

 
The non-catalytic homogeneous HT WGS reaction operating with supercritical water (above 647 

K and 22 MPa) has a reaction rate about 107 times slower compared to the reaction in the 

presence of catalytic iron at non-supercritical conditions [4], which emphasizes the importance 

of the heterogeneous catalyst.  Industrial HT WGS catalysts usually contain iron oxide, chromia, 

and copper (Fe3O4/Cr2O3/Cu), whereas Cu-ZnO-Al2O3 catalysts are used for the LT WGS 

reaction [1, 3]. The active phase of the high-temperature shift (HTS) catalysts is magnetite, 

Fe3O4, because of its apparent ability to dissociate water molecules into atomic hydrogen and 

hydroxyl radicals [3].  

1.1.2 The Fischer-Tropsch Synthesis 

 The WGS reaction plays a critical role in Fe-catalyzed FTS as it controls the H2:CO ratio. 

The FTS produces a wide range of saturated and unsaturated hydrocarbons from syngas 

according to the following polymerization chemistries [3]:  

𝑦𝑦𝑦𝑦 +  3𝐻𝐻2 ↔  𝑦𝑦𝐻𝐻4 + 𝐻𝐻2𝑦𝑦(𝑔𝑔)      Methane formation               (1.3) 

𝑦𝑦𝑦𝑦 +  2𝐻𝐻2 →  (1/𝑛𝑛)𝑦𝑦𝑑𝑑𝐻𝐻2𝑑𝑑 + 𝐻𝐻2𝑦𝑦(𝑔𝑔)    Alkene Synthesis Reaction         (1.4) 

𝑛𝑛𝑦𝑦𝑦𝑦 + (2𝑛𝑛 + 1)𝐻𝐻2 →  𝑦𝑦𝑑𝑑𝐻𝐻2𝑑𝑑+2 + 𝑛𝑛𝐻𝐻2𝑦𝑦(𝑔𝑔) Alkane Synthesis Reaction         (1.5) 

𝑦𝑦𝑦𝑦 +  𝐻𝐻2𝑦𝑦(𝑔𝑔) ↔  𝑦𝑦𝑦𝑦2 + 𝐻𝐻2   Water-Gas Shift Reaction           (1.6) 

2𝑦𝑦𝑦𝑦 ↔  𝑦𝑦 + 𝑦𝑦𝑦𝑦2    Boudouard Reaction      (1.7) 

The products of interest from this process are liquid hydrocarbons, such as gasoline (C5 – C11) 

and diesel (C12 – C17), which serve as primary energy sources for combustion. Waxes can be 

separated and hydrocracked to form lighter hydrocarbons. The exothermicity of this reaction 
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decreases with increasing carbon number, 𝑛𝑛. The standard enthalpy of formation for methane is -

247 kJ/mol. Thermodynamic calculations based on Gibbs free energies (ΔG°) show that methane 

production is favored over heavier hydrocarbons [5]. Lower reaction temperatures, higher 

reaction pressures, and lower H2:CO ratios increase C2+ hydrocarbon selectivity, while 

decreasing selectivity to methane.  

Catalysts are required for the synthesis reaction to occur at industrially relevant rates at 

moderate reaction temperatures, pressures, and H2:CO ratios. Extreme operating conditions 

cause catalytic deactivation. Typical heterogeneous FTS processes operate at 180 – 270 °C, 15 – 

40 bar, and H2:CO ratios of 1 to 2. Current FT catalysts that are widely used are iron (Fe)– or 

cobalt (Co)-based, as they show high selectivity to hydrocarbons heavier than methane. 

Ruthenium (Ru) is ineffective due to high cost, while nickel (Ni) gives higher selectivity to 

methane. Fe-based FT catalysts simultaneously catalyze the WGS reaction, while Co-based 

catalysts do not, which leads to varying requirements for the feed syngas composition. For Fe-

based catalysts, the H2:CO ratio is usually around 1 and for Co-based catalysts the ratio is 

typically 2. The active phase of the Fe-based catalysts is believed to be iron carbide, χ – Fe5C2, 

known as the Hägg carbide [3].  

 A tremendous amount of research is being invested in studying and modeling FTS 

reactors due to the large amounts of heat and wide range of hydrocarbons generated from the 

reaction. The three well-known types of industrial FT reactors are fixed-bed, slurry bubble-

column, and fluidized-bed reactors. While each reactor type has its own advantages and 

disadvantages, fixed-bed reactors are simple to build and operate and the catalyst particles have 

lower attrition due to the stationary bed of catalyst [6]. The drawback of a fixed-bed reactor is 
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that the heat generated within the stationary catalyst particles and their pores filled with the 

distribution of hydrocarbons formed by the FTS reaction generally lead to transport limitation 

concerns [7 – 8]. Slurry-bubble column and fluidized-bed reactors provide better heat 

distribution and removal, but are more expensive to build, introduce complexity in separating the 

wax from the catalyst, and potentially cause catalyst particle attrition and physical damage [6].      

1.1.3 Ultraviolet-Visible Spectroscopy 

 Characterization techniques are essential for understanding the chemical and physical 

properties of catalysts that affect their performance. Operando spectroscopic techniques for 

surface analysis are critical characterization methods in the field of heterogeneous catalysis, due 

to their sensitivity to changes in the surface chemistry of catalysts under operating conditions [9 

– 10]. Ultraviolet-visible (UV-vis) diffuse reflectance spectroscopy is one technique that can be 

used to determine the extent of reduction of catalyst samples by exposing them to a broad 

spectrum of UV and visible wavelengths. The physical theory behind this phenomenon is that 

different oxidation states of the same metal have different Fermi (energy) band gaps and thus 

absorb light of different quantized energies [11 – 13]. X-ray absorption near edge structure 

(XANES) is a powerful and sensitive absorption spectroscopic technique from which extent of 

metal reduction of the bulk can be quantified by exposing the sample to highly energetic X-ray 

photons that are absorbed by core electrons, causing photoelectrons to be emitted at 

characteristic energies. The multiple scattering of the excited electrons specify the spatial 

configuration of the atoms using extended X-ray absorption fine structure (EXAFS) analysis. 

Any changes in the distribution of charge around an atom of a given element produce shifts to 

the absorption edge regions caused by variations in the binding energies of the electrons [14 – 

15].  
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1.2 Objective 

The water-gas shift is a critical reaction step in steam reforming processes for hydrogen 

production, while Fischer-Tropsch technology is growing as a method for the production of 

liquid fuels. Both reactions can be catalyzed by similar iron-based catalysts. Enhancement of 

catalytic performance for such reactions is important to optimize the following metrics: (1) 

activity (conversion rate of reactants to products), (2) selectivity (yield of the desired products), 

and (3) stability (catalyst life). The main goal of this research work is to study the structural and 

functional roles of lanthana in iron catalysts for promoting the HT WGS and FTS reactions. 

Furthermore, operando UV-visible spectroscopy was employed as a cheaper, more feasible, and 

more convenient tool than XANES for studying surface chemistries of catalysts. The following 

approach was followed to accomplish this goal:  

1. Prepare industrially relevant HT WGS (5 samples) and FTS (4 samples) iron catalysts 

modified with varying amounts of lanthana addition.  

2. Characterize the fresh and spent catalysts using different techniques to compare the 

physical and chemical properties of the different catalysts. 

3. Acquire activity and kinetic data under differential conditions and perform microscale 

kinetic modeling by fitting the data to rate models derived from proposed elementary step 

mechanisms. 

4. Characterize the catalysts using operando UV-visible spectroscopy with concurrent mass 

spectroscopy to quantify extent of reduction of the HT WGS catalysts while operating 

under reaction conditions. 
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5. Study and understand the kinetics and activity of the WGS reaction on FTS iron catalysts, 

separately from FTS.  

6. Develop an optimized simulation model that predicts internal and external heat transfer 

rates and pore diffusion limitations within FTS iron catalyst particles for different 

operating (temperature, pressure, H2:CO ratio) and catalyst design (agglomerate particle 

size) conditions.  

  

1.3 Chemical and Physical Properties of Lanthana 

 Lanthanum oxide or lanthana (La2O3) is considered in this work as a promoter for the HT 

shift and FTS Fe-based catalysts based on the following chemical and physical properties that it 

possesses [11]: 

i. Thermal stability 

Lanthana is recognized as a good thermal stabilizer for catalysts because it can withstand 

high temperatures, therefore potentially decreasing sintering that would otherwise decrease 

catalytic surface area. The melting point of lanthana is 2315 °C. 

ii. Large, stable, and highly charged trivalent La3+. 

The ionic radius of La3+ is 103.2 nm, compared to 64.5 nm for high-spin Fe3+ [11], and has a 

coordination number of 7. The large size of the lanthanide ion and high coordination number, 

along with the same ionic charge as Fe3+, allow it to integrate more easily in the lattice 

structure and provide more sites for the reactants to adsorb on the catalyst surface. 
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iii. Two oxidation states: +2 and +3. 

Lanthanum also exhibits multiple oxidation states, including +2 and +3, which means that it 

has the ability to be oxidized or reduced during a catalytic cycle.   

iv. Minimized ligand-ligand repulsions.  

Compared to other commonly used rare earth oxides, such as Ce4+, La3+ is a bigger cation 

with a lower oxidation state that creates weaker field strengths, thus minimizing ligand-

ligand repulsions because ligands are not attracted too close to the metal on the catalyst 

surface.   

v. Soft lewis acid.  

Polarizability is another characteristic which makes La3+ a promising candidate as a 

promoter. La3+ is considered to be the softest Lewis acid among all lanthanide cations. Since 

CO is a soft Lewis base and Fe3+ is a hard Lewis acid, there might exist a more favorable 

soft-soft interaction between CO and the La. Therefore, in terms of catalysis, lanthana might 

facilitate the adsorption of CO. 

1.4 Organization of Dissertation 

This dissertation contains a thorough study of three closely-related projects: (1) HT WGS 

reaction, (2) extent of reduction using operando UV-visible spectroscopy, and (3) FTS. It is 

divided into 7 chapters, including this introductory chapter. Chapter 1 provides background 

information about the chemistries of the WGS and FTS reactions and typical catalysts and 

reactors used for such processes in industry. Chapter 2 includes a comprehensive literature 

review on catalyst preparation, promoters, characterization, mechanisms, mesoscale catalyst 
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design modeling, and operando studies performed on catalysts using UV-visible spectroscopy. 

Chapter 3 describes the findings on the HT WGS reaction, where the results and discussion of 

kinetic experiments accompanied with statistical analysis, performance (activity and stability), 

and characterization of the catalysts with varying contents of lanthana are reported. Chapter 4 

presents and discusses the calibration data obtained for extent of reduction of HT WGS iron 

catalysts using UV-visible spectroscopy and describes the feasibility and convenience of using 

this technique over XANES for analysis of surface chemistry. Chapter 5 reports and discusses 

the results of the mesoscale modeling and optimization of the design of FTS iron catalysts to 

minimize pore diffusion and internal and external heat transfer limitations for transport-limited 

reactions. Chapter 6 reports and discusses the results of kinetic experiments, FTS performance 

(activity, selectivity, and stability), kinetics and activity of WGS, CO2 selectivity, and 

characterization of Fe-based FTS catalysts with varying amounts of lanthana. Chapter 7 

summarizes the findings of the research work presented in the preceding chapters and proposes 

recommendations for future work.    

The work presented in Chapters 3 and 5 have been published in peer-reviewed journals 

(International Journal of Hydrogen Energy and Chemical Engineering Journal, respectively). The 

work of Chapter 4 is currently under review by the Journal of Physical Chemistry C, which is a 

peer-reviewed journal. The study reported in Chapter 6 is also being considered for publication.   
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CHAPTER 2. LITERATURE REVIEW 

 
 This chapter presents a thorough literature review on: (1) high-temperature (HT) 

water-gas shift (WGS) reaction, (2) UV-visible spectroscopy, and (3) Fischer-Tropsch synthesis 

(FTS). 

 

2.1 High-Temperature Water-Gas Shift Reaction 

2.1.1 Catalysts, Promoters, and Preparation 

 The most widely used catalyst for the HT WGS reaction was invented in 1912 by Bosch 

and Wild. They formed Fe-based catalysts with chromia added as a structural stabilizer to 

prevent sintering and deactivation at high temperatures [16]. The catalyst is highly active at 

temperatures between 400 and 500 ºC. Industrial catalysts are typically synthesized with 

concentrations of 90-95 wt% of Fe2O3 and 5-10 wt% of Cr2O3. The catalysts operate industrially 

at temperatures between 350 – 550 °C and pressures that can be as high as 3 MPa. The use of 

high temperatures and pressures increase the reaction rate and therefore minimize the reactor size 

and cost. The drawback of running the catalysts under these extreme operating conditions is 

deactivation by either sintering or carbon deposition. The catalysts can have low-pressure 

operating lives up to 15 years [1, 17, 18].  

The structural support that chromia adds to these catalysts is depicted in Figure 2.1, which 

compares the magnetite spinel (left) with the iron-chromium spinel (right). Addition of Cr3+ 
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replaces Fe3+ in the octahedral sites and rearranges the spinel structure in a way that decreases 

the lattice parameters.  This results in the formation of tighter and more compact lattice 

structures that possess higher lattice energy [19 - 24].  

 

Figure 2.1: Spinel lattice structure of the form AB2O4 of magnetite Fe3O4 (left) and iron-chromium CrxFe(2-x)O4 (right). 
The normal spinel structure of CrxFe(2-x)O4 has tetrahedral sites occupied by Fe2+ and octahedral sites shared between 
Cr3+ and Fe3+ [24]. 

 
The effect of increased structural stability provided by chromia was studied with temperature-

programmed reduction (TPR) by Reddy et al [25]. 20 wt% addition of chromia allowed the 

catalyst to reduce at 60 °C higher than the catalyst with 2 wt% chromia, as shown in Figure 2.2. 

Furthermore, Doppler et al. [26] attributed the increase in overall surface area to increased 

chromia content due to reduced particle agglomeration. Their study was performed on three 

catalysts (Fe3O4, Fe2.75Cr0.25O4, and Fe2.5Cr0.5O4) with measured reductions in surface area of 

0.17, 0.15, and 0.05 m2/gcat/h, respectively. Although 14 wt% addition of chromia provide the 

most stability against sintering [21], 8 wt% is used industrially because this amount provides the 

optimum balance between stability and activity [1].  
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Figure 2.2: TPR profiles of Fe2O3 catalysts with varying amounts of chromia. Increased chromia content increases the 
reduction temperature [25]. 

 
The activation energy of the HT WGS reaction over Fe3O4/Cr2O3 catalysts has been 

measured experimentally as 129.4 ± 2.1 kJ/mol [27]. These catalysts are usually synthesized by 

co-precipitation of Fe2(SO4)3 and Cr2(SO4)3 using Na2CO3 (or NaOH) to yield precipitates of 

metal carbonates (or hydroxides). The sulfate ions must be carefully washed and dried to remove 

any residuals that could form H2S (upon activation), which would poison and deactivates the 

copper-based LT shift catalysts employed downstream. Therefore, metal nitrate precursors are 

typically used instead of the sulfate precursors to avoid the poisoning effect of the sulfide ions 

[1, 19]. Calcination of the resulting solids within a temperature range of 300 - 450 °C converts 
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Fe2(CO3)3 (or Fe(OH)3) to Fe2O3 (hematite) [1]. Calcination is typically preferred at lower 

temperatures due to possible sintering and loss of surface area at higher temperatures [28]. The 

calcined catalysts have to be activated before operation under HT WGS conditions. The 

activation process involves the reduction of Fe2O3 to Fe3O4. Magnetite serves as the active phase 

of the catalyst because it is believed to be responsible for the dissociation of H2O molecules [1]. 

The activation process is performed very carefully using the ratio, 𝑅𝑅𝑊𝑊𝑊𝑊𝑊𝑊, shown in Eq. 2.1 to 

avoid over-reduction to FeO or metallic Fe. Steam is added to the reactant syngas during the 

reduction process to bring this ratio close to 1 (~1.1) [7, 29, 30].  

𝑅𝑅𝑊𝑊𝑊𝑊𝑊𝑊 = 𝐹𝐹0𝐶𝐶𝐶𝐶+𝐹𝐹0𝐻𝐻2
𝐹𝐹0𝐻𝐻2𝐶𝐶+𝐹𝐹

0𝐶𝐶𝐶𝐶2
                                (2.1) 

where 𝑅𝑅𝑊𝑊𝑊𝑊𝑊𝑊 is the ratio of the feed molar flow rates of the reducing agents CO and H2 

(𝐹𝐹0𝐶𝐶𝐶𝐶,𝐹𝐹0𝐻𝐻2) to the feed molar flow rate of the oxidizing agents H2O and CO2 (𝐹𝐹0𝐻𝐻2𝐶𝐶,𝐹𝐹0𝐶𝐶𝐶𝐶2). 

The catalysts can be reoxidized after experimental runs under reaction conditions by passing air 

over the catalyst. This converts Fe3O4, (magnetite, the reduced active form of the catalyst), back 

to Fe2O3, the oxidized form [1].  

Xue et al. [31] studied the effect of H2O:CO ratio on the activity of the catalyst. A 

stoichiometric amount of steam and CO resulted in coke deposition on the blank quartz reactor at 

atmospheric pressure and temperature range 375 – 450 °C and a total feed flow rate of 50 sccm. 

Low H2O:CO feed ratios (< 1.3) result in coking and/or over-reducing the catalysts, which cause 

the production of undesired products, such as methane or carbon, via the side reactions shown in 

Table 2.1 [31 – 32]. Furthermore, Chen et al. also studied the effect of H2O:CO ratio on CO 

conversion and found out that a ratio greater than 4 had no further positive promotion on 
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hydrogen generation. When the ratio was increased from 2 to 4, the CO concentration decreased 

in the feed gas stream and thus CO conversion increased from 70% to 90% [33].    

Table 2.1: Possible Side Reactions of the WGS Reaction at Stoichiometric H2O:CO Ratios [31, 32]. 

                                                     2CO ⇌C + CO2                                                (2.2) 
                                                   CO + H2 ⇌C + H2O                                          (2.3) 
                                               CO2 + 2H2 ⇌C + 2H2O                                         (2.4) 

                                                   2CO + 2H2 ⇌CO2 + CH4                                      (2.5) 
                                                     CO2 + 4H2 ⇌CH4 + 2H2O                                      (2.6) 

                                                         C + 2H2 ⇌CH4                                                            (2.7) 
 
 

 The activity, stability, and selectivity of Fe/Cr catalysts can be enhanced by the addition 

of promoters. Cu is one critical promoter for these catalysts that has been widely studied. Studies 

showed that the promoting role of 1 – 2 wt% of Cu is embedded in its ability to: (1) stabilize the 

reduction of the catalyst with CO, which enhances the yield of H2 by minimizing CH4 formation 

[19, 29, 34, 35], (2) lower the activation energy for HT WGS reaction to 75 – 80 kJ/mol 

compared to 110 - 130 kJ/mol for the non-promoted catalyst [34], and (3) reduce to metallic Cu 

which can act as another catalytic active phase [36 – 37]. Rhodes el al. [29] also tested the 

addition of 2 wt% of B, Ba, Cu, Pb, Hg, and Ag to Fe/Cr catalysts in the temperature range 623 – 

713 K. Results showed that B poisons the catalyst and thus decreases its activity while the rest 

improve the activity as the cations incorporate into the solid solution. Hg2+ exhibited highest 

promotion, followed by Ag+, Ba2+, Cu2+, and Pb2+ in decreasing order of effect. Different studies 

showed that the addition of 0.97 wt% rhodium by incipient wetness to HT WGS Fe/Cr catalyst 

increases the rate activity of both the forward and reverse reactions, possibly due to increased 

adsorption of CO and H2, as suggested by the kinetic data fit to a power-law model [38-39]. 4 

wt% Cu was added to Fe/Cr catalysts prepared for this work to promote WGS activity because it 

is the most economically feasible choice and has significant effect on the activation energy of the 
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reaction and the reduction of the catalyst with no associated health hazards. Industrial HT WGS 

catalysts typically contain 88 wt% Fe, 8 wt% Cr and 4 wt% Cu [3].  

Ceria was also studied as a potential promoter for Fe/Cr catalysts. The results showed 

enhanced activity for the Fe2.4Cr0.3Ce0.3O4 catalyst operating in the temperature range 400 – 

500 °C and with a H2O:CO ratio of 3.5. The results were attributed to the ability of ceria to easily 

change oxidation state from Ce4+ to Ce3+ during reaction [25]. Cerium is well known for its 

capability to exhibit multiple oxidation states [11, 40], and to store and release oxygen and 

hydrogen and to form intermetallic compounds [41].  Hu et al. [42] showed that the presence of 

ceria in HT WGS iron catalysts facilitates the oxidation of the reduced surface sites by water. H2 

temperature-programmed reduction (TPR) experiments showed that the reduction of the ceria-

promoted catalyst occurs at 100 K lower temperature than the base catalyst, which means that the 

former could be reduced more readily under the same reaction conditions.  

La and Ce are both rare-earth metals and have many chemical and physical properties in 

common. However, La possesses unique chemistries compared to the other elements in its 

lanthanide family. La3+ exhibits a similar oxidation state as Fe3+ in its most stable phase, and is 

also a bigger cation and a softer lewis acid; therefore, it is expected to further minimize ligand-

ligand repulsions and facilitate the adsorption of CO.  Lanthana is also a more inexpensive 

promoter than most precious metals, such as Rh, Ag, and Hg. Therefore, testing and 

understanding its functional and textural effects on Fe/Cr/Cu catalysts is necessary.      

Other researchers are interested in exploring Cr-free Fe-based catalysts for the HT WGS 

reaction due to the carcinogenic health hazards of hexavalent chromium (Cr6+) formed in solid 

solution. In contrast, trivalent chromium (Cr3+) has much lower toxicity. Cr6+ is also water-

soluble and can be released to the environment from the catalyst through steam or water [43]. In 

16 
 



 
  

one study performed by Lee et al. [30, 44], Cr was replaced with Ni and either Zn or Co. 

Catalysts were prepared by co-precipitation and exposed to 3:1 H2O:CO ratio. Experimental 

results showed that 5 wt% Zn or Co, 20 wt% Ni, and 75 wt% Fe have the best catalytic activity 

among all the tested catalysts. BET surface areas were measured to be 64.8 and 51.5 m2/g, 

respectively. The 20 wt% Ni catalysts showed the maximum CO conversion of around 70%. In 

another study done by Martos et al. [45], Cr was replaced with molybdenum (Mo). The catalysts 

were prepared by oxi-precipitation. CO conversion was 79% with Cr and 80% with Mo. BET 

surface area increased linearly with Mo content, which increased the catalytic activity. Junior et 

al. [46] studied the replacement of Cr with vanadium (V). X-Ray photoelectron spectroscopy 

(XPS) showed that V+3 and V+4 cations were present on the surface of the catalyst. V-doped 

catalysts had an activity of 6.9 × 10-7 mol gcat-1 s-1, which was lower than the activity of a tested 

Fe/Cr catalyst. However, V increased the specific surface area of the Fe-based catalyst from 19 

m2/gcat for the chromia-doped catalyst to 25 m2/gcat for the V-doped catalysts. It also provided 

more stability because it kept the catalyst particles from touching and thus prevented sintering 

from taking place. In other studies [47 – 48], lanthana addition to Cr-free iron oxide HT WGS 

catalysts was shown to create a perovskite-like structure with a chemical formula of La0.9-

xCexFeO3, which provides the catalyst with higher activity at temperatures above 550°C, 

compared to the standard industrial Fe/Cr catalysts. In fact, the WGS activity of these catalysts 

reaches 45 mmol/(gcat·min) at 600 °C. In both of these studies [47, 48], small amounts of cerium, 

up to 0.22 atom fraction, were included with the lanthanum. Small amounts of cerium (0.2 < x < 

0.6) produced high WGS activity. Higher amounts of cerium (x > 0.6) prevented the formation of 

the perovskite structure. 
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In a review by Lee et al. [49], they concluded that (1) Al and Th can replace Cr for its 

textural role to prevent sintering; (2) Ce and Cu can replace Cr for its functional role with its 

redox properties during HT WGS reaction (assuming that the reaction follows a redox 

mechanism); and (3) rare-earth metals, such as Ce and La, can replace Cr to form a stable 

perovskite-like structure with Fe to support the catalyst against sintering.     

By comparing chromia to the more expensive dopants discussed above, chromia is a better 

choice because it provides higher surface area for more active and stable iron-based HTS 

catalysts with lower cost and can operate under higher reaction temperatures. With regard to the 

carcinogenic effects of Cr6+, the chromium species in fresh Fe/Cr is usually Cr3+ and therefore 

the health hazards accompanied with Cr6+ are not a major concern [1, 3]. Therefore, chromia was 

added to the WGS catalysts studied in this work.   

 

2.1.2 Water-Gas Shift Kinetics and Mechanisms 

Many studies on HT WGS reaction kinetics have been conducted over the last 40 years 

during which over 20 mechanisms and kinetic models have been proposed, a few of which are 

most accepted [1, 3, 39, 50, 51, 52].  Power-law, Langmuir-Hinshelwood (LH), and regenerative 

(redox) models generally fit best and represent the steady-state (non-transient) kinetics of the HT 

WGS reaction [50 – 51]. Details on step-by-step derivation of these models from the 

corresponding mechanism can be found in Appendix C. In brief, the LH model follows an 

adsorptive mechanism, in which the reactants adsorb on the catalyst surface to react to products 

that then desorb, as shown in Equations 2.8 – 2.12, where 𝑠𝑠 represents a vacant adsorbing site. 

(The dissociation of water and reaction of its products with adsorbed CO likely proceed through 

more complicated steps than shown in this simplified mechanism. This is also true for the redox 
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model presented below. However, the rate expressions from these more complicated mechanistic 

steps retain similar forms to the ones presented.)  

𝐻𝐻2𝑦𝑦 +  𝑠𝑠 ⇌  𝐻𝐻2𝑦𝑦 − 𝑠𝑠                                 (2.8) 

𝑦𝑦𝑦𝑦 +  𝑠𝑠 ⇌  𝑦𝑦𝑦𝑦 − 𝑠𝑠                           (2.9) 

𝑦𝑦𝑦𝑦 − 𝑠𝑠 +  𝐻𝐻2𝑦𝑦 − 𝑠𝑠 ⇌  𝑦𝑦𝑦𝑦2 − 𝑠𝑠 +  𝐻𝐻2 − 𝑠𝑠                 (2.10) 

𝑦𝑦𝑦𝑦2 − 𝑠𝑠 ⇌  𝑦𝑦𝑦𝑦2  +  𝑠𝑠                              (2.11) 

𝐻𝐻2 − 𝑠𝑠 ⇌  𝐻𝐻2  +  𝑠𝑠                                           (2.12) 

The general expression for the LH model is depicted in Equation 2.13: 

−𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑘𝑘𝐾𝐾𝐶𝐶𝐶𝐶𝐾𝐾𝐻𝐻2𝐶𝐶([𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]−[𝐶𝐶𝐶𝐶2][𝐻𝐻2]/𝐾𝐾)
(1+𝐾𝐾𝐶𝐶𝐶𝐶[𝐶𝐶𝐶𝐶]+𝐾𝐾𝐻𝐻2𝐶𝐶[𝐻𝐻2𝐶𝐶]+𝐾𝐾𝐶𝐶𝐶𝐶2[𝐶𝐶𝐶𝐶2]+𝐾𝐾𝐻𝐻2[𝐻𝐻2])2

                                           (2.13) 

where −𝑟𝑟𝐶𝐶𝐶𝐶 is the reaction rate of CO consumption, 𝑘𝑘 is the rate constant, 𝐾𝐾𝑖𝑖 is the adsorption 

equilibrium constant for species 𝛥𝛥, 𝐾𝐾 is the WGS reaction equilibrium constant, and [𝛥𝛥] is the 

concentration of species 𝛥𝛥. The proposed LH model assumes non-dissociative adsorption of water 

(in Equation 2.8); therefore, water dissociation occurs as part of the rate-determining step 

(Equation 2.10).  In contrast, only one reactant adsorbs on the surface and the denominator is 

raised to the first power in the Eley-Rideal (ER) model, as shown in Equation 2.14: 

    −𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑘𝑘𝐾𝐾𝑖𝑖([𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]−[𝐶𝐶𝐶𝐶2][𝐻𝐻2]/𝐾𝐾)
1+𝐾𝐾𝑖𝑖[𝑖𝑖]

                                                                  (2.14) 

The regenerative model follows an oxidation-reduction mechanism, hence the name 

redox, in which H2O oxidizes a reduced center on the catalyst surface to form H2, and then CO 

reduces the oxidized center to form CO2, completing the catalytic cycle.  The mechanism can be 

written in two steps, where * and O*, respectively, represent a reduced and an oxidized active 

site on the surface of the catalyst, as follows: 

𝐻𝐻2𝑦𝑦 + ∗ ⇌  𝐻𝐻2 + 𝑦𝑦 ∗                         (2.15) 
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𝑦𝑦𝑦𝑦 +  𝑦𝑦 ∗ ⇌  𝑦𝑦𝑦𝑦2  + ∗                              (2.16) 

The rate expression for this model is shown in Equation (2.17), 

  −𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑘𝑘1𝑘𝑘2([𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]−[𝐶𝐶𝐶𝐶2][𝐻𝐻2]/𝐾𝐾)
𝑘𝑘1[𝐶𝐶𝐶𝐶]+𝑘𝑘2[𝐻𝐻2𝐶𝐶]+𝑘𝑘−1[𝐶𝐶𝐶𝐶2]+𝑘𝑘−2[𝐻𝐻2]                                                          (2.17) 

where 𝑘𝑘1 is the rate constant for the oxidation of CO to CO2, 𝑘𝑘2 is the rate constant for the 

reduction of H2O to H2, 𝑘𝑘−1 is the rate constant for the reduction of CO2 to CO, and 𝑘𝑘−2 is the 

rate constant for the oxidation of H2 to H2O. 

The total concentration of surface sites in the LH, ER, and redox models is assumed to be 

constant and is therefore lumped into the effective rate constant.  

The power-law model is empirical and carries no direct mechanistic meaning.  The 

power-law rate expression is given by: 

 −𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑘𝑘[𝑦𝑦𝑦𝑦]𝑓𝑓[𝐻𝐻2𝑦𝑦]𝑑𝑑[𝑦𝑦𝑦𝑦2]𝑝𝑝[𝐻𝐻2]𝑒𝑒(1 − 𝛽𝛽𝑟𝑟𝑒𝑒)                                                         (2.18) 

where 𝛽𝛽𝑟𝑟𝑒𝑒 is the fractional approach to equilibrium: 

𝛽𝛽𝑟𝑟𝑒𝑒 =  1
𝐾𝐾

[𝐶𝐶𝐶𝐶2][𝐻𝐻2]
[𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]

                                                                (2.19) 

The equilibrium constant of the WGS reaction decreases with increasing reaction 

temperature and drops below 1 at temperatures above 1100 K and is around 12 at 673 K (typical 

operating temperature for the HT WGS reaction), as described by Equation 2.20 and Figure 2.3 

[53]. 
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log(𝐾𝐾) = −2.4198 + 0.0003855 𝑇𝑇/𝐾𝐾 + 2180.6
𝑇𝑇/𝐾𝐾 

                     (2.20)

 

Figure 2.3: Temperature dependence of the equilibrium constant of the WGS reaction [53]. 

 
More specific microkinetic studies have been conducted previously [50 – 55], in which 

models were derived from detailed mechanisms with elementary steps that involve the 

dissociative adsorption of H2O molecules, but study of these details were not the purpose of this 

work. The results presented in this dissertation provide parameters and comparative fits and 

mechanistic interpretations for these four models. Simple mechanisms use less number of fitting 

variables, which provide higher statistical certainty with the same number of experimental data 

points. 

2.2 Operando UV-Visible Spectroscopy 

2.2.1 UV-Visible Spectra Features and Extent of Reduction 

Part of this work discusses how UV-visible spectra, along with concurrent on-line mass 

spectrometer, can be used to determine and quantify extent of reduction of Fe-based catalysts. 

Weckhuysen and co-workers [9] studied the dehydrogenation of isobutane over supported 
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chromium oxide catalysts and were able to quantify surface reduced centers (Cr3+/Cr2+) using in 

situ UV-visible spectroscopy and relate them to the dehydrogenation activity.  Absorption bands 

over the UV region were observed due to ligand-to-metal charge transfer (LMCT) in which the 

metal cations were reduced by electron transfer from oxygen (O2-) species.  Previous work [15, 

56 – 58] also examined the edge and pre-edge absorption regions in UV-visible spectra, with the 

pre-edge region being extremely sensitive to changes in oxidation state, while the edge region is 

not.  Argyle et al. performed similar UV-visible studies [56 – 57] on vanadium-oxide catalysts 

for oxidative dehydrogenation of propane and formulated a calibration curve for extent of 

reduction as a function of Kubelka-Munk function, which will be discussed in details in Section 

2.2.2. A relationship between the pre-edge region and the number of reduced centers was 

determined by the number of oxygen molecules needed to obtain the initial UV-visible spectra 

after the catalyst has been reduced by hydrogen flow. Determining extent of reduction from near-

edge features of the XANES spectra of these same catalysts was rendered unsuccessful due to 

overlapping features of the cationic spectra.  Figure 2.4 shows the edge (~2.4 eV) and pre-edge 

(< 2.4 eV) features of UV-visible spectra that was obtained during these studies [56].   

 

Figure 2.4: Sensitivity of pre-edge and edge features of UV-visible spectra to extent of reduction of vanadium-based 
catalysts for oxidative dehydrogenation of propane using Kubelka-Munk function F(R∞) [56]. 

22 
 



 
  

Therefore, despite iron-based shift catalysts appearing dark and unchanging in color to the 

unaided eye, absorbance of light over a range of visible (380-750 nm) and UV (<380 nm) 

wavelengths are still responsive to electronic changes in oxidation states, or electronic 

occupation of d-orbitals, of surface Fe domains. Operando (defined as analysis of an operating 

catalyst under realistic reaction conditions) UV-visible spectroscopy, has the potential to provide 

new insights on surface electronic configurations at an atomic level to determine the extent of 

reduction of a fully oxidized catalyst as measured by the absorbance of light by the catalyst 

surface [9, 10, 56, 57, 59]. The physical theory behind this phenomenon is that different 

oxidation states of the same metal have different Fermi (energy) band gaps and thus absorb light 

of different quantized energies [11, 12, 60]. For clarification, Figure 2.5 shows the molecular 

orbital (MO) diagram for Fe2O3 [13]. From the perspective of solid state physics, a solid mixture 

of hematite (Fe2O3) consists of countless of these orbitals combining and overlapping to form 

bands, as shown in Figure 2.6 [61]. The band gap for some iron oxide minerals falls in the range 

2.0-2.5 eV (2.2 eV for hematite and 2.3 eV for wüstite), while that for magnetite is only 0.1 eV.  

(Metals, including Fe, have no band bap because the Fermi level lies within the conduction band 

[51 – 63]).  Sherman [64] has shown that O(2p)  Fe3+(3d) charge transfer requires 4.2 - 4.7 eV 

of energy. 
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Figure 2.5  Molecular orbital diagram for (FeO6)-9 showing the orbitals in the valence and conduction bands [13].  
Reproduced with permission of The Mineralogical Society of America. 
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Figure 2.6: Band structure for hematite showing the valence and conduction bands separated by the band gap [61].  
Reprinted with permission of the Royal Society of Chemistry. 

 

2.2.2 The Kubelka-Munk Theory: Derivation and Limitations 

Diffuse reflectance UV-visible data are frequently analyzed using a normalized 

absorbance, which is referred to as the Kubelka-Munk (K-M) function [65 – 66], 𝐹𝐹(𝑅𝑅∞), shown 

in Equation (2.21), 

 𝐹𝐹(𝑅𝑅∞) = (1−𝑅𝑅∞)2

2𝑅𝑅∞
= 𝐾𝐾

𝑊𝑊
                                          (2.21)  

where 𝑅𝑅∞ is the infinite reflectance (assuming the sample is infinitely thick) relative to a 

reference perfect reflector (powdered magnesium oxide or Teflon® are commonly used in 

practice), 𝐾𝐾 is proportional to the K-M absorbance coefficient (𝑘𝑘) and is greater than zero, and 𝐴𝐴 

is proportional to the K-M scattering coefficient (𝑠𝑠) and is greater than zero. Both coefficients 

have units of inverse length. The scattering theory to model diffuse reflectance was first 

introduced by Schuster [67] and Kubelka and Munk [68] and is analogous to Beer’s law for 

absorption. They proposed that scattering is a first order phenomenon that decreases the flux as 

the light is absorbed and scattered as it passes through the material. The K-M equation can be 
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obtained by performing a shell balance on the flux of light moving in the downward direction (𝐼𝐼) 

and in the upward direction (𝑘𝑘) through a differential distance 𝑑𝑑𝑑𝑑 (see Figure 2.7), and solving 

the resulting coupled differential equations (Equations 2.22 and 2.23) [67 – 69]: 

 

Figure 2.7 Shell balance on the flux of light moving in the upward and downward directions. The flux is dependent on 
both absorbance and scattering. 

 
                        𝑑𝑑𝑑𝑑

𝑑𝑑𝑑𝑑 
= −(𝑘𝑘 + 𝑠𝑠)𝐼𝐼 + 𝑠𝑠𝑘𝑘                                                      (2.22) 

             𝑑𝑑𝑑𝑑
𝑑𝑑𝑑𝑑 

= (𝑘𝑘 + 𝑠𝑠)𝑘𝑘 − 𝑠𝑠𝐼𝐼                                                                 (2.23) 

Equation 2.21 assumes a continuous infinite medium and does not account for changes in 

particle size.  Typical challenges with the K-M theory are: (1) morphological changes (due to 

changes in particle size distribution or variation in pressure), and (2) repeatable preparation of 

the samples. For powdery catalysts, changes in the particle size distribution can significantly 

alter the UV-visible spectra. A study by Christy et al.[65] has modified the K-M equation to 

account for the inverse relationship with particle size. Particle size distribution affects both the 

scattering and absorbance terms [70 – 71]. With regards to compositions and catalyst preparation 

procedures, Herranz et al. [72] showed that samples prepared differently can result in significant 
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differences in the UV-vis signal. Therefore, sample preparation must be repeatable and 

calibration curves for each sample must be obtained in case the constituent chemical 

compositions of the catalysts do vary.     

Qualitatively, K-M values increase with increasing absorbance, which will typically 

correspond to a higher extent of reduction [56 – 57].  The proportionality of 𝐹𝐹(𝑅𝑅∞) with the 

number of reduced centers can be quantified by measuring the amount of oxygen required to 

return the catalyst to its fully oxidized state after it has been reduced.  Demonstrating that extent 

of reduction can be evaluated using UV-visible spectroscopy that is more accessible than other 

characterization methods that require synchrotron X-ray sources will be very beneficial. For this 

study, the reference was chosen as the fully oxidized catalyst to permit sensitive detection of 

changes in the oxidation state of the catalyst relative to this fully oxidized reference. This allows 

the quantification of extent of reduction using light spectroscopy from the UV-visible 

spectrophotometer.  

 

2.3 The Fischer-Tropsch Synthesis 

2.3.1 Catalysts, Promoters, and Preparation 

Current FT catalysts that are widely studied or used in industry are generally Fe or Co-

based, as they show high selectivity to hydrocarbons heavier than methane. Ru-based catalysts 

are ineffective due to high cost and Ni-based catalysts have high selectivity to methane because 

they preferentially catalyze the methanation reaction. Co-based catalysts are typically used for 

FTS at ~220°C, while Fe-based catalysts are used for FTS at ~250 - 280°C [3]. The performance 

of both types of catalysts can be compared in terms of activity, selectivity, and stability. 
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However, from an industrial and business perspective, selectivity is most important because 

higher selectivity can provide the same yield of desired products with lower reaction rates and 

therefore less heat generation. Co-based catalysts are typically operated in the low temperature 

regime to avoid high methane selectivity and therefore tend to produce heavier hydrocarbons 

than gasoline. Fe-based catalysts have more flexibility with the temperature effect on methane 

and therefore can be operated at higher temperatures to increase the selectivity of liquid 

hydrocarbons. Table 2.2 compares the selectivity of Co-based and Fe-based catalysts and shows 

that Fe-based catalysts have better selectivity to C5 – C16 liquid hydrocarbons, despite the higher 

selectivity to methane at the 120°C higher temperature [73]. Due to this selectivity advantage, 

plus the 230 times cheaper cost of iron relative to cobalt and the WGS activity of Fe catalysts, 

researchers continue to invest significant effort to enhance Fe-based catalysts for FTS 

technology.  

Table 2.2: Comparison of product distribution from FTS for Fe-based and Co-based catalysts. Fe-based catalysts have 
higher selectivity to liquid hydrocarbons [73]. 

Product HT FT (Fe-based catalyst at 340°C) LT FT (Co-based catalyst at 220°C) 
Methane 8 5 
Ethane 3 1 

Ethylene 4 0 
Propane 2 1 

Propylene 11 2 
Butane 1 1 

Butylenes 9 2 
C5 – C16 36 19 

Distillates 16 22 
Heavy 

Oil/Was 
5 46 

Oxygenates 5 1 
Total 100 100 
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Potassium and copper are two common promoters added to Fe-based FT catalysts [3, 73 

– 86].  A study by Yang et al. [74] showed that an optimum content of K (0.7 wt%) in 

unsupported Fe/Mn catalysts provides maximum FTS rates because it increases the extent of 

carbiding (or iron carbide content) with reaction time and higher reaction temperatures and 

crystallite sizes. Higher contents of potassium (> 0.7 wt%) impose the opposite effects. 

Potassium addition also appears to enhance selectivity to olefins as potassium subdues the 

hydrogenation activity of the catalyst [74]. Raje et al. [75] also showed that a maximum FTS 

activity on unsupported 100 Fe/4.6 SiO2 catalysts occurs with an optimum potassium content of 

100 Fe/1.4 K. A study by Bukur et al. [76] depicted that promoting unsupported 100 Fe/3 Cu 

FTS catalysts with 100 Fe/0.5 K potassium increase the FTS activity and selectivity to C5+ of 

these catalysts with an increase in olefin to paraffin ratio and water-gas shift activity. In an 

experimental study conducted by Graf et al. [77], the heat of dissociative CO adsorption on the 

catalyst surface is 225 kJ/mol for a K-promoted catalyst, compared to a value of 165 kJ/mol for 

the non-promoted one, as shown in Figure 2.8. As suggested by Dry et al. [78] K2O helps 

forming stronger Fe-C bonds. Graf et al.’s results agree with this. In further agreement with these 

conclusions, temperature-programmed desorption (TPD) showed that CO desorption occurs at a 

higher temperature for the K-promoted Fe-FTS catalysts due to the stronger Fe-C bond, as 

depicted in Figure 2.9 [77]. 
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Figure 2.8: Calorimetric CO pulse adsorption at 613 K for a) Fe-FTS and b) K-Fe-FTS [77]. 

 

Figure 2.9: TPD results for a) Fe-FTS and b) K-Fe-FTS [77]. 

On the other hand, copper addition to Fe-FTS catalysts has quite different effects. In one 

study, Ma et al. [79] concluded that copper in activated-carbon-supported Fe/K-FTS catalysts 

facilitates reduction. Figure 2.10 shows that 2 wt% of Cu allowed the reduction to occur at lower 

temperatures compared to 0 and 1 wt% Cu. As shown in Figure 2.11, the FTS activity of Cu-

promoted catalysts, however, is lower than the catalyst with no Cu, possibly due to the formation 

of Fe/Cu clusters and deposition of carbon on the catalyst surface. The selectivity is not affected 

by Cu promotion. Quite different results were obtained by Zhang et al. [80], whose studies 
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revealed that that Cu promotion not only facilitates the reduction of Fe/Mn/K/SiO2 FTS catalysts, 

but also expedites catalyst activity and the rates of carbiding. However, the steady-state activity 

and hydrocarbon selectivity are not affected by Cu promotion according to this study [80].      

 

Figure 2.10: TPR profiles for Fe-FTS catalysts with a) no Cu b) 1 wt % Cu and c) 2 wt% Cu [79]. 

 
Figure 2.11: Syngas conversions at different temperatures with different Cu loadings [79]. 

 
Lohitarn et al. [81] studied the promoting effects of several transition metals (Cr, Mn, 

Mo, Ta, V, W, and Zr) on 100 Fe/5 Cu/17 Si FT catalysts that were prepared using the same 

precipitation preparation method with the transition metal (M) added at the expense of Fe to end 

up with 95 Fe/5 Cu/ 5 M/17 Si catalysts. These metals are well known for their ability to form 
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metal carbides [5]. All of these metals, except W, showed an increase in CO conversion for the 

FTS and WGS reaction, with Cr, Mn, and Zr being the best promoters. This increased activity 

was due to increased Fe dispersion on the catalyst surface, as shown by CO chemisorption 

experiments. However, hydrocarbon selectivity was not affected by the addition of any of the 

transition metal promoters [81].   

Wang et al. [82] studied the effect of lanthana addition on Zr-Co/activated carbon 

catalysts for FT synthesis. Different La loadings were tested and compared in terms of catalyst 

activity and selectivity to long-chain hydrocarbons (C5+). Experimental results showed that La 

loading of 0.2 wt% increased the catalyst activity from 86.4% to 92.3% and the selectivity to 

C5+ increased from 71.0% to 74.7%.  As the selectivity to C5+ increased, the selectivity to 

methane decreased from 14.2% to 11.5%. Higher loadings of La (0.3-1 wt %) resulted in effects 

opposite to those observed with the 0.2 wt% loading. Activity and selectivity tend to depend on 

the reducibility of the catalyst. Temperature-programmed reduction (TPR), CO-temperature-

programmed desorption (CO-TPD), and temperature programmed CO hydrogenation showed 

that the reducibility of the catalyst increased with 0.2 wt% lanthana loading, but decreased with 

lanthana content higher than 0.3 wt%. Increased reducibility decreased the yield of methane and 

thus increased the selectivity to C5+ [82].  

In summary, potassium promotion of Fe-based FTS catalysts increases (1) selectivity to 

high molecular weight hydrocarbons; (2) olefin to paraffin ratio; (3) FTS activity with optimum 

potassium content (roughly 4 parts of potassium for every 100 parts of Fe; while higher contents 

lead to lower activity); (4) WGS activity with optimum potassium content; (5) strength of Fe-C 

bonds, while C-O bonds are weakened; and (6) carbon deposition and catalyst deactivation rate. 
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Copper promotion (1) enhances the reducibility of the catalyst; (2) increases FTS and WGS 

activities (with maximum copper content of 5 parts of copper for 100 parts of Fe, as higher 

loadings do not affect the FTS and WGS activities); and (3) does not affect hydrocarbon 

selectivity. Both promoters were studied in this work. 

Fe/Cu/K/SiO2 catalysts developed at Texas A&M University (TAMU) are among the 

most active, stable, and selective unsupported Fe-based FT catalysts reported in literature [76, 83 

– 85]. They achieved catalytic activity of 73 mmol (H2 + CO)/gcat/h with 94% hydrocarbon 

selectivity to C2+ and 48.5 % selectivity to CO2 on a precipitated 100 Fe/3 Cu/4 K/16 SiO2 

catalyst operating at 320 psi and 260 °C in a stirred tank slurry reactor using H2:CO = 0.68 [84]. 

Bukur et al. [84] showed that potassium and copper promotion increases the FTS and WGS 

activities and enhances selectivity to higher molecular weight hydrocarbons. Unsupported 

Fe/Cu/K/SiO2 catalysts developed at Brigham Young University (BYU) are very competitive in 

terms of activity, selectivity, and stability to those developed by TAMU. The most active 

unsupported Fe-based catalyst synthesized at BYU is 100 Fe/5 Cu/4 K/16 SiO2 with a catalytic 

activity reaching 58 mmol (CO)/gcat/h, 91 % hydrocarbon selectivity to C2+, and 34% selectivity 

to CO2 at 260 °C and 320 psi in a fixed-bed reactor with H2:CO = 1 [86]. The value of these 

catalysts was enhanced by their simple synthesis process. The catalysts at BYU are synthesized 

using a solvent-deficient precipitation method, rather than conventional aqueous co-precipitation. 

The solvent-deficient precipitation method to make nanoparticles was developed by the BYU 

Chemistry Department and Cosmas [87 – 90] and was applied to the synthesis of unsupported 

FTS catalysts by Brunner and coworkers [86]. This method provides increased control over pore 

size and structure and better distribution of nanoparticles by mixing hydrated precursors (metal 
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nitrates) without the addition of a solvent [86, 90]. The solvent-deficient method was used to 

synthesize the catalysts studied in this work. 

 

2.3.2 Pretreatment of Iron FTS Catalysts 

Fe-based FTS catalysts have to be activated to form the iron carbide phase that is active 

for the FTS reaction. Activation parameters, i.e. temperature, pressure, and composition of the 

reducing gas, affect the catalyst activity, selectivity, and stability. Bukur et al. [85] have studied 

different activation procedures for Fe-based FT catalysts and concluded that the activation of the 

catalysts consists of two steps at 280°C with either H2, CO, or syngas (H2:CO = 0.68) as the 

reducing gas: (1) phase transformation from Fe2O3 to a mixture of Fe3O4 and/or α-Fe, which was 

completed in 15-30 minutes and (2) phase transformation from Fe3O4 or α-Fe to χ-Fe5C2 (Hägg 

carbide) with CO or syngas activation for 24 h. α-Fe phase is an intermediate phase formed when 

the catalyst is reduced in H2. They found that the catalyst that is pretreated with CO at 280 °C 

and atmospheric pressure is initially the most active and selective, but its activity decreases with 

reaction time. The activity of the catalyst that is reduced in H2 is initially lower but increases 

with time as the catalyst carbides under reaction conditions [85]. Similar phase transformations 

were observed by Li and Iglesia [91] for the reduction in syngas where Fe2O3 transforms to 

Fe3O4 then to FeCx in the temperature range of 180 – 400 °C. A different study by Xu [92] 

showed that pretreatment with CO causes the activity of silica-supported Fe/Pt/K catalyst to 

increase very slowly with time even after 200 h, while that treated with H2 reaches its highest 

activity after 2 h under reaction conditions and then starts to decrease. Pretreatment with syngas 

(H2:CO = 1) causes a moderately rapid rise in activity, which then starts to decrease after 30 h 
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under reaction conditions. All pretreatments were performed at 280 °C and atmospheric pressure 

for 16 h. By comparing all three pretreatment procedures, reduction with syngas (H2:CO = 1) 

produces the most active catalyst after 200 h onstream at 250 °C and 315 psi, but is the least 

stable [92]. Analysis of phase compositions by Bartholomew et al. [93] using Mossbauer 

spectroscopy showed that the largest fraction of Hägg carbide is formed at activation pressures 

higher than 11 atm, while no carbide phases were formed at atmospheric pressure. Increasing 

Hägg carbide content positively correlates to FTS catalyst activity [91 – 93]. Brunner [86] 

reduced his unsupported iron catalysts that have been prepared via the solvent-deficient method 

with H2 at atmospheric pressure and 300°C prior to activation with 1:1 H2:CO at 20 atm and 

250°C. Brunner’s pre-treatment procedures were followed since the catalysts studied in this work 

were prepared by the same method.  

 

2.3.3 Water-Gas Shift Kinetics during Fischer-Tropsch Synthesis 

 Part of the reason using iron based catalysts for FTS is their water-gas shift activity, 

which allows use of coal or biomass-derived, low-hydrogen syngas [3]. The drawback of the 

WGS activity is the increased conversion of CO to CO2, which decreases the overall carbon 

selectivity of catalysts to desired hydrocarbons by about 1/3. However, CO2 is a weaker 

oxidizing agent than H2O; therefore, with higher water-gas shift activity, the H2/H2O ratio is 

higher, which reduces the likelihood of oxidizing and deactivating the catalyst. One study [94] 

showed that addition of potassium reduces the oxidation of the catalyst by introducing a more 

reducing environment through the water-gas shift reaction. Oxidation of the carbide phase is 

considered as a main cause of deactivation for Fe FTS catalysts [3]. Therefore, the kinetics of the 
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WGS reaction on FTS catalysts must be understood in order to properly control the H2:CO ratio 

and to study catalytic deactivation routes. 

 Studies on WGS kinetics of FTS catalysts have been performed by few research groups 

due to the complexity of WGS reaction mechanism under typical FTS reaction conditions [95 – 

101]. Some of these studies used power-law models with simultaneous fitting for simplicity to 

describe the kinetics of FTS and WGS kinetics [95 – 99]. The complexity and coupling of the 

FTS reaction adds difficulty and uncertainty to fitting WGS kinetics and therefore, the WGS and 

FTS parameters should be determined separately [100]. Some research groups [100 – 101] have 

attempted to overcome this issue by using a continuous spinning basket reactor instead of a 

fixed-bed reactor because the reaction conditions are more uniform and do not vary axially in the 

former type of reactor. They found that the WGS reaction follows the formate mechanism, 

outlined in Table 2.3, which provided the best fit for WGS kinetics on FTS Fe/Mn catalysts 

when step 4 (Equation 2.27) was identified as the rate-determining step (rds) [100]: 

Table 2.3: Formate mechanism of the WGS reaction on iron FTS catalysts [100]. 

1                                                      𝑪𝑪𝑪𝑪 + 𝒔𝒔 ↔ 𝑪𝑪𝑪𝑪 − 𝒔𝒔                                              (2.24) 
2                                            𝑯𝑯𝟐𝟐𝑪𝑪 + 𝟐𝟐𝒔𝒔 ⇌ 𝑪𝑪𝑯𝑯 − 𝒔𝒔 + 𝑯𝑯− 𝒔𝒔                                    (2.25) 
3                                      𝑪𝑪𝑪𝑪 − 𝒔𝒔 + 𝑪𝑪𝑯𝑯 − 𝒔𝒔 ⇌ 𝑯𝑯𝑪𝑪𝑪𝑪𝑪𝑪 − 𝒔𝒔 + 𝒔𝒔                                (2.26) 
4                                             𝑯𝑯𝑪𝑪𝑪𝑪𝑪𝑪 − 𝒔𝒔 ⇌ 𝑪𝑪𝑪𝑪𝟐𝟐 + 𝑯𝑯− 𝒔𝒔                                        (2.27) 
5                                                     𝟐𝟐𝑯𝑯 − 𝒔𝒔 ⇌ 𝑯𝑯𝟐𝟐 + 𝟐𝟐𝒔𝒔                                              (2.28) 

 

The rate expression for the formate mechanism is: 

𝑟𝑟𝐶𝐶𝐶𝐶2 =
(𝑘𝑘4𝐾𝐾1𝐾𝐾2𝐾𝐾3𝑃𝑃𝐶𝐶𝐶𝐶𝑃𝑃𝐻𝐻2𝐶𝐶−
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      (2.29) 
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where 𝐾𝐾𝑗𝑗 is the adsorption equilibrium constant for elementary step 𝑗𝑗, 𝑃𝑃𝑖𝑖 is the partial pressure of 

species 𝛥𝛥, 𝑘𝑘±4 is the reaction rate constant of rds (reaction 4), and [𝐴𝐴] is the concentration of 

surface sites. The mean absolute relative residual (MARR) was 7.85% when the kinetic data 

were modeled using the rate expression in Equation 2.29. A simplified mechanism, proposed in 

Table 2.4, was developed to reduce the complexity of the rate expression and compared with the 

mechanism in Table 2.3. Teng et al.[100] showed that the MARR value of the rate expression 

derived from the simplified mechanism is 8.48%, which is still the lowest among all other 

mechanisms considered, and is also close to the value of the original rate expression.       

Table 2.4: Simplified formate mechanism of the WGS reaction on iron FTS catalysts [100]. 

1                                     𝑪𝑪𝑪𝑪 + 𝑯𝑯𝟐𝟐𝑪𝑪 + 𝟐𝟐𝒔𝒔 ⇌ 𝑯𝑯𝑪𝑪𝑪𝑪𝑪𝑪 − 𝒔𝒔 + 𝑯𝑯− 𝒔𝒔                            (2.30) 
2                                            𝑯𝑯𝑪𝑪𝑪𝑪𝑪𝑪 − 𝒔𝒔 ⇌ 𝑪𝑪𝑪𝑪𝟐𝟐 + 𝑯𝑯− 𝒔𝒔                                         (2.31) 
3                                                     𝟐𝟐𝑯𝑯 − 𝒔𝒔 ⇌ 𝑯𝑯𝟐𝟐 + 𝟐𝟐𝒔𝒔                                              (2.32) 
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           (2.33) 

The mechanism and rate expression described in Equations 2.30 – 2.33 were planned to describe 

the WGS kinetics of iron FTS catalysts studied in this work.  
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CHAPTER 3. Kinetic Study of Unsupported Iron-Based High-
Temperature Water-Gas Shift Catalysts Promoted with Lanthana 
 
 
 
 This chapter presents the experimental work, results and discussion of the kinetic and 

characterization studies performed on unsupported iron-based WGS catalysts promoted with 

lanthana. The structural and textural effects of lanthana on the activity and stability of these 

catalysts is explained. This work has been published in a peer-reviewed journal [102]. 

 

3.1 Experimental Methods and Apparatus 

 The same experimental procedure was followed to test the high-temperature shift iron-

based catalysts. The chart in Figure 3.1 summarizes the flow and process of the experimental 

work. 

 

Figure 3.1: Flow of experimental work procedures for HT WGS catalysts. 
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3.1.1 Catalyst Preparation, Calcination, and Screening 

Different batches of catalysts were prepared via co-precipitation with nominal 

compositions of 8 wt% Cr2O3, 4 wt% CuO, and varying wt% (0, 0.5, 1, 2, and 5, hereafter 

identified as 0La, 0.5La, 1La, 2La, and 5La, respectively) of lanthana added at the expense of the 

balance iron oxide phase (assumed to be Fe2O3 for calculation purposes). The preparation of 

these oxides occurs according to the following chemical reactions: 

𝑀𝑀(𝑁𝑁𝑦𝑦3)𝑥𝑥(𝑟𝑟𝑒𝑒) +  𝑥𝑥 𝑁𝑁𝑏𝑏𝑦𝑦𝐻𝐻(𝑟𝑟𝑒𝑒) → 𝑀𝑀(𝑦𝑦𝐻𝐻)𝑥𝑥(𝑠𝑠) +  𝑁𝑁𝑏𝑏(𝑁𝑁𝑦𝑦3)𝑥𝑥(𝑟𝑟𝑒𝑒)       (3.1) 

𝑀𝑀(𝑦𝑦𝐻𝐻)𝑥𝑥𝑠𝑠 + ℎ𝑅𝑅𝑏𝑏𝑡𝑡 + 𝑥𝑥
4
𝑦𝑦2 → 𝑀𝑀𝑦𝑦𝑥𝑥(𝑠𝑠) + 𝑥𝑥

2
𝐻𝐻2𝑦𝑦(𝑓𝑓) (calcination)                 (3.2) 

Appropriate amounts (shown in Table 3.1) of Fe(NO3)3.9H2O (99.99%, Sigma-Aldrich), 

Cr(NO3)3.9H2O (99.99%, Fischer Scientific), Cu(NO3)2.2.5H2O (98%, Sigma-Aldrich) and 

La(NO3)3.6H2O (99.999%, Sigma-Aldrich) were dissolved in distilled water.  The hot, stirred 

solution was titrated with a pre-calculated amount of an aqueous solution of NaOH (Fischer 

Scientific, 97% reagent grade flakes) added all at once, to bring the metered pH (Hannah 

Instruments, pH 211) to a value of ~8.  The amount of NaOH was calculated based on the 

solubilities of the metal hydroxides. Additional amounts of aqueous NaOH solution (1-2 mL) 

were added drop-wise to raise the final pH to ~11.  Table 3.2 shows the solubility product 

constants (𝐾𝐾𝑠𝑠𝑝𝑝) and pH values for the precipitation of each metal hydroxide and indicates that a 

pH of 11 is sufficient to keep the solids precipitated at room temperature. The resulting mixture 

was aged for an hour to ensure maximum precipitation of the metal hydroxides.  The solids were 

filtered, washed five times with deionized water to remove soluble sodium ions, and dried in an 

oven at 70°C overnight.  The dried catalysts were calcined at 300°C for 3 h with a temperature 

ramp rate of 3°C/min from room temperature and with a dry air flow of 100 mL/min in a 
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Thermolyne 1400 furnace.  The calcined catalysts were ground in a mortar and pestle and sieved 

to retain 106-250 μm particle sizes. 

 

Table 3.1: Weights of metal nitrates and sodium hydroxide for the preparation of 20-gram batches of unsupported HT 
WGS catalysts with different wt% of lanthana. 

Catlyst ID Fe(NO3)3  
(g) 

Cr(NO3)3  
(g) 

Cu(NO3)2  
(g) 

La(NO3)3  
(g) 

NaOH (g) 

0La 89.050 8.426 2.339 0.000 30.185 
0.5La 88.544 8.426 2.339 0.266 30.034 
1La 88.038 8.426 2.339 0.532 29.884 
2La 87.026 8.426 2.339 1.063 29.583 
5La 83.991 8.426 2.339 2.658 28.682 

 

Table 3.2:  Solubility product constants at 25°C and pH values for the precipitation of metal hydroxides. 

Compound 𝑲𝑲𝒔𝒔𝒔𝒔 [103] pH 

Fe(OH)3 1.0·10-38 4.6 
Cr(OH)3 6.3·10-31 6.6 
Cu(OH)2 2.2·10-20 7.6 
La(OH)3 2.0·10-21 8.9 

 

3.1.2 Characterization Procedures 

Different techniques were used to characterize the physical and chemical properties of the 

fresh calcined and used catalysts. Details about each technique are described below.  

3.1.2.1  Nitrogen Physisorption 

The specific surface area, pore size, and pore volume of the fresh and used samples were 

determined by the Brunauer-Emmet-Teller (BET) [104] and Barrett-Joyner-Halenda (BJH) [105] 

methods using nitrogen physisorption at -196°C (Tristar 2030 BET, Micrometrics).  The samples 

were vacuum degassed at 120°C for 12-24 h prior to analysis. 
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3.1.2.2  Energy Dispersive X-ray Spectroscopy (EDS) and Scanning Electron 
Microscopy (SEM) 
 

An environmental scanning electron microscope (Philips, XL30) equipped with an 

energy dispersive X-ray spectrometer was used to measure the elemental compositions in the 

catalysts and to evaluate the distribution of the components across the catalyst surface.  The 

scans were taken at 20 keV voltage in low-vacuum mode, which did not require coating the non-

conductive catalysts with sputtered gold and palladium. Each scan took 50 seconds.  Scanning 

electron micrographs (SEM) of the fresh and used catalysts were also taken using the same 

microscope at 50x and 400x magnifications with a 20 keV beam voltage. 

 

3.1.2.3  Powder X-ray Diffraction (XRD) 

Powder XRD analysis was performed on all fresh and used catalysts (X’Pert Pro 

PANalaytical with X-Celerator detector) to determine structural changes with different lanthana 

content in the iron catalysts.  The instrument was operated at 45 kV and 40 mA, using Cu Kα1 

radiation and a graphite monochromator.  The results were obtained over the 2θ range of 10°-90° 

with 1° divergence and receiving slits, and 400 seconds per step.  The sizes of the crystallites 

were calculated using the Debye-Scherrer equation [106];  

𝑑𝑑𝑟𝑟 = 0.9𝜆𝜆𝑐𝑐
𝛽𝛽𝑐𝑐𝑟𝑟𝑝𝑝𝑠𝑠𝑐𝑐

                                                                        (3.3) 

where 𝒅𝒅𝒄𝒄 is the crystallite size, 𝝀𝝀𝒄𝒄 is the wavelength of the Cu Kα1 radiation, 𝜷𝜷𝒄𝒄 is the full width 

at half maximum of the diffraction lines, and 𝜽𝜽 is half of the diffraction angle 𝟐𝟐𝜽𝜽.  
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3.1.2.4  Temperature-Programmed Reduction with Hydrogen (H2-TPR) 

Temperature-programmed reductions (TPR) were performed on the catalysts to 

determine their reducibility.  Initially, 0.04 grams of sample were fully oxidized in flowing air 

(Zero Air, Airgas) at 30 sccm with a temperature ramp of 10°C/min from room temperature to 

450°C followed by a two-hour soak time. The sample was then cooled to room temperature.  

After purging the system with argon, TPR’s were performed in 10 mol% H2/Ar (5 sccm of H2 

with 45 sccm of Ar) and a temperature ramp of 10°C/min from room temperature to 450°C.  

Hydrogen consumption was quantified via mass spectrometry (MKS Cirrus 100) by integrating 

the areas under the peaks of H2 consumption relative to a calibrated baseline. 

 

3.1.3 Kinetic Analysis: Reaction Apparatus, Conditions, and Calculations 

Kinetic experiments were performed in a quartz U-tube flow microreactor (0.6 cm inside 

diameter).  The flow rates of CO (99.995%, Airgas), H2 (99.95%, Airgas), and Ar (99.997%, 

Airgas) were set using calibrated mass flow controllers (Porter Instruments 201).  Water was 

metered (ISCO pump model 260d) at a 3:1 H2O:CO molar ratio through a boiler operating at 

350°C. Within the quartz reactor, the catalyst was supported on a quartz frit with ~100 μm pores. 

The reactor was heated inside an electric furnace (National Element FA 120) at a ramp rate of 

10°C/min from room temperature to the desired reaction temperature. A separate thermocouple 

in contact with the catalyst bed itself measured the reaction temperature. Water was removed 

from the reactor effluent in a condenser and desiccator columns (Drierite, 97% anhydrous 

calcium sulfate) prior to analysis in a gas chromatograph (GC, Agilent Technologies 7890A with 

a Supelco Carboxen 1004 packed column (2 m x 1.5 mm) and thermal conductivity detector).  

The reactor tubing prior to the water removal system was heat traced at 130°C and insulated to 
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prevent water condensation. After each experiment, the reactor was cleaned with nitric acid 

(70%, Sigma Aldrich) using an ultrasonic cleaner and was then washed with distilled water and 

acetone and dried in an oven overnight. Figure 3.2 shows a flow diagram of the reactor setup.  

 

Figure 3.2: Reactor flow diagram for HT WGS reaction. 
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Prior to reaction, the catalysts were reduced at 400°C for 2 h to convert the iron oxide to 

the active magnetite phase (Fe3O4) [1, 3].  The reduction conditions were set to avoid over-

reduction to FeO or metallic iron.  These conditions were quantified by setting the ratio of the 

reductant to oxidant molar flow rates, 𝑅𝑅𝑊𝑊𝑊𝑊𝑊𝑊, at 1.1 

     𝑅𝑅𝑊𝑊𝑊𝑊𝑊𝑊 = 𝐹𝐹0𝐶𝐶𝐶𝐶+𝐹𝐹0𝐻𝐻2
𝐹𝐹0𝐻𝐻2𝐶𝐶

= 1.1    (3.4) 

Argon was also used as a diluent to maintain low partial pressures of the reducing gases in the 

reactor system.  After the reduction process, HT WGS conditions were initiated with a H2O:CO 

molar ratio of 3 to prevent carbon deposition or methanation side reactions from taking place 

[31].  Table 3.3 shows the reduction and the HT WGS conditions.  0.02 grams of catalyst were 

used for each experimental run.  The reactant flow rates and the catalyst mass were chosen to 

minimize CO conversion and yet meet the detection limit of the GC.  Minimum CO conversions 

(<20%) were intended to approximate differential reactor conditions used in the analyses. 

 

Table 3.3: Reduction and HT WGS reaction conditions. 

Gas Reduction 
Flow rate (mmol/min) 

HT WGS 
Flow rate (mmol/min) 

CO 0.13 0.87 
H2 0.53 0 
Ar 1.00 0 

Water (Steam) 0.61 2.78 
 

Four days elapsed before any kinetic data were collected to ensure that the catalyst 

performance approached steady state.  Data were acquired at atmospheric pressure and 4 

sequential reaction temperatures:  400, 375, 350, and 425°C, with 4 different CO flow rates at 

each temperature:  0.87, 1.74, 2.61, and 3.39 mmol/min.  Four GC injections were made at each 
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flow rate to obtain statistically reliable results. Initial forward reaction rates were obtained by 

extrapolating to infinite CO flow rate (or zero CO conversion) from these varying space velocity 

data.  The reaction temperature was returned to 400°C on the last day of experimentation to 

measure deactivation and the stability of the catalysts.  The stability of the catalysts was 

determined by comparing their initial and final water-gas shift rates at 400°C, which were 

separated by five days of reaction time.  Reaction rates were calculated from the following 

differential reactor equation: 

− 𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑋𝑋𝐶𝐶𝐶𝐶∙�̇�𝑉𝐶𝐶𝐶𝐶∙𝑃𝑃
𝑊𝑊𝑐𝑐𝑐𝑐𝑐𝑐∙𝑅𝑅𝑔𝑔∙𝑇𝑇

                                                                        (3.5) 

where  −𝑟𝑟𝐶𝐶𝐶𝐶 is the rate of CO consumption, 𝑋𝑋𝐶𝐶𝐶𝐶  is the CO conversion, �̇�𝑉𝐶𝐶𝐶𝐶 is the inlet volumetric 

flow rate of CO, 𝑃𝑃 is the atmospheric pressure, 𝑊𝑊𝑟𝑟𝑟𝑟𝑐𝑐 is the mass of the catalyst, 𝑅𝑅𝑔𝑔 is the 

universal gas constant, and 𝑇𝑇 is the absolute ambient temperature.  CO conversion, 𝑋𝑋𝐶𝐶𝐶𝐶, was 

calculated from equation (3.6): 

𝑋𝑋𝐶𝐶𝐶𝐶 = 𝑓𝑓∙𝑃𝑃𝐴𝐴𝐶𝐶𝐶𝐶2
𝑓𝑓∙𝑃𝑃𝐴𝐴𝐶𝐶𝐶𝐶2+ 𝑃𝑃𝐴𝐴𝐶𝐶𝐶𝐶

                                                                        (3.6) 

where 𝛥𝛥 = 1.7 is the sensitivity factor for CO2 relative to CO from calibrated runs on the GC and 

𝑃𝑃𝐴𝐴𝐶𝐶𝐶𝐶2 and 𝑃𝑃𝐴𝐴𝐶𝐶𝐶𝐶 are the integrated areas of CO2 and CO, respectively, from the GC.  The 

reaction rate as a function of reaction temperature was regressed using the Arrhenius equation to 

determine the activation energies for the different catalysts. 

A separate series of experimental data on the 0La, 0.5La, and 5La catalysts were obtained 

to evaluate the mechanism and proposed Langmuir-Hinshelwood, redox, Eley-Rideal, and 

power-law rate laws by quantifying the kinetic parameters. The experiments involved changing 
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the flow rate of one reactant by a factor of 1.5 while holding the other’s constant at 400°C and 1 

atm, as shown in Table 3.4.  

Table 3.4: Experimental runs for fitting rate-law models to kinetic data at 400°C and 1 atm. 

Experimental 
run 

Inlet CO partial 
pressure 

(atm) 

Inlet H2O partial 
pressure 

(atm) 

Total inlet flow at 
400°C and 1 atm 

(mL/min) 
1 0.24 0.76 198 
2 0.13 0.87 349 
3 0.17 0.83 182 
4 0.32 0.68 221 
5 0.32 0.68 147 
6 0.26 0.74 366 
7 0.25 0.75 564 
8 0.25 0.75 727 

 

Non-linear, least squares regression for each of the four models assuming independent 

experimental errors with constant variance identified corresponding kinetic parameters.  First-

order differential equations solved in Mathcad (v15, Mathsoft, PTC) provided starting values that 

were further optimized using the generalized reduced gradient (GRG) solver algorithm in Excel 

(2010, Microsoft) to reach to a final set of optimal kinetic parameters.  All of the actual kinetic 

data (which did not include the initial rates obtained by extrapolation) were analyzed for the 

three catalysts (0La, 0.5La, and 5La) at 400°C.  The suitability of each model was analyzed by 

calculating the coefficients of determination (𝑟𝑟2) according to equation (3.7), which is 

appropriate for a finite number of samples [107], 

𝑟𝑟2 = 1 − 𝑁𝑁𝑅𝑅𝑊𝑊𝑊𝑊/(𝑑𝑑𝑟𝑟−𝑒𝑒𝑟𝑟)
𝑁𝑁𝑇𝑇𝑊𝑊𝑊𝑊/(𝑑𝑑𝑟𝑟−1)

                                                                (3.7) 

where 𝑁𝑁𝑇𝑇𝐴𝐴𝐴𝐴 is the total squared sum of the errors (defined as the difference between the 

measured and the mean values) normalized by the variance, 𝑛𝑛𝑟𝑟 is the number of data points, 𝑞𝑞𝑟𝑟 is 

the number of linear regressors, and 𝑁𝑁𝑅𝑅𝐴𝐴𝐴𝐴 is the squared sum of the normalized residuals (where 
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the residual is defined as the difference between the measured and predicted values).  The 95% 

confidence regions were estimated according to the following criterion [108]: 

   𝑊𝑊(𝜽𝜽)−𝑊𝑊(𝜽𝜽�)
𝑊𝑊(𝜽𝜽�)

≤ 𝑝𝑝𝑟𝑟
𝑑𝑑𝑟𝑟−𝑝𝑝𝑟𝑟

𝐹𝐹𝛼𝛼𝑝𝑝𝑟𝑟,𝑑𝑑𝑟𝑟−𝑝𝑝𝑟𝑟                               (3.8) 

where  𝐴𝐴(𝜃𝜃) is the sum of squared errors at arbitrary values of kinetic parameters, represented by 

the vector 𝜃𝜃, 𝐴𝐴(𝜃𝜃�) is the sum of squared errors at the optimal values of the parameters 𝜃𝜃�, 𝛥𝛥𝑟𝑟 is 

the number of fitting parameters in the corresponding model, and 𝐹𝐹 is the F-statistic value for 𝛥𝛥𝑟𝑟 

and 𝑛𝑛𝑟𝑟 − 𝛥𝛥𝑟𝑟 degrees of freedom at a significance level of 𝛼𝛼 and a probability of 1- 𝛼𝛼. 

 The model parameters are highly correlated and not mutually independent, meaning they 

cannot be independently varied over the full range of the individual confidence intervals for each 

parameter.  To quantify this effect, a nonlinear statistical analysis was performed considering this 

covariance to generate 95% interval joint confidence regions for a pair of parameters using 

Mathematica software (v9.0, Wolfram Research). 

 

3.2 Results and Discussion 

 This section discusses in detail the results of the characterization and kinetic experiments. 

Characterization of the chemical and physical properties of the fresh and used catalysts explains 

the performance observed for each catalyst. 

 

3.2.1 Surface Area 

Table 3.4 shows the BET surface areas (𝐴𝐴𝐴𝐴), the average pore diameters (𝑑𝑑𝑝𝑝𝑝𝑝𝑟𝑟𝑟𝑟), and the 

pore volumes (𝑉𝑉𝑝𝑝𝑝𝑝𝑟𝑟𝑟𝑟) of the fresh calcined and used catalysts.  0.5 wt% addition of lanthana has 

no significant effect on the fresh BET surface area and average pore diameter.  Further lanthana 
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additions reduce the fresh BET surface area and cause a slight increase in the average pore 

diameter.  However, little change is observed in either of the measurements on the 2La and 5La 

catalysts, which suggests that a limit has been reached and that further lanthana additions would 

probably have no positive effect on the physical characteristics of the catalysts. However, 

lanthana has significant influence on the catalysts after reaction conditions.  The used 0.5La 

catalyst has the highest surface area and smallest average pore diameter, which suggests that it is 

the most stable catalyst with the least reduction in surface area.  In fact, based on the relative 

surface area changes, the 0.5La catalyst retains 63% more surface area compared to the 0La 

sample.  No measurements are reported for the used 1La catalyst due to the small amount (<10 

mg) of catalyst available for characterization, but its surface area and pore diameter 

measurements are expected to be intermediate between the 0La and the 2La results based on the 

kinetic results presented in Section 3.2.5 (see Figure 3.8). 

Table 3.5: BET surface area and average pore diameter measurements for the calcined and used catalysts along with 
crystallite sizes for the used catalysts determined from XRD peak broadening. 

Catalyst 
ID 

 Calcined (Fresh) After WGS Reaction (Used) 

 𝑺𝑺𝑺𝑺 
(m2/gcat) 

𝒅𝒅𝒔𝒔𝒑𝒑𝒑𝒑𝒑𝒑 
(Å) 

𝑽𝑽𝒔𝒔𝒑𝒑𝒑𝒑𝒑𝒑 
(cm3/g) 

𝑺𝑺𝑺𝑺 
(m2/gcat) 

𝒅𝒅𝒔𝒔𝒑𝒑𝒑𝒑𝒑𝒑 
(nm) 

𝑽𝑽𝒔𝒔𝒑𝒑𝒑𝒑𝒑𝒑 
(cm3/g) 

𝒅𝒅𝒄𝒄  
(nm) 

0La 219 31 0.17 41 15.4 0.18 26 
0.5La 220 32 0.18 67 14.3 0.23 31 
1La 188 34 0.19 N/A N/A N/A 27 
2La 149 36 0.16 43 14.5 0.15 23 
5La 146 35 0.15 29 17.5 0.05 20 
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3.2.2 Powder X-ray Diffraction (XRD)  

 Figure 3.3 shows the XRD patterns of the fresh calcined and the used catalysts, 

respectively.  Four conclusions drawn from these graphs follow: 

1- In the fresh catalysts prior to calcination, the iron phase is mostly ferrihydrite [109], or 

hematite (Fe2O3) containing water, while magnetite (Fe3O4) is the predominant phase in the 

used catalysts. The diffraction angles for magnetite at 30°, 35.5°, 43°, 57°, and 63° were 

compared with the powder diffraction file (PDF) of the International Centre for Diffraction 

Data (ICDD) database for magnetite. No peaks for FeO, Fe, or Fe2C were observed either 

after the reduction or reaction conditions, indicating that the catalysts have not been over-

reduced. This is consistent with studies performed by Longbottom and Kolbeinsen [110]. 

2- The fresh catalysts are largely amorphous, while the used catalysts contain some crystallinity.  

This is consistent with the formation of the magnetite-chromium cubic spinel structure after 

the catalysts are reduced. 

3- The 0.5La used catalyst is the most crystalline with the sharpest and most intense peaks.  The 

degree of crystallinity decreases with increasing wt% of lanthana.  Therefore, 0.5 wt% 

addition of lanthana appears to add some stability to the spinel structure, while further 

loadings disrupt the structure.  The disruption of the spinel structure is likely caused by the 

larger La3+ cations that replace some of the Fe3+ cations.  The ionic radius of La3+ is 103.2 

pm, which is much larger than that of the high-spin Fe3+ (64.5 pm) [11]; hence, the 

octahedral holes in the spinel structure are apparently not flexible enough to accommodate 

too many of the large La3+ cations. 

4- The diffraction angles at 35.5°, 57°, and 62.5° in the pattern for the 0.5La catalyst are slightly 

shifted to the right (~0.5° higher), suggesting that this minor addition of lanthana is affecting 
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(and possibly incorporating into) the unit cell and making it more compact and ordered. On 

the other hand, the peaks at 57° and 62.5° are slightly shifted to the left (~0.5° lower) for the 

1La, 2La, and 5La catalysts, implying that the lattice parameters of the corresponding unit 

cells are larger. The disruption of the spinel, therefore, comes as a result of larger unit cells. 

The pattern of the 0La is slightly shifted to the left compared to that of the reference 

magnetite due to the incorporation of copper into the spinel once the catalyst is activated 

[111]. 

5- The crystallite sizes calculated from the Debye-Scherrer equation for each of the used 

catalysts, reported in the last column of Table 3.4, indicate that the 0.5La catalyst contains 

the largest crystallites. A more crystalline structure with a larger crystallite size implies a 

more ordered and extensive spinel structure.  The more extensive spinel structure in the 

0.5La catalyst is likely due to a small fraction of the larger La3+ ions integrating into the 

structure that appear to stabilize it during the high temperature (up to 425°C) reaction 

conditions.  In the case of the 2La and 5La catalysts, lanthana addition clearly decreases their 

crystallite sizes as it apparently disrupts the spinel structure.  As a result, the internal 

structure is not as crystalline or stable compared to the samples with no or low (0.5 wt%) 

lanthana. 
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Figure 3.3: The XRD patterns of (a) the calcined fresh catalysts before HT WGS treatment and (b) the spent catalysts 
after 10 days of HT WGS treatment compared to magnetite reference sample from the International Centre for 
Diffraction Data (ICDD) database. 
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3.2.3 Scanning Electron Microscopy (SEM) and Energy-Dispersive Spectroscopy 
(EDS) 
 

Figure 3.4 shows the scanning electron micrograph (SEM) images for the fresh and used 

0La, 0.5La, and 2La catalysts.  Agglomerate particle sizes of the fresh samples (in the left panels 

of Figure 3.4) appear to be the same.  The elemental compositions of the metals analyzed by 

EDS are approximately the same for the scans taken at different spots on each catalyst, indicating 

that the bulk components are well distributed and mixed, as shown in Table 3.5.  Quantitative 

analysis by the software is not accurate for calculating the low compositions of lanthana. 

However, qualitative analysis shows similar contents for the different scans. The surfaces of 

some agglomerates are rougher than others.  Further X-ray analysis was performed at low 

voltage (12 keV) to determine the compositions of the accumulations on top of the larger 

agglomerate particles.  The results showed that these accumulations contain 2-3 wt% higher 

copper content.  This segregation of copper might be due to the different (+2) oxidation state that 

Cu carries, compared the other (+3) metals, but is also likely induced by the reduction of the 

copper oxide to metallic copper in the used catalysts [34, 37].  

The SEM images of the used catalysts, shown in the right panels of Figure 3.4, are quite 

different.  The 0La and 2La catalysts are cracked and ruptured, while the 0.5La catalyst 

experienced the least damage.  This observation is consistent with the surface area results that 

show the 0.5La catalyst is the most physically stable catalyst after treatment under reaction 

conditions, which is explainable in terms of the structural stability that the small addition of 

lanthana adds to the crystal structure. 
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      a 

 
 

      b 

 
 

       c 

 
 

Figure 3.4: Scanning electron micrographs of (a) fresh (left) and used (right) 0La, (b) fresh (left) and used (right) 0.5La, 
and (c) fresh (left) and used (right) 2La catalysts.  

53 
 



 
  

Table 3.6: Quantitative EDS analysis on the fresh calcined catalysts. The numbers show wt% contents of each element for 
a scan across the surface of the sample holder and a one-point scan at a randomly chosen particle. 

Catalyst ID Scan Across Surface One-point scan 
 La  

wt% 
Cr  

wt% 
Fe  

wt% 
Cu  

wt% 
La 

wt% 
Cr  

wt% 
Fe  

wt% 
Cu  

wt% 
0La 0.00 7.85 86.15 6.00 0.00 7.81 87.12 5.07 

0.5La 1.23 8.87 86.00 3.90 1.41 8.94 85.66 3.99 

1La 1.92 8.95 84.88 4.25 1.80 8.46 84.90 4.84 

2La 3.17 9.13 83.40 4.30 3.16 8.52 83.83 4.49 

5La 6.97 9.18 79.33 4.52 7.27 8.90 79.61 4.22 
 

3.2.4 Temperature-Programmed Reduction with Hydrogen (H2-TPR) 

The phase of iron in the fully-oxidized 0La catalyst characterized by XRD is α-Fe2O3 

(hematite) as shown in Figure 3.5a, ensuring that hematite is the phase that is being reduced. The 

O2 and H2O signals from the mass spectrometer, shown in Figure 3.5b, indicate that H2O is 

produced while O2 is being consumed during the oxidation of the catalyst as ferrihydrite converts 

to hematite.  
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Figure 3.5: (a) XRD pattern for the fully oxidized 0La catalyst and (b) H2O release during initial oxidation of the 0La 
catalyst and O2 consumption during the temperature-programmed oxidation following TPR.   

Two phases of reduction were observed for the five fully-oxidized catalysts during H2-

TPR. The first peak is attributed to the reduction of Fe2O3 to Fe3O4, CuO to Cu, and possibly 

Cr6+ to Cr3+, while the second peak is ascribed to the reduction of Fe3O4 to FeO and metallic Fe 

[36,112-114]. However, the temperature was not increased beyond 450°C during the TPR 

experiments to fully characterize the second peak due to equipment limitations and because the 

catalytically relevant reduction processes occur at lower temperatures.  Therefore, only the first 

peak is compared and discussed in Figure 3.6, which shows the TPR profiles of this first 

reduction phase for all of the samples.  The maximum rate of reduction for the 0.5La sample 

occurs at a temperature 10°C lower than that for the 0La sample, while the peaks for the 1La, 

2La, and 5La catalysts occur at higher temperatures, indicating that 0.5La is the most easily 
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reduced of the catalysts.  Table 3.6 reports the extent of reduction of the catalysts from Fe2O3 to 

Fe3O4.  The results show that the actual amounts of H2 consumed during the TPR experiments 

are less than the stoichiometric amounts required for the full reduction of Fe2O3 to Fe3O4.  

Therefore, Fe2O3 does not fully reduce to Fe3O4 in the temperature range of 200°C - 300°C.  

These results are consistent with the XRD spectra that show the iron phase to be Fe3O4 in the 

used catalysts, which were treated under reduction conditions at higher temperatures and for 

extended periods of time prior to reaction. 

Furthermore, the amount of H2 consumed increases with the lanthana content in the 

catalysts, making the 5La catalyst the most reducible in terms of overall hydrogen consumption, 

but this increased extent of reduction is detrimental to the catalytic activity, as discussed in the 

next two sections.  The disruption of the spinel observed in the XRD results at lanthana contents 

above 0.5 wt% is likely responsible for weaker interactions between Fe and the other promoters 

(such as Cr) in the bulk of the catalyst.  The spinel structure in the 5La catalyst, once it is formed 

during the reduction of Fe2O3 to Fe3O4, appears to be destabilized by the presence of high 

concentrations of the large lanthanum ions and, therefore, Fe ions do not interact as strongly with 

Cr ions as they would if the spinel structure were sustained.  This loss of interaction might cause 

the 5La catalyst, which is still mostly iron oxide, to reduce to a greater extent, but at 

temperatures well above those of the other samples.  
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Figure 3.6: H2-TPR profiles of the HT WGS catalysts: 10 mol% H2/Ar, temperature ramp rate = 10°C/min, total flow = 
50 sccm. 

Table 3.7: Summary of H2-TPR results. This table compares the reduction temperature of Fe2O3 to Fe3O4 as well as the 
extent of reduction in terms of hydrogen consumption. 

Catalyst 
ID 

Temperature at first peak maximum (°C) Extent of reduction to Fe3O4 
(%)a 

 
0La 231 42 

0.5La 219 53 
1La 229 67 
2La 246 79 
5La 265 82 

a  Extent of reduction calculated for 0.04 grams of sample; 10 mol% H2/Ar, temperature ramp = 10 °C/min, total 
flow = 50 sccm. 
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3.2.5 Catalyst Performance:  Stability and Water-Gas Shift Activity 

The initial (extrapolated to zero conversion) WGS rate results for all the catalysts  plotted 

at the tested reaction temperatures in Figure 3.8 were obtained from the y-intercepts of the trend 

lines of reaction rate against the inverse of the specific molar flow rate of CO (ṅ𝐶𝐶𝐶𝐶) shown in 

Figure 3.7. Plots for only the 0La and 0.5La catalysts are shown in Figure 3.7; however, similar 

plots were acquired for the other catalysts. The reaction rates at the lowest CO flow rate and 

400°C and 425°C were not considered in this analysis because the CO conversions were too far 

(𝑋𝑋𝐶𝐶𝐶𝐶>20%) from differential conditions, which caused the rate data to lose their linearity. Figure 

3.8 clearly shows that the 0.5La catalyst is the most active at all temperatures.  However, 

addition of 1 wt% lanthana or more to the Fe-Cr-Cu catalysts inhibits their CO conversion rate, 

as summarized in Table 3.7, and makes them increasingly less active at higher temperatures.  

The deactivation percentages (measured by comparing the WGS rate at 400°C at the start of 

kinetic data collection and after an additional 120 h of reaction) reported in Table 4 prove that 

the 0.5La catalyst is also the most stable.  These observations can be explained in terms of the 

disruption of the spinel structure discussed earlier, which makes the 1La, 2La, and 5La catalysts 

much less active than the 0La and 0.5La catalysts, especially at the higher reaction temperatures. 
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Figure 3.7: Rates of CO consumption as they vary with CO molar flow rate and reaction temperature for (a) 0La catalyst 
and (b) 0.5La catalyst. The rate at the lowest flow rate at 400°C and 425°C are not shown because the CO conversion 
under these conditions is far from differential conditions (XCO > 20%). 
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Figure 3.8: Initial rates of CO consumption as a function of lanthana loadings and four reaction temperatures with 5% 
error bars. 0.5La catalyst is the most active catalyst. 

 

Table 3.8: Performance of HT WGS catalysts at 400°C under HT WGS conditions in terms of rate activity and stability. 
Deactivation % is compared at 120 h of operation after steady-state. 

Catalyst ID −𝒑𝒑𝑪𝑪𝑪𝑪 
(mmol/(gcat·min)) 

𝑬𝑬𝒂𝒂  
(kJ/mol) 

Deactivation 
(%) 

0La 24 96 ± 5 23 
0.5La 31 80 ± 4 11 
1La 19 63 ± 7 20 
2La 15 64 ± 7 22 
5La 13 66 ± 6 24 

 

During industrial hydrogen production, the products from a steam methane reformer exit 

at temperatures well above 400°C (around ~900°C [3]) and therefore must be cooled prior to the 
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WGS reactors.  Based on these results, it is recommended to consider 0.5 wt% lanthana addition 

to industrial unsupported Fe-Cr-Cu WGS catalysts, as they may have the potential to provide 

more operating flexibility and activity at higher temperatures for better overall thermal 

efficiency, while maintaining reasonable stability. 

3.2.6 Modeling:  Rate Models and Kinetic Analysis 

Table 3.8 compares the fit for each of the four kinetic models (Langmuir-Hinshelwood, 

Eley-Rideal, redox, and power-law) for the three tested catalysts (0La, 0.5La, 5La) by showing 

the respective 𝑟𝑟2 values.  The kinetic data (outlet concentrations) for the 0.5La catalyst are 

shown in Appendix C.3. The data show that the simple power-law model provides the best 

overall fit, but the Langmuir-Hinshelwood model, which provides greater mechanistic insight, is 

nearly as good and is substantially better than the Eley-Rideal or redox models.  This point is 

emphasized in the parity plots that show the calculated vs. experimental rates in Figure 3.9.  This 

suggests that the reaction follows an adsorptive, LH, mechanism. The fitting parameters for the 

LH (Equation 2.13) and power-law (Equations 2.18 and 2.19) models are shown in Tables 3.9 

and 3.10, respectively.  

Table 3.9: The coefficients of determination (𝒑𝒑𝟐𝟐) for the different WGS kinetic models to determine which model best fits 
the rate data. 

Catalyst ID Langmuir-Hinshelwood Redox Eley-Rideal Power-law 
0La 0.93 0.72 0.54 0.95 

0.5La 0.90 0.79 0.70 0.97 
5La 0.91 0.49 0.79 0.91 
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Figure 3.9: Parity plots for the WGS kinetic models for (a) 0La, (b) 0.5La, and (c) 5La catalysts at 400°C. 

The reported values for the LH adsorption equilibrium constants of the reactants and 

products in Table 3.9 shows that CO has the smallest equilibrium constant, which indicates that 

water binds more strongly to the catalyst than CO due to the polarity of water molecules and 

their potential for hydrogen bonding with surface oxygen species.  𝐾𝐾𝐶𝐶𝐶𝐶 is largest for the 0.5La 

catalyst, which agrees with the pattern for higher CO conversions observed experimentally for 

this catalyst.  0.5 wt% addition of lanthana to the catalyst appears to facilitate the adsorption of 

CO, while further addition inhibits it.  This can be explained in terms of the structural stability 

discussed earlier.  The 0.5La catalyst has a larger surface area with a more stable spinel structure, 

which increases the accessibility of CO to the iron domains to form adsorbed Fe-CO surface 

species.  Furthermore, in terms of polarizability, La3+ is a more polarizable cation than Fe3+ due 

to its larger ionic radius; hence, it is a softer Lewis acid.  Keeping in mind that CO is a soft 
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Lewis base, it binds preferentially with the catalyst that has the softer Lewis acidity and a more 

polarizable electronic structure.  The value of the overall reaction rate constant, 𝑘𝑘, is 43% higher 

for the 0.5La catalyst, but 52% lower for the 5La catalyst, when compared to the 0La catalyst.  

Therefore, the increase in rate activity for the 0.5La catalyst is attributed to both increased CO 

adsorption and a larger overall reaction rate constant.  The proposed explanation for these 

observations is summarized in the following three points (which are likely to apply for the 1La 

and 2La catalysts): 

1- High concentrations (5 wt%) of lanthana disrupt the spinel structure and possibly cover some 

of the surface, making Fe domains less accessible to the reactants.  Therefore, the adsorption 

equilibrium constants of CO and H2O are lower for the 5La catalyst. 

2- Lanthana is added at the expense of the active Fe3O4 iron phase, which is responsible for the 

dissociation of H2O molecules to hydrogen radicals.  This step in the reaction mechanism is 

considered rate-determining [26-27] and accounts for the lower value of 𝑘𝑘, which is 

proportional to the surface reaction kinetics, observed for the 5La catalyst with the highest 

lanthana content. Furthermore, although not detected in the XRD results, but suggested by 

the TPR results, over-reduction of Fe3O4 to FeO might have occurred, resulting in lower 

content of the active magnetite phase on the catalyst surface. 

3- Low lanthana (0.5 wt%) concentrations enhance the onset of reduction of the catalyst at 

reaction temperatures and therefore optimize the extent of reduction to the active Fe3O4 

phase to enhance the rate-determining step. 
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Table 3.10: Kinetic fitting parameters of the Langmuir-Hinshelwood model shown in Equation 2.13 at 400°C. 95% 
confidence intervals are given in brackets next to the corresponding predicted values. 

Catalyst 
ID 

𝒌𝒌 
 (mmol/min) 

𝑲𝑲𝑪𝑪𝑪𝑪 
(L/mol) 

𝑲𝑲𝑯𝑯𝟐𝟐𝑪𝑪 
(L/mol) 

𝑲𝑲𝑪𝑪𝑪𝑪𝟐𝟐 
(L/mol) 

𝑲𝑲𝑯𝑯𝟐𝟐 
(L/mol) 

0La 5.6  
(±1.0) 

600  
(±90) 

1300 
(±600) 

4100 
(±3000) 

4100 
(±3000) 

0.5La 8.0  
(±2.0) 

930  
(±200) 

1600  
(+1500/-1100) 

6000 
(±5000) 

6000 
(±5000) 

5La 2.8  
(±0.4) 

370  
(±60) 

720  
(+200/-160) 

1500 
(±1400) 

1500 
(±1400) 

 

Table 3.9 shows the Langmuir-Hinshelwood parameters obtained from the nonlinear 

regression.  Statistically, the confidence intervals on some of the parameters are relatively large 

due to limited range of the variables and the number of data points used in the regression 

analysis.  The values of 𝐾𝐾𝐶𝐶𝐶𝐶 for the different catalysts have the most accurate (smallest) 

confidence region.  The uncertainty in 𝐾𝐾𝐻𝐻2𝐶𝐶 is larger on a percentage basis compared to that of 

𝐾𝐾𝐶𝐶𝐶𝐶, leading to the generation of the 95% joint confidence regions shown in Figure 3.10. The red 

dot represents the optimal set of parameters; however, it does not represent the only feasible 

value. There are infinite combinations for the pair of the parameters within the shaded 95% joint 

confidence region, which emphasizes the point discussed at the end of Section 3.1.3 that both 

parameters are dependent on each other and thus the confidence region is an ellipsoid instead of 

a rectangle. The plots in Figure 3.10 show that the values of 𝐾𝐾𝐻𝐻2𝐶𝐶 are larger than those of 𝐾𝐾𝐶𝐶𝐶𝐶 

over the whole range of possible values, assuring that the model shows that CO adsorbs less 

strongly than water.  The contour plots also indicate that for 𝐾𝐾𝐶𝐶𝐶𝐶 and 𝐾𝐾𝐻𝐻2𝐶𝐶, the former is largest 

for the 0.5La catalyst and the latter is largest for the 0La catalyst by comparison of the lower 

range of each respective axis in Figures 3.10a and 3.10b. Furthermore, analysis of the shape of 

these 95% confidence regions indicates that both parameters in the LH model are positively 
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correlated, meaning that a higher value of 𝐾𝐾𝐶𝐶𝐶𝐶 is generally associated with a higher value of 

𝐾𝐾𝐻𝐻2𝐶𝐶 and vice versa. The values of the product adsorption equilibrium constants, 𝐾𝐾𝐶𝐶𝐶𝐶2 and 𝐾𝐾𝐻𝐻2, 

are included in Table 3.9 for completeness, despite their large uncertainty ranges, which are due 

to the low product concentrations (generally <10 mol%) that resulted from the approach to 

differential conversion conditions of the kinetic data used for the regression analysis.  Studies on 

the reverse WGS reaction are required to provide more accurate and statistically reliable 

adsorption equilibrium constants for the products. 
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Figure 3.10: 95% joint confidence regions for the adsorption equilibrium constants of CO and H2O for (a) 0La, (b) 0.5La, 
and (c) 5La catalysts. The dot indicates the optimum set of parameters while the shaded region indicates the feasible space 
of the parameters. 
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The power-law model provided the best fit of the data, but without providing significant 

mechanistic insight.  Table 3.10 contains the power law kinetic parameters, which show that the 

reaction is positive order (~1) with respect to CO and zero order with respect to water.  This 

independence of the rate on water (and the negative order for the 5La catalyst) can be well 

explained from the previous observations from the Langmuir-Hinshelwood model, where the 

adsorption equilibrium constant for water is larger than that for CO, indicating that water binds 

more strongly to the surface, thereby covering many of the surface sites and inhibiting the 

reaction. The 5La catalyst appears to have fewer sites available for binding and therefore the 

effect of water is worse. The highest positive order in CO is observed for the 0.5La catalyst 

because it favors CO adsorption more than the other two catalysts, as proposed by the LH model.  

The negative order of the products is justified by the reverse reaction competing for active sites 

and inhibiting CO adsorption and thus the overall rate of reaction, with the 0.5La catalyst having 

the largest negative orders due to its highest activity and CO conversion.  The values of 𝛽𝛽𝑟𝑟𝑒𝑒, 

which is the fractional approach to reaction equilibrium, are on the order of 10-3, showing that 

the WGS reaction under the tested conditions was far from equilibrium, as expected for the 

approach to differential reaction conditions. 

Table 3.11: Kinetic fitting parameters for the power-law model shown in Equation 2.18 at 400°C. 95% confidence 
intervals are given in brackets next to the corresponding predicted values. 

Catalyst 
ID 

k 
(mol1-m-n-p-q/(Lm+n+p+q·min)) 

𝒎𝒎 
 

𝒏𝒏 
 

𝒔𝒔 
 

𝒒𝒒 

0La 0.0020 (± 0.0003) 1.02 (± 0.03) 0.11 (± 0.04) -0.30 (± 0.02) -0.30 (± 0.02) 

0.5La 0.0088 (±0.0010) 1.50 (± 0.03) 0.09 (± 0.03) -0.42 (± 0.02) -0.42 (± 0.02) 

5La 0.0014 (±0.0002) 0.85 (± 0.04) -0.17 (± 0.04) -0.13 (± 0.02) -0.13 (± 0.02) 

 

Further understanding of the WGS mechanism is provided by analyzing the results of the 

Eley-Rideal model, despite the worse fit compared to the LH model.  Figure 3.11 shows the 
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parity plot for the 0La catalyst in which either H2O or CO is chosen as the adsorbing species.  

The poor Eley-Rideal model fits suggest that the adsorption steps of both species are important 

in the WGS mechanism on these catalysts, which provides additional support for the LH model.  

This study has applied the general LH, redox, and Eley-Rideal models to examine the effect of 

lanthana on kinetic parameters of the generalized rate law models, but detailed and more 

accurate mechanistic studies based on isotopic tracer testing is outside the scope of this project.  

Further, the LH model could be empirically modified to include power dependencies of rate on 

the concentrations, depending on the elementary steps proposed and the intermediate species 

considered to outline the mechanism, as shown elsewhere [1, 50-55], but again was not justified 

within the purposes of the work. 

 

Figure 3.11: Eley-Rideal model fit for 0La catalyst with either H2O adsorbing and CO non-adsorbing or CO adsorbing 
and H2O non-adsorbing. 
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3.2.7 Summary of the High-Temperature Water-Gas Shift Work 

The effect of small amounts (<5 wt%) of lanthana addition to standard Fe2O3/Cr2O3/CuO 

high-temperature water-gas shift catalysts was investigated.  The results showed that 0.5 wt% 

addition of lanthana produced a more stable and active catalyst with larger surface area after 

reaction.  Lanthana addition beyond 0.5 wt%, however, had the opposite effects.  

Characterization techniques performed on the used catalysts suggest that these results are 

primarily due to structural changes as lanthana first integrates with and then disrupts the iron-

chromium spinel structure.  TPR results show that the most active catalyst with 0.5 wt% lanthana 

is also more easily reduced at lower temperatures; however, increased lanthana content causes 

the catalyst to be more reducible on a hydrogen consumption basis at higher temperatures.  

Fitting the kinetic data to Langmuir-Hinshelwood, Eley-Rideal, redox, and power-law rate 

models suggests that the reaction follows an adsorptive, Langmuir-Hinshelwood mechanism.  

The adsorption equilibrium constant of CO was largest for the catalyst with 0.5 wt% lanthana, 

indicating that lanthana possibly facilitates the adsorption of CO on the catalyst surface.  Water 

inhibits the reaction, apparently due to strong adsorption on the catalyst surface. 
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CHAPTER 4. Extent of Reduction Study on Unsupported High-
Temperature Water-Gas Shift Catalysts Using UV-Visible Spectroscopy 
 
 
 

This chapter presents the experimental work, results, and discussion of the effects of 

lanthana on the extent of reduction (EOR) of unsupported iron-based WGS catalysts using UV-

vis light absorbance along with mass spectrometry and X-ray absorption near edge spectroscopy 

(XANES) analysis. This study presents temperature-programmed reduction (TPR) profiles of 

iron WGS catalysts with varying amounts of lanthana and correlates them to in-situ UV-vis 

absorbance measurements. The Kubelka-Munk function is used to calibrate the UV-vis response 

to extent of reduction (EOR), or oxidation state of iron, determined by the TPR profiles. The 

resultant calibration curves are applied to scans performed on operating WGS catalysts to 

determine the effect of lanthana on the extent of reduction of these catalysts. The final results are 

compared with data acquired from XANES.  

 

4.1 Experimental Methods and Apparatus 

The experimental procedure for this study involved a set of temperature-programmed 

oxidations (TPO) with air and temperature-programmed reductions (TPR) with H2 monitored 

using a UV-visible spectrophotometer and a mass spectrometer (MS). The used catalysts were 

analyzed with XRD for bulk iron phase. The flow diagram in Figure 4.1 shows these steps in 

order.   
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Figure 4.1: Flow diagram of the experimental procedure for the extent of reduction study of HT WGS iron-based 
catalysts. 

 

4.1.1 Temperature-Programmed Reduction and Oxidation 

A brief description of TPR experiments was given in Section 3.1.2.4 of the previous 

chapter. This section describes the oxidation as well as the reduction processes more thoroughly.  

The catalysts, prepared by co-precipitation, as described in Section 3.1.1, contain varying 

amounts of lanthana added at the expense of iron(III) oxide.  The five catalysts have (88 - x) 

wt% Fe2O3, 8 wt% Cr2O3, 4 wt% CuO, and x wt% lanthana, where x = 0, 0.5, 1, 2, and 5, and are 

designated as 0La, 0.5La, 1La, 2La, and 5La, respectively.  Initially, 40 mg of catalyst were fully 

oxidized in flowing air (Zero Air, Airgas) at 30 sccm for 60 to 90 minutes at 450°C and then 

cooled to room temperature. The temperature ramp for the heating and cooling was 10°C/min.  

The flow rate of air was controlled by a calibrated 100 sccm rotameter (Omega).  TPR’s were 

performed in 10 mol% H2/Ar (5 sccm of H2 (99.95%, Airgas) and 45 sccm of Ar (99.997%, 

Airgas)) for 3 h and a temperature ramp of 10°C/min from room temperature to 450°C.  The 

flow rates of H2 and Ar were controlled using calibrated mass flow controllers (Porter 

Initial oxidation of 
fresh catalysts 

TPR 1 
(UV-vis and MS 

analysis) 

TPO 1 
(UV-vis and MS 

analysis) 

TPR 2 
(UV-vis and MS 

analysis) 
XRD 

EOR fresh 
catalysts under HT 
WGS (UV-vis and 
XANES analysis) 
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Instruments 201).  The temperature was not increased beyond 450°C for all experiments due to 

limitations on the heater used. Hydrogen consumption was quantified via concomitant mass 

spectrometry (MKS Cirrus 100).  Following the first TPR (TPR 1), the samples were reoxidized 

(TPO 1) in flowing air at 30 sccm for 3 h at a temperature ramp of 10°C/min from room 

temperature to 450°C.  A similar procedure was followed by a second TPR (TPR 2) to check the 

cyclic reducibility of the catalysts.  All experiments were performed at atmospheric pressure.  

Hydrogen consumption was quantified by integrating the areas under the peaks from the mass 

spectrometer data relative to a calibrated baseline.  The following reactions were used to quantify 

the reduction due to hydrogen consumption: 

3𝐹𝐹𝑅𝑅2𝑦𝑦3 + 𝐻𝐻2 ⇌ 2𝐹𝐹𝑅𝑅3𝑦𝑦4 + 𝐻𝐻2𝑦𝑦(𝑔𝑔) (First reduction phase)                 (4.1) 

𝐹𝐹𝑅𝑅2𝑦𝑦3 +  3𝐻𝐻2 ↔ 2𝐹𝐹𝑅𝑅 + 3𝐻𝐻2𝑦𝑦(𝑔𝑔)  (Overall reduction)                  (4.2) 

 

4.1.2 In-Situ UV-Visible Experiments 

A diffuse reflectance UV-visible spectrophotometer (Varian Cary 4000) with a high-

temperature reaction chamber (Praying Mantis™ model HVC-VUV-4, Harrick Scientific) was 

used for this study.  Diffuse reflectance detection is an important property of the 

spectrophotomer because it collects the light scattered from the rough surfaces of the powdery 

catalysts and minimizes any directly reflected light that could result in noisy data, and thus 

enhances the signal-to-noise ratio [115]. The technique involves a source of light (tungsten lamp 

for visible light and deuterium lamp for UV light), a monochromator that allows light of specific 

wavelengths to pass, a sample holder where the sample sits, a set of mirrors that either focus the 

light on the sample or collect the light scattered from the sample, a photomultiplier detector that 

receives the scattered light from the mirrors and converts the light signal to a digital signal, and 
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computer software that displays the reading. The software provided by Varian included a Scan® 

program that displays absorbance as a function of wavenumber and a Kinetics® program that 

displays absorbance as a function of time at a specific wavenumber. The Harrick Praying Mantis 

Cell attached to the UV-vis spectrophotometer focuses the incident light on the catalyst, which 

absorbs part of the light and scatters the rest and the mirrors collect the scattered light and direct 

it to the detector. Illustrations of the instrumentation used are shown in Figures 4.2 and 4.3.  

 

Figure 4.2: An illustration of Varian Cary 4000 UV-vis spectrophotometer given by Varian Corporation [116]. 
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Figure 4.3: Harrick Praying Mantis Cell [117]. 

40 mg sample of catalyst, sieved to 100-250 μm agglomerate particle size, was placed in 

a cup holder and supported on a quartz frit with ~100 μm pores to provide flow uniformity.  The 

surface of the sample was smoothened to give the best possible optical data. Instead of using the 

standard magnesia or Teflon reference for the Kubelka-Munk (K-M) function, the intensity of 

light collected from the sample surface was normalized relative to that of the fully oxidized 

sample at room temperature.  During TPR and TPO experiments, absorbance data were collected 

using Varian Kinetics® software and hydrogen/oxygen consumption data were collected using 

the MKS mass spectrometer. The data obtained from the Kinetics® program were absorbance vs. 

time at 12,500 cm-1 (800 nm), which provided the most sensitivity during prior scans across the 

light spectrum from 12,500 cm-1 to 50,000 cm-1 (200 nm), for each temperature-programmed 

reduction and oxidation process.  Subsequent scans collected K-M absorbance vs. light energy 

over the 12,500 to 50,000 cm-1 (800 nm to 200 nm with 2 nm per second steps) spectrum after 

the temperature of the catalyst sample cooled to room temperature.  K-M values were calibrated 

against quantified extent of reduction obtained during simultaneous TPR measurements, as 

described in the previous section.  Statistical analysis was performed on the parameters of the 

calibration using non-linear fitting tools available in R™ programming language (R Development 
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Core Team, v. 2.13.0) with 1000 points to acquire and plot the 95% confidence regions.  The 

used catalyst samples were retained for further analysis. 

 

4.1.3 High-Temperature Water-Gas Shift Reaction 

UV-vis scans were collected for reduced samples under HT WGS conditions at 400°C 

and atmospheric pressure after different reaction times.  The temperature ramp was 10°C/min. 

The fresh calcined catalyst was first pretreated for 2 h with a mixture of 12.5 sccm H2, 2.1. sccm 

CO (99.995%, Airgas), and 25 sccm Ar that was saturated with distilled water bubbler prior to 

entering the UV-vis reactant chamber. H2 flow was shut off after WGS reduction to proceed with 

the HT WGS reaction. The partial pressure of water was assumed to be 3.2 kPa, which is the 

water saturation pressure at room temperature.   

 

4.1.4 XRD, EDS, and SEM Characterization 

 Powder XRD, EDS, and SEM analyses were performed on used samples after TPR and 

TPO experiments to determine the major bulk phase of iron in the catalysts. Details about XRD 

technique are presented in Section 3.1.2.3 while a detailed description about EDS and SEM is 

given in Section 3.1.2.2.    

 

4.1.5 XANES (X-Ray Near-Edge Spectroscopy) Characterization 

XANES experiments were performed on the X18A beamline at the NSLS at Brookhaven 

National Laboratory (NY, USA).  Beamline X18A is a bending magnet line, which uses a Si {1 1 

1} channel-cut monochromator and a rhodium-coated toroidal focusing mirror to provide a ~1.0 

mm (horizontal) and ~0.5 mm (vertical) spot size with a flux of ~2.5x1011 photons/s at 10 keV.  
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After alignment using the spectra obtained from an Fe foil in the reference ion chamber, three 

consecutive scans were averaged and recorded simultaneously with those of the sample.  

Samples and reference compounds were diluted with boron nitride to achieve an edge jump of ~1 

and encapsulated between two Kapton foil sheets. 

 

4.2 Results and Discussion 

This section reports the results of the characterization and UV-vis experiments, showing 

how the UV-vis absorbance data can be calibrated against surface EOR of iron, discussing EOR 

of 0La and 1La catalysts after WGS treatment, and comparing EOR results with those acquired 

from XANES. 

 

4.2.1 Temperature-Programmed Reduction and Oxidation (TPR and TPO)  

The full TPR profiles as functions of time and temperature for the five catalysts with 

varying quantities of La are shown in Figure 4.4.  Two peaks were observed during the reduction 

of the catalysts with H2, in which the first peak corresponds to the reduction of Fe2O3 to Fe3O4, 

CuO to Cu, and possibly Cr6+ to Cr3+, while the second peak is attributed to the reduction of 

Fe3O4 to FeO and metallic Fe [34,36,112,113]. The second peak is much larger than the first 

peak because it requires 8 times the amount of H2 to reduce Fe3O4 to Fe compared to Fe2O3 to 

Fe3O4. As presented in Section 3.2.4 and as shown in Figure 4.4, the 0.5La catalyst was the 

easiest to reduce of the catalysts containing La, as determined by the maximum of the first 

reduction peak occurring at the lowest temperature (~219°C). 
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Figure 4.4: First temperature-programmed reduction profiles of all the catalysts (TPR 1, 10 mol% H2/Ar, total flow = 50 
sccm, ramp rate = 10 °C/min).  0.5La catalyst starts reducing at the lowest temperature. 

The maxima of the second peaks occur at almost the same times (temperature) for all the 

catalysts due to the temperature limitation.  Table 4.1 shows the extent of reduction (EOR) for 

each of the catalysts. Hydrogen consumption increases with La content for the first reduction 

phase and is approximately the same for the second reduction phase (within the ±5% error for 

this experiment). 
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Table 4.1: Extent of reduction of all catalysts for TPR 1 and TPR 2 (10 mol% H2/Ar, total flow = 50 sccm). 

Catalyst ID TPR 1 (first peak) 
% EOR to Fe3O4 

TPR 1 (both peaks) 
% EOR to Fe 

TPR 2 
% EOR to Fe 

0La 42 82 42 
0.5La 53 78 72 
1La 67 85 53 
2La 79 89 N/A 
5La 82 89 57 

 

However, even the uncertainty is considered, 2La and 5La appear to consume more hydrogen 

than 0.5La.  This is explained in terms of the stabilized iron-chromium spinel that is formed in 

the 0.5La catalyst after it is reduced to the active magnetite form. Therefore, the 0.5La catalyst 

has a higher extent of reduction to magnetite than the 0La catalyst, but a lower extent of 

reduction to Fe than the 1 La, 2La, and 5La catalysts.  Furthermore, the 2La and 5La catalysts 

start consuming hydrogen with the second peak later (i.e., at higher temperatures) possibly due to 

lanthana covering iron domains making them less accessible.  The 2La and 5La catalysts 

consume more hydrogen than the 0.5La catalyst, possibly due to a disrupted spinel structure and 

loss of strong interaction between Fe and other elements (such as Cr), which make the catalysts 

more reducible in terms of hydrogen consumption, as discussed in the previous chapter. 

Following an intervening full oxidation, the overall extent of reduction data during TPR 2 

show a different trend.  The maximum hydrogen consumption is now observed for the 0.5La 

catalyst, while 0La consumes the least and 1La and 5La consume less than 0.5La.  The TPR 2 

profiles, plotted in Figure 4.5, show that the peaks appear at higher temperatures (~300°C for the 

first peak and ~400°C for the second peak), with the second peak being much smaller than the 

first, as the heating does not go beyond 450°C, suggesting that the catalysts have been stabilized 

after the first TPR/TPO cycle. The 0.5La and 1La catalysts start consuming H2 at 30-40°C lower 
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temperatures (3-4 minutes earlier) than the other catalysts.  However, the 0.5La catalyst ends up 

consuming more hydrogen than the other samples by the time the temperature reaches 450°C (at 

approximately 43 minutes).  This ease and extent of reducibility is correlated to the overall WGS 

reaction rates and catalytic stability previously reported for these catalysts in Section 3.2.5. 

 

 
Figure 4.5: Second temperature-programmed reduction profiles of most of the catalysts (TPR 2, 10 mol% H2/Ar, total 
flow = 50 sccm, ramp rate = 10 °C/min).  0.5La catalyst has the highest hydrogen consumption. 

The results of TPR 2 are significant because the 0.5La catalyst is a better catalyst 

candidate for re-use, as it has been deactivated the least.  In fact, the extent of reduction for the 
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0.5La catalyst calculated from TPR 2 is 8% lower than that calculated from TPR 1, while those 

of the other catalysts are approximately 35% - 50% lower.  The decreased reducibility of the 

catalyst comes as result of possible sintering and deactivation of the catalyst after TPR 1 

treatment at 450°C for 3 h, consistent with the surface area data before and after reaction 

presented in Table 3.4.  Qualitatively, these results also agree very well with what has been 

reported previously on the stability of the catalysts, where the WGS reaction rate decreased by 

11% for the 0.5La catalyst after 120 h under reaction conditions compared to 20 – 25 % for the 

other catalysts.  The promoting effect of lanthana in lowering the reduction temperature observed 

with the first and second peaks in TPR 1 is attributed to a stabilized spinel that starts forming at 

lower temperatures in the 0.5La catalyst and continues to consume H2 until the hematite is 

reduced to magnetite.  Further addition of lanthana appears to disrupt the spinel once formed, 

and possibly cover the surface, making the Fe domains less accessible to H2, thus requiring 

higher temperatures for the catalysts to be reduced. 

Previous XRD analysis has shown that the iron phase in the fresh calcined catalysts is 

ferrihydrite (see Section 3.2.2 and Figure 3.5). Similar plots were obtained for the other catalysts. 

Therefore, water is produced during the initial oxidation as the ferrihydrite transforms to 

hematite.  Oxygen is consumed during TPO 1 to form hematite after the catalysts have been 

reduced during TPR 1.  The amount of oxygen consumed for TPO 1 for the 0La catalyst is 80% 

of the hypothetical value required for full oxidation of metallic Fe to Fe2O3, which is in good 

agreement with the extent of reduction calculated from TPR 1 (82%). 

4.2.2 Powder X-Ray Diffraction (XRD) Analysis 

XRD spectra were collected for a specific set of samples post reduction/oxidation 

treatments, as shown in Figures 4.6 and 4.7. The spectra in Figure 4.6 qualitatively show that the 
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major iron phases in the catalysts post TPR 1 and TPR 2 are a mixture of metallic Fe and 

magnetite, based on comparison with the International Centre for Diffraction Data (ICDD) 

database.  However, the peak at 44.7°, which is representative of metallic Fe, is much less 

intense and essentially negligible for the samples post TPR 2, when compared to the other 

samples post TPR 1.  These results are in good agreement with the TPR trends discussed in the 

previous section, where the extent of reduction for TPR 2 is 50% lower than that for TPR 1 for 

the 0La and 5La samples.  No peaks for FeO were detected in the XRD patterns because Fe3O4 

and Fe are more thermodynamically stable than FeO for these shift catalysts at 400 – 450 °C 

[118]. The peaks of metallic Fe for the samples post TPR 2 are not intense compared to the peaks 

observed with samples post TPR 1, indicating a lower content of Fe and hence a lower extent of 

reduction. There are slight shifts to the left in the diffraction peaks at 57° and 62.5° for the 1La 

and 2La catalysts post TPR 1, and a clear left shift in the peaks at 35.5°, 57°, and 62.5° for the 

5La catalyst post TPR 2, indicating larger lattice parameters and therefore larger unit cells for 

Fe3O4, suggesting incorporation of the larger La3+ ions.  This trend is similar to that observed 

with the samples post WGS reaction [see Section 3.2.2].  The crystallite sizes, reported in Table 

4.2, were calculated using the Scherrer equation from the representative peaks of Fe3O4 at 35.5°, 

57°, and 62.5°. 

 
Table 4.2: Crystallite sizes of some samples post TPR 1/TPR 2. 

Catalyst ID Crystallite Size (nm) 
0La post TPR 1 26 

0.5La post TPR 1 26 
1La post TPR 1 24 
2La post TPR 1 22 
0La post TPR 2 18 
5La post TPR 2 19 
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Figure 4.6: XRD patterns of catalysts after temperature-programmed reduction treatments (TPR 1and TPR 2).  Metallic 
Fe is the major form of iron in samples after TPR 1.  The peaks for metallic Fe are less intense for samples after TPR 2. 

 

The 2La catalyst has the smallest crystal size among all the samples post TPR 1, corresponding 

to the less crystalline, intense, and broader Fe3O4 peaks.  The crystallite sizes for the samples 

post TPR 2 are even smaller than those post TPR 1, indicating that the samples are not as 

crystalline after TPR 2, after they have experienced one reduction and oxidation cycle at the 

experimental conditions.  This provides insight into the reusability of the catalysts and how well 

they maintain their structures after they have been activated and treated at high temperatures.  

The peaks for Fe at 44.7° are too narrow for accurate crystallite size calculations, but indicate 

crystallite sizes in excess of 50 nm. 

Figure 4.7 compares the XRD spectrum for the 0La catalyst post TPO 2 with the 

reference hematite spectrum from the ICDD database.  Clearly, the major iron oxide phase in the 
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bulk of the catalyst is hematite, thus iron is in the +3 oxidation state after full oxidation of the 

catalyst.  However, a small peak at 30.2° indicates that Fe3O4 is still present in the bulk, but its 

intensity is negligible compared to the peaks of hematite. 

 
Figure 4.7: XRD pattern of 0La catalyst after the final temperature-programmed oxidation. The catalyst is oxidized with 
Fe2O3 as the major bulk phase of iron. 

 

4.2.3 Operando UV-visible Spectroscopy  

4.2.3.1  Absorption vs. Time Spectra 

Diffuse reflectance light absorption data collected simultaneously with the data from the 

mass spectrometer show comparable results.  Figure 4.8 shows the absorption signal response at 

12,500 cm-1 as a function of time for the 0La, 0.5La, and 1La catalysts from the beginning of the 

reduction processes (TPR 1 and TPR 2) at room temperature to the maximum temperature of 

450°C. 
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Figure 4.8: Kinetic spectra (absorbance vs. time) for the 0La,  0.5La, and 1La catalysts during TPR 1 and TPR 2.  The 
absorbance signal increases simultaneously with the increase of the hydrogen consumption signal from the mass 
spectrometer. 

 

The signals from the UV-vis spectrophotometer and mass spectrometer change simultaneously at 

the same temperature during the reduction processes.  During TPR 1, there is a clear continuous 

increase in the UV-vis absorption signal as time proceeds.  The jump occurs in 2 steps, for which 

the first step starts at around the 21-minute mark (about 230°C), while step 2 starts at around the 

28-minute mark (about 300°C).  The timings of steps 1 and 2 match with the times at which the 

H2 signal from the mass spectrometer starts to show hydrogen consumption for the first and 

second reduction phases, respectively.  On the other hand, only a long 1-step jump is observed at 

around the 32-minute mark (about 340°C) for the 0La catalyst and around the 28-minute mark 

(about 300°C) for the 0.5La and 1La catalysts during TPR 2, which corresponds to the hydrogen 

consumption peaks shown by the mass spectrometer where the second peak is small and 
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negligible compared to the first one.  However, the absorbance signal for TPR 2 increases over a 

broader range of time, unlike that for TPR 1, which is sharper.  The increase in the absorbance 

signal at 12,500 cm-1 is apparently due to the combined effect of reduction of Fe2O3 to Fe3O4 and 

metallic Fe, both of which have smaller band gaps than hematite, and the formation of oxygen 

vacancies. 

Figure 4.9 shows the UV-vis absorbance as a function of time for the 0La catalyst post 

TPR 1, TPO, and TPR 2 on the same scale. The absorbance signal increases during the TPR 

experiments, while it decreases as the catalyst oxidizes during TPO.  The asymptotic absorbance 

signal attained during TPR 2 is lower than that reached during TPR 1, indicating a lower extent 

of reduction.  However, the absorbance signal starts with a lower value for TPR 2 compared to 

that for TPR 1.  A possible explanation for this behavior is sintering of the particles due to 

thermal effects of the initial TPR and TPO. Furthermore, the absorbance at which TPO 1 ends is 

not the same as the signal at which TPR 2 starts (see Figure 4.9) due to temperature effects 

which are depicted in Figure 4.10. The same effect is observed for the signals at the end of TPR 

1 and beginning of TPO 1. One process ends at 450°C while the other starts at 25°C. The effect 

of temperature can be explained as follows: higher temperatures increase the surface vibrational 

and rotational modes and therefore increase the absorbance [119]. 
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Figure 4.9: Kinetic spectra (absorbance vs. time) for the 0La catalyst during TPR 1, TPO 1, and TPR 2 combined on the 
same coordinates. 

 

 
Figure 4.10: Absorbance scans of a fully oxidized 1La sample obtained at 22°C and 450°C.  Higher temperatures cause 
the absorbance signal to increase. 

 The UV-vis spectroscopic analysis discussed in subsequent sections has been performed 

primarily on the 0La, 0.5La, and 1La catalysts because they produced the highest WGS rates 

reported in Chapter 3. Besides the activity trend, unexpected absorbance responses were 

observed for the 2La and 5La catalysts during TPR experiments. The spectra for the 2La and 5La 
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catalysts are plotted in Figure 4.11 to accentuate the different behaviors they show. Under 

normal TPR conditions (10 mol% H2/Ar, total flow = 50 sccm), both catalysts do not show 2-

step jumps corresponding to the two H2 consumption peaks observed by the mass spectrometer 

signal. Furthermore, the absorbance signal decreases for both catalysts after an expected increase 

once they start reducing. Therefore, a third experiment was performed on the 2La catalyst under 

severe reducing conditions (50 mol% H2/Ar) to ensure that this unusual behavior is not due to re-

oxidation of the catalyst. The response is slightly different as the 2-step jump is now apparent, 

yet there is still a clear decrease in the absorbance signal after the second step. Moreover, the 

XRD pattern for the 2La catalyst post TPR 1 (shown in Figure 4.6) is expected based on the 

reduction conditions, with the presence of intense peaks for metallic Fe, suggesting that the 

catalyst has not been unintentionally re-oxidized at the end of TPR 1.  

 
 

 
Figure 4.11: Kinetic spectra (absorbance vs. time) for the 2La and 5La catalysts during TPR 1. Absorbance signals drop 
down after the catalysts start reducing. 

 EDS analysis was performed on some samples post TPR 1 in order to further analyze and 

understand the causes of this behavior.  EDS spectra are available in Appendix D. A notable 
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difference between the high-content lanthana catalysts (2La and 5La) post TPR 1 and the other 

samples (0La, 0.5La, 1La) post TPR 1 is the presence of sodium in these two catalysts, which 

remains from the catalyst synthesis using sodium hydroxide, despite repeated washing after 

synthesis.  Sodium exists in larger amounts in the 2La and 5La catalysts, but the EDS peak was 

much less intense in the calcined 2La sample than it is in the reduced sample.  Therefore, once 

these two catalysts start reducing, the sodium ions in the bulk appear to become more mobile and 

move to the surface of the catalyst, affecting the absorbance signal.  Considering the reduction 

potentials of Na+ to Na (-2.71 V) and Fe3+ to Fe (0.33 V) [103], sodium is most probably present 

in its oxide or peroxide forms, which are white or light yellow compounds at the conditions of 

the TPR experiments.  The appearance of oxides of sodium on the surface of the 2La and 5La 

catalysts during reduction is the probable explanation for the decreasing absorbance signal.  

Despite all of the catalysts being identically prepared and washed, the 2La and 5La catalysts 

retained more sodium.  As a result, all further UV-visible spectra analyses are reported for the 

0La, 0.5La, and 1La catalysts only. 

 

4.2.3.2  Kubelka-Munk Scans and Calibration 

The previous results presented in Section 4.2.3.1 show that light absorbance at 12,500 

cm-1 is affected by the extent of reduction of the WGS catalysts.  Scans across the UV-vis 

spectrum (K-M function values vs. wavenumber) are plotted in Figure 4.12 for the 0La catalyst.  

The reference for the modified K-M scan is a fully oxidized sample of each catalyst.  The values 

of the normalized absorbance are the same as the K-M values when the catalysts are scanned 

under normalized absorbance scans, suggesting that the scattering term has minimal effect on the 

K-M function during the TPR and TPO experiments.   
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Figure 4.12: Kubelka-Munk scans for the: (a) 0.5La catalyst post TPR 1, (b) 0La catalyst post TPR 1, (c) 1La catalyst post 
TPR 1, (d) 0.5La catalyst post TPR 2, (e) 1La catalyst post TPR 2, (f) 0La catalyst post TPR 2, (g) 0La catalyst post TPO 
1, (h) 0.5 La catalyst post TPO 1, and (i) 1La catalyst post TPO 1. The K-M values are higher for the more reduced 
samples and nearly zero for the fully oxidized samples. 

 These spectra are interpreted as follows. Figure 4.11 shows the temperature dependence 

of the spectra, with a lower absorbance signal at room temperature than that at 450°C. In order to 

avoid temperature effects on the absorbance signal, all K-M and baseline scans were acquired at 

room temperature for analysis. Furthermore, according to Figure 4.11, there is an absorption 

band centered around 17,500 cm-1, or 2.2 eV, for the oxidized catalyst, which apparently is due 

to the band gap in Fe2O3 [63,120-122].  

 Since the K-M function is proportional to absorbance, the K-M value for each catalyst 

post TPR 1 is higher than those post TPR 2, which correlates to the differences in the extent of 

reduction from Fe2O3 to metallic Fe, as shown in Figure 4.12, and which is in agreement with the 

TPR results presented in Section 4.2.1.  Furthermore, the 0La catalyst post TPR 2 has the lowest 

K-M value, which corresponds to the least extent of reduction.  The K-M value post TPO 1 for 

the 0La catalyst is essentially zero near 12,500 cm-1, confirming that the catalyst returned to the 
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fully oxidized state that was used as the reference in the K-M function. Absorbance is highest, 

which produces the largest K-M value for each specific spectrum, at 12,500 cm-1, or 1.5 eV, 

because the reduced catalysts (primarily Fe or Fe3O4, which have no band gaps) absorb more 

light at this energy relative to the reference of the fully oxidized catalyst (primarily hematite). 

Figure 4.13 shows the K-M scans for the 0La catalyst over a wider range of wavenumbers to 

display other absorption bands at specific wavelengths. According to the spectra in Figure 4.13, 

the absorption bands are centered around 17,500 cm-1 and 21,000 cm-1 for the oxidized 0La 

sample.  The first absorption band at 17,500 cm-1, or 2.2 eV, is due to the band gap in Fe2O3 

[63,120-122], while the second absorption band at 21,000 cm-1, or 2.6 eV, is due to the Fe(3d)  

Fe(3d) transition in hematite:  6A1g +  6A1g  4T1g + 4T1g pair excitation [11,63,122]. For the 0La 

reduced samples, no absorption bands are identified for FeO, which is consistent with the 

absence of FeO in the XRD spectra (see Figure 4.6).  The absorption bands near 22,500 cm-1, or 

2.8 eV, most probably correspond to the 4A2g  4T1g transition of (pseudo-) octahedral Cr3+ [9].  

 

Figure 4.13: K-M scans for the 0La catalyst post TPR 1, TPO 1, and TPR 2.  The values of the Kubelka-Munk function 
(F(R)) are higher for the more reduced samples and zero for the fully oxidized sample at 12,500 cm-1. 
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In order to interpret these K-M values in terms of catalysis, a linearly regressed 

calibration line was generated (see Figure 4.14) to correlate K-M function (independent variable) 

and Fe oxidation state (dependent variable) on the surfaces of each of the three catalysts. 

 
Figure 4.14: Calibration curve of surface Fe oxidation state as a function of Kubelka-Munk values with 10% error bars at 
12,500 cm-1 and using TPR 1 and TPR 2 K-M values for the 0La, 0.5La, and 1La catalysts. 

 
 The slope and intercept of the calibration line with 95% confidence intervals are given in 

Table 4.3, along with the coefficient of determination (r2) value to evaluate the quality of the 

data fit.  The intercept is 3.0, which corresponds to the oxidation state of hematite (the fully 

oxidized phase of the samples, with a corresponding K-M value of zero due to the fully oxidized 

catalyst reference). The results show that the UV-vis technique is sensitive to and can be directly 

calibrated with extent of catalyst reduction with respect to iron.  
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Table 4.3: Slope, intercept, and coefficient of determination for the oxidation states vs. K-M calibration curve. 

Slope Intercept r2 
-6.05 ± 0.39 3.00 ± 0.13 0.977 

 

4.2.3.3  Water-Gas Shift Reaction: In-Situ and Ex-Situ Analyses 

In-situ analysis on the 1La catalyst under varying times of HT WGS shift reaction is 

shown in Figure 4.15, with the scans performed at the reaction temperature of 400°C instead of 

room temperature. 

 
Figure 4.15: In-situ Kubelka-Munk spectra for the 1La catalyst under WGS reaction.  The Kubelka-Munk values are 
higher than the values obtained during TPR experiments [123]. 

 
The K-M values are much higher (80% more) than those post TPR 1, even after accounting for 

the temperature effect on the absorbance signal.  The K-M values significantly increase with 

time as the WGS reaction proceeds.  Prior kinetic results of this work and others with these and 

similar catalysts indicate that they do not approach a steady state activity for about 100 h [124]. 
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Thus, this evolution during the initial 24 h is likely associated with sintering processes that are 

observed as decreasing rate during this initial time. 

Ex-situ analysis, presented in Figure 4.16, was performed at room temperature on the 0La 

and 1La catalysts after 10 days under high-temperature WGS reaction and show similar results: 

the normalized absorbance values are higher than those for TPR 1 and TPR 2 of either catalyst.  

 
Figure 4.16: Ex-situ analysis after 240 h of WGS reaction.  The spectra shown are normalized absorbance for (a) used 0La 
catalyst and (b) used 1La catalyst. 

 
Although carbon deposition on the catalyst surface is a potential explanation for the increasing 

absorbance signal as a function of the WGS reaction time, this possibility has been discounted.  

No CO or CO2 signals were detected during a TPO of the used catalysts in flowing air and no 

iron carbide phase was observed in the XRD and EDS results.  Therefore, catalyst carbiding or 

formation of surface carbon species (e.g., graphite or coke) does not appear to occur.  The 

apparent explanation is that there are morphological changes to the catalysts once steam is 

introduced in the feed.  This was manifested by a physical change to the catalysts, which appear 
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to expand and fracture when exposed to water during WGS conditions.  Since the K-M function 

is an absorbance to scattering ratio, morphological changes likely change the ratio of the 

absorbed and scattered (or diffusely reflected) light off the surface of the catalyst, which 

accounts for the increase in the K-M values.  SEM analysis, shown in Figure 4.17, demonstrates 

the change in the particle size distribution after WGS treatment, suggesting that introduction of 

water physically alters the shapes of the particles of the catalysts. In contrast, the particle size 

distribution after TPR treatments remains almost the same. 

 

 

Figure 4.17: SEM images of calcined fresh 0La catalyst (top left), used 0La catalyst after WGS treatment (top right), and 
used 0La catalyst after TPR 1 treatment (bottom).  The images show a change in particle size distribution after the 
catalyst was treated under HT WGS reaction conditions but not a significant change with TPR treatment. 
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Although the direct correlation between reduced centers and absorbance was not possible 

due to the morphological changes to the catalyst, the use of UV-vis spectroscopy to quantify 

extent of reduction should be broadly applicable to other, more physically stable catalysts.  These 

studies will be presented in a future work. 

However, in order to use of the calibration curve in Figure 4.14 and to apply it to quantify 

the reduced centers of the catalysts post WGS treatment, the ratio of normalized absorbance 

(which is the ratio of the K-M values excluding the scattering term) for both catalysts after WGS 

reaction has been compared with the slope of the calibration curve.  This ratio of absorbance 

between two catalysts is an attempt to cancel out the surface disturbance to the signal cause by 

the smaller particle size distribution. This analysis presumes that the same morphological 

changes are occurring for all of the catalysts during the WGS reaction, which appears to be the 

case based on analysis of the SEM images. Taking the ratio of the normalized absorbances 

yields, 

(3 − 𝑦𝑦1)
(3 − 𝑦𝑦0)� =  𝑥𝑥1 𝑥𝑥0�              (4.3) 

where 𝑦𝑦0and 𝑦𝑦1 are the oxidation states of Fe in the 0La and 1La catalysts, respectively, and 𝑥𝑥0 

and 𝑥𝑥1 are the K-M values for the 0La and 1La catalysts (which are equal to normalized 

absorbance values for which these calibration lines were derived), respectively.  The ratio of the 

normalized absorbance at 12,500 cm-1, 𝑥𝑥1 𝑥𝑥0� , post WGS treatment gives a value of 1.6 ± 0.16.  

Figure 4.18 correlates the ratio on the left-hand side of Equation 4.3 to different ratios of 

normalized absorbance within the 95% confidence of the fitted slopes for both catalysts. 
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Figure 4.18: The ratio of surface Fe oxidation states in 1La to the oxidation state in 0La as a function of the ratio of the 
normalized absorbance.  The figure shows the 95% upper and lower bounds of the regression. 

 
Although these results do not give full quantification for the oxidation state of Fe on the 

surface during the WGS reaction, they correlate the oxidation state of Fe on the surface of the 

1La catalyst to that on the surface of the 0La catalyst.  If the value for the oxidation state of Fe in 

0La is +2.57 (obtained from XANES spectra, shown in the next section), then the predicted value 

for the oxidation state of Fe in 1La is +2.31 ± 0.07. 

These findings are consistent with the activity pattern reported in Section 3.2.5. The 

0.5La catalyst had the highest WGS activity, which in this study also displayed higher extent of 

reduction from Fe2O3 to Fe3O4 than the 0La catalyst and a lower extent of reduction from Fe2O3 

to Fe than the 1La, 2La, and 5La catalysts, presumably because its spinel structure was better 

maintained and stabilized. This suggests that addition of 0.5 wt% of lanthana maximizes the 

content of the active magnetite phase under reaction conditions. 
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4.2.3.4  X-Ray Absorption Near-Edge Structure (XANES) Spectra Compared to UV-
Visible Spectra 
 

The XANES spectra of the 0La and 1La samples after WGS reaction, along with those of 

reference compounds, iron (II, III) oxides and metallic iron, are shown in the Figure 4.19. 

Inspection of the spectral features, in particular, the position of the pre-edge feature and the 

position of the main edge suggest that oxidation state of iron in the samples is close to that of 

magnetite (+2.66), which is consistent with previous reports on iron oxide catalysts during the 

WSG reaction [125]. 

 
Figure 4.19: XANES region of the XAS spectra for (i) metal Fe foil; (ii) ferrous oxide, FeO; (iii) magnetite, Fe3O4; (iv) 
hematite, Fe2O3; (v) 0La sample after WGS reaction; (vi) 1La sample after WGS reaction.  The pre-edge energies for 
both samples are close to the energy of magnetite. 

 

An attempt to fit the XANES spectra of the samples as linear combination of reference spectra 

was unsuccessful, which is not uncommon for non-stoichiometric iron oxides.  Hence, to 

establish the oxidation state of iron in the samples, the approach of Wilke [126] has been applied.  

In this method, the position of the pre-edge features are determined for the reference compounds 
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and plotted as a function of a formal oxidation state (or oxidation state measured independently, 

e.g., by Mössbauer spectroscopy, as proposed by Wilke et al.[126]) and fitting is used to obtain 

the oxidation state for the unknown material.  Figure 4.20 shows the position of the pre-edge 

peaks for all materials plotted as a function of Fe3+/Fe total.  This ratio is zero when the all iron 

is Fe2+ and 1 when the all iron is Fe3+.  Any number between zero and 1 is a combination of the 

+2 and +3 oxidation states.  From the interpolation of this data, the Fe oxidation in the used 0La 

sample is +2.57, while that in 1La is +2.54. 

 

 
Figure 4.20: Interpolation of Fe oxidation state in 0La and 1La samples as a combination of Fe3+ and Fe2+, which is 
predicted to be around +2.57. 

 

Results obtained from the XANES spectra show that the used 1La sample is slightly more 

reduced than the used 0La sample, which is consistent with the UV-vis analysis. However, the 

UV-vis results suggest a greater difference between the oxidation states of Fe near the surface, 

which is not unexpected, considering that XANES detects bulk properties, while UV-vis 

spectroscopy is sensitive to properties near the surface.  Cations near the surface tend to be more 

reduced (lower oxidation state) than those in the bulk of partially reduced metal oxide catalysts 
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[127], especially during the WGS surface reaction.  Therefore, although the XANES analysis 

indicated that the bulk oxidation state of Fe is nearly the same in both samples, they are likely 

slightly different near the surface, as suggested by the UV-visible results.  As shown in the 

previous section, if the oxidation state of Fe near the surface is +2.57 for the 0La sample, then 

the results from the UV-vis spectra calibration suggest an oxidation state between +2.24 and 

+2.38 for the 1La sample, with a most probable value of +2.31. From these results, UV-vis 

spectroscopy is proposed as a more precise technique for characterizing extent of reduction of 

catalytically active phases near the surface, which are relevant to surface kinetics. 

 

4.3 Summary of Extent of Reduction Study Using UV-Visible Spectroscopy 

A thorough study on the extent of reduction of iron-based high-temperature water-gas 

shift catalysts using different characterization techniques has been presented in this chapter.  

Temperature-programmed reduction studies using mass spectrometry have shown that 0.5 wt% 

addition of lanthana as a promoter to iron-chromium-copper oxide water-gas shift catalysts 

enhances the reducibility of the catalysts in terms of both total hydrogen consumption and 

reduction temperature.  However, further additions of lanthana cause the catalysts to reduce at 

higher temperatures and to consume more hydrogen (i.e. over-reduce), possibly due to the 

disruption of the catalytically active Fe3O4 spinel structures by incorporation of the larger La3+ 

ions. A second temperature-programmed reduction was performed on each catalyst after they 

were fully reoxidized to examine the re-reducibility of the catalysts.  The catalyst with the 0.5 

wt% lanthana appeared to be the most reducible with only an 8% decrease in extent of reduction, 

as opposed to a 35-45% decrease in total hydrogen consumption from the first reduction 

experiment for the other catalysts.  Analysis via UV-vis spectrometry showed that the 
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absorbance of light at 800 nm is very sensitive during the reduction processes of these catalysts 

due to alterations in the band gaps of the different iron oxide phases and could be calibrated to 

extent of reduction as determined during concomitant TPR.  Ex-situ UV-visible analysis of the 

used catalysts also showed similar trends with the Kubelka-Munk values.  The ratio of 

normalized absorbance correlated to the ratio of Fe oxidation states acquired from the calibration 

curve for the used catalysts with 0 wt% and 1 wt% lanthana showed that the extent of reduction 

for the latter catalyst was 1.1 times lower than for the former catalyst, suggesting that the catalyst 

with more lanthana reduced to a larger extent during water-gas shift treatment than the one with 

no lanthana, resulting in lower content of the active Fe3O4 phase due to over-reduction.  XANES 

spectra showed only a slightly higher extent of reduction for 1La than for 0La (+2.54 average 

oxidation state for 1La compared to +2.57 for 0La), suggesting that UV-vis spectroscopy is a 

more sensitive tool appropriate for analyzing the extent of reduction of near-surface species 

relevant to catalysis. 
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CHAPTER 5. An Optimized Simulation Model for Iron-Based Fischer-
Tropsch Catalyst Design: Mass and Heat Transfer Limitations as 
Functions of Operating and Design Conditions 
 
 
 

From the previous two chapters, it is established that lanthana affects the activity and 

stability of iron-based WGS catalysts. These findings motivated a study on the lanthana effect on 

the activity, selectivity, and stability of similar iron-based FT catalysts. Before starting these 

studies for which the results are presented in the next chapter, it was crucial to understand and 

design optimal operating and design conditions for such a reaction that runs at high reaction 

pressures and moderate reaction temperatures and involves a wide array of gaseous, liquid, and 

solid products.   

This chapter describes a simulation model that evaluates the performance of iron-based 

FTS catalysts in terms of effectiveness factor under different lab-scale operating and design 

conditions in a fixed-bed reactor.  Although the catalyst design principles which the results of 

this work confirm are well established, the results are significant because the design principles 

are typically applied at a specific design condition, which represents a single point in the possible 

parameter space, instead of optimizing over a range of possible designs.  Further, the model 

shows excellent agreement with experimental results and presents comprehensive contour maps 

of pressure drop and mass and heat transfer limitations as functions of critical design and 

operating variables that make the interdependencies easier to visualize for the entire parameter 

space.  Therefore, the predictions of the model presented in this chapter 1) give guidance to the 

experimental design and operating conditions for the work presented in the next chapter and 2) 
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explore the limitations of the catalytic activity due to pore-diffusion and heat transfer resistances 

without running multiple experiments to test the effect of each design variable. Minimizing pore 

diffusion and heat transfer limitations by changing a set of design variables and conditions is 

crucial in driving a kinetically-limited reaction rate. The pressure drop down a catalyst bed is 

also considered because it is crucial for chemical reactions that require operation under high 

pressure, as the FTS reaction does. The particle size and therefore void fraction affect the 

pressure drop. Therefore, pressure drop must be evaluated and constrained while the model 

solves for the optimal particle size. 

The equations and parameters in this model have been used to most accurately represent 

the catalysts and conditions reported in Brunner’s dissertation [86]. The model can be modified 

for the desired reaction conditions. The results of the work presented in this chapter have been 

published in a peer-reviewed journal [128].     

 

5.1 Theory: Model Equations and Derivations 

 This section discusses the model equations and parameters that describe the pore 

diffusion limitation, heat transfer limitations, the pressure drop, and the algorithm that solves the 

optimization problem.    

 

5.1.1 Pore Diffusion Limitation 

The approach to determining mass transfer limitations in the catalyst bed starts with 

solving the following mass balance on a differential shell within a spherical catalyst particle for a 

first order reaction as shown in Equation 5.1. 

4𝜋𝜋𝑟𝑟2𝐷𝐷𝑟𝑟
𝑑𝑑𝐶𝐶𝐴𝐴
𝑑𝑑𝑟𝑟
�
𝑟𝑟+𝛥𝛥𝑟𝑟

− 4𝜋𝜋𝑟𝑟2𝐷𝐷𝑟𝑟
𝑑𝑑𝐶𝐶𝐴𝐴
𝑑𝑑𝑟𝑟
�
𝑟𝑟

= −𝑘𝑘𝑣𝑣𝑦𝑦𝐴𝐴( 4𝜋𝜋𝑟𝑟2𝛥𝛥𝑟𝑟)                             (5.1) 
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Equation 5.1 reduces to Equation 4 as the radius increment shrinks to zero � lim
𝛥𝛥𝑟𝑟→0

�. 

𝐷𝐷𝑒𝑒
𝑟𝑟2

𝑑𝑑
𝑑𝑑𝑟𝑟
�𝑟𝑟2 𝑑𝑑𝐶𝐶𝐴𝐴

𝑑𝑑𝑟𝑟
� = −𝑘𝑘𝑣𝑣𝑦𝑦𝐴𝐴                       (5.2) 

The boundary conditions for the solution of Equation 5.2 are 𝑦𝑦𝐴𝐴 =  𝑦𝑦𝐴𝐴𝑠𝑠 at 𝑟𝑟 = 𝑅𝑅𝑝𝑝 and 𝑑𝑑𝐶𝐶𝐴𝐴
𝑑𝑑𝑟𝑟

=  0 at 

𝑟𝑟 = 0 (neglecting film mass transfer). In these equations, 𝑦𝑦𝐴𝐴 denotes the concentration of species 

A, 𝑦𝑦𝐴𝐴𝑠𝑠 is the surface concentration of species A, 𝑘𝑘𝑣𝑣 is the rate constant per unit volume, 𝑟𝑟 is the 

radial distance from the center of the pellet, 𝑅𝑅𝑝𝑝 is the radius of the pellet, and 𝐷𝐷𝑟𝑟 is the effective 

diffusivity given by: 

𝐷𝐷𝑟𝑟 = 𝐷𝐷 ∙ 𝜀𝜀𝑝𝑝/𝜏𝜏  (5.3a)        𝜀𝜀𝑝𝑝 = 𝑉𝑉𝑝𝑝𝑝𝑝𝑟𝑟𝑒𝑒∙𝜌𝜌𝑏𝑏
1−𝜀𝜀𝑏𝑏

     (5.3b) 

where 𝜀𝜀𝑝𝑝 is the particle porosity.  The void fraction, 𝜀𝜀𝑏𝑏, is either measured experimentally or 

estimated using a correlation developed by Benyahia and O’Neill [129].  In addition, 𝜏𝜏 is the 

tortuosity, and 𝐷𝐷 is the combined diffusivity of the bulk (𝐷𝐷𝐴𝐴𝐴𝐴) and Knudsen (𝐷𝐷𝐾𝐾) diffusivities 

from the Bosanquet approximation [130, 131]: 

 1
𝐷𝐷

= 1
𝐷𝐷𝐴𝐴𝐴𝐴

+ 1
𝐷𝐷𝐾𝐾

                                                                        (5.4) 

For this work, 𝐷𝐷𝐴𝐴𝐴𝐴 was calculated using correlations developed by Erkey et al. [132, 133] for 

wide temperature and pressure ranges:  

𝐷𝐷𝐴𝐴𝐴𝐴 �
𝑟𝑟𝑓𝑓2

𝑠𝑠
� =

0.945�𝑇𝑇 𝐾𝐾�

�𝑀𝑀𝐴𝐴
𝑔𝑔·𝑓𝑓𝑝𝑝𝑓𝑓−1� �

0.239
�𝑀𝑀𝐴𝐴

𝑔𝑔·𝑓𝑓𝑝𝑝𝑓𝑓−1� �
0.781

�𝜎𝜎𝐴𝐴𝜎𝜎𝐴𝐴 𝐴𝐴𝑑𝑑𝑔𝑔� �
1.134 (𝑉𝑉� 𝐿𝐿 · 𝛥𝛥𝑚𝑚𝛥𝛥−1� − 𝑉𝑉�0

𝐿𝐿 · 𝛥𝛥𝑚𝑚𝛥𝛥−1� )       (5.5) 

where 𝑀𝑀𝐴𝐴 is the molecular weight of the solute in g/mol (either CO or H2), 𝑀𝑀𝐴𝐴 is the molecular 

weight of the solvent (C20H42) in g/mol,  𝜎𝜎𝐴𝐴 is the hard-sphere diameter for the solute (either CO 

or H2) in Angstroms, 𝜎𝜎𝐴𝐴 is the hard-sphere diameter for the solvent (C20H42) in Angstroms, and 𝑉𝑉�  

is the specific volume of the different species in L/mol.  The diffusivity of CO in wax is typically 
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slower than that of H2 and is therefore the limiting diffusional resistance.  However, when the 

feed stream has low concentrations of H2, then it is appropriate to use the diffusivity of H2 in 

wax as the limiting diffusivity.  Therefore, species A is typically CO (which is the limiting 

reactant involved in diffusion) unless the mole fraction of H2 is low (e.g., less than 25 mol% H2 

in a 35 mol% CO/40 mol% He stream).  Erkey’s work [133] showed that the average molecular 

weight of FT wax can be approximated as n-alkane hydrocarbons. Therefore, the hydrocarbon 

species B is a surrogate for diffusion calculations, assumed to be icosane (C20H42), as a 

representative average species for Fe-based FTS catalysis [86]. 

𝐷𝐷𝐾𝐾 is calculated using the following correlation obtained from the kinetic theory for gases [134]: 

𝐷𝐷𝐾𝐾 �
𝑟𝑟𝑓𝑓2

𝑠𝑠
� = 4850 · 𝑑𝑑𝑝𝑝𝑝𝑝𝑟𝑟𝑒𝑒

𝑟𝑟𝑓𝑓
· �

𝑇𝑇
𝐾𝐾�

𝑀𝑀𝐴𝐴
𝑔𝑔·𝑓𝑓𝑝𝑝𝑓𝑓−1�

                     (5.6) 

where 𝑑𝑑𝑝𝑝𝑝𝑝𝑟𝑟𝑟𝑟 is the pore diameter in cm and 𝑇𝑇 is the absolute temperature of the particle in 

Kelvin.  𝐷𝐷𝐾𝐾 for the conditions of this study is two orders of magnitude larger than 𝐷𝐷𝐴𝐴𝐴𝐴 and is 

therefore a negligible diffusion resistance. 

The solution of Equation 5.2 for spherical particles is: 

𝐶𝐶𝐴𝐴
𝐶𝐶𝐴𝐴𝐴𝐴

= 𝑅𝑅𝑝𝑝
𝑟𝑟
sinh3𝜙𝜙𝑟𝑟/𝑅𝑅𝑝𝑝
sinh (3𝜙𝜙)

                              (5.7) 

where sinh is the hyperbolic sine function and 𝜙𝜙 is the Thiele modulus [135], defined as: 

𝜙𝜙 = 𝐿𝐿𝑝𝑝�
𝑘𝑘𝑣𝑣

𝐷𝐷𝑟𝑟�                           (5.8) 

The shape factor, 𝐿𝐿𝑝𝑝, is introduced to modify the solution as appropriate for geometries different 

than slabs, with 𝐿𝐿𝑝𝑝 = 𝑅𝑅𝑝𝑝/2 for cylindrical and 𝐿𝐿𝑝𝑝 = 𝑅𝑅𝑝𝑝/3 for spherical pellets. 
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The Thiele modulus is modified for nth order reaction kinetics as shown in Equation 5.9 [136-

139]: 

𝜙𝜙 = 𝐿𝐿𝑝𝑝�
(𝑛𝑛 + 1) 𝑘𝑘𝑣𝑣 𝑦𝑦𝐴𝐴𝑠𝑠𝑑𝑑−1

2𝐷𝐷𝑟𝑟
�                                  (5.9) 

The order of reaction used in the model is 0.55, based on previous work by Eliason for the FTS 

reaction on Fe-based catalyst [97].  

The effectiveness factor, 𝜂𝜂, of the catalyst is defined as the ratio of the rate of reaction 

with diffusion effects (i.e. the observed rate) to that without diffusion (i.e. the intrinsic rate) and 

is a function of 𝜙𝜙 according to Equations 5.10 and 5.11 for the spherical (𝑑𝑑𝑝𝑝 < 200 𝜇𝜇𝛥𝛥) and 

cylindrical (𝑑𝑑𝑝𝑝 > 200 𝜇𝜇𝛥𝛥) geometries, respectively [136, 140]: 

𝜂𝜂𝑠𝑠𝑝𝑝ℎ = 3
𝜙𝜙
� 1
tanh𝜙𝜙

− 1
𝜙𝜙
�                                (5.10) 

𝜂𝜂𝑟𝑟𝑑𝑑𝑓𝑓 = 2𝑑𝑑1(𝜙𝜙)
𝜙𝜙∙𝑑𝑑0(𝜙𝜙)

                                        (5.11) 

where 𝐼𝐼0 and 𝐼𝐼1 are Bessel functions of the first and second kind, respectively.  Equations 5.10 

and 5.11 are derived for first-order kinetics, but give close approximations to the actual 

effectiveness factor based on the Thiele modulus that is adjusted for nth-order kinetics as shown 

in Equation 5.9. The diameter breakpoint is arbitrary, but is based on literature references to 

account for the typically observed decreasing sphericity of the catalyst particles as their size 

increases [141]. 

The intrinsic rate constant, 𝑘𝑘𝑣𝑣, is generally unknown a priori and is therefore not useful for 

developing a model.  Consequently, the Wagner-Weisz-Wheeler modulus, 𝑀𝑀𝑤𝑤, is used instead of 

𝜙𝜙 to solve for the effectiveness factor because 𝑀𝑀𝑤𝑤 is a function of the observed experimental 

rate, as shown in Equation 5.12 [140]: 
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𝑀𝑀𝑤𝑤 = 𝐿𝐿𝑝𝑝2

𝐷𝐷𝑒𝑒

𝑟𝑟𝐴𝐴𝜌𝜌𝑝𝑝
𝐶𝐶𝐴𝐴𝐴𝐴

𝑑𝑑+1
2

= 𝜙𝜙2 ∙ 𝜂𝜂                                              (5.12) 

where 𝜌𝜌𝑝𝑝 is the particle density (𝜀𝜀𝑝𝑝/𝑉𝑉𝑝𝑝𝑝𝑝𝑟𝑟𝑟𝑟), and 𝑟𝑟𝐴𝐴 is the observed rate of reaction of species A, 

which is the rate of depletion of CO for the FTS reaction per unit mass of catalyst.  The CO 

conversion, 𝑋𝑋𝐶𝐶𝐶𝐶, and rate of CO depletion are calculated using the rate equation for a differential 

reactor modified for average partial pressures and a kinetic model developed by Eliason for FTS 

reaction on Fe-based catalysts [97], as shown in Equations 5.13 and 5.14: 

𝑋𝑋𝐶𝐶𝐶𝐶 =  𝑊𝑊𝑐𝑐𝑐𝑐𝑐𝑐(−𝑟𝑟𝐶𝐶𝐶𝐶)
𝐹𝐹0𝐶𝐶𝐶𝐶

                          (5.13) 

−𝑟𝑟𝐶𝐶𝐶𝐶 =  𝐴𝐴 ∙ exp �−𝐸𝐸𝑐𝑐
𝑅𝑅𝑔𝑔∙𝑇𝑇

� ∙ 𝑃𝑃𝐶𝐶𝐶𝐶−0.05 ∙ 𝑃𝑃𝐻𝐻2
0.6                           (5.14)  

where 𝑊𝑊𝑟𝑟𝑟𝑟𝑐𝑐 is the mass of the catalyst bed, 𝐹𝐹0𝐶𝐶𝐶𝐶 is the inlet molar flow rate of CO, 𝐴𝐴 is the 

Arrhenius pre-exponential factor, 𝐸𝐸𝑟𝑟 is the activation energy over Fe-based catalyst, 𝑅𝑅𝑔𝑔 is the 

universal gas constant, and 𝑃𝑃𝐶𝐶𝐶𝐶 and 𝑃𝑃𝐻𝐻2 are the average partial pressures for CO and H2 in atm, 

respectively.  The differential rate model depends on average partial pressures of reactant and is 

therefore appropriate to use with CO conversions reaching 25%. Further details and comparison 

with plug-flow reactor model are available in Appendix B.  The concentration of surface CO 

(𝑦𝑦𝐶𝐶𝐶𝐶_𝑠𝑠) and density of the bulk gas stream (𝜌𝜌𝑔𝑔) were found using the Peng-Robinson equation of 

state at the reactor pressure and at the surface temperature of the catalyst (𝑇𝑇𝑠𝑠) and the 

temperature of the bulk gas stream (𝑇𝑇𝑔𝑔), respectively. 

 

5.1.2 Heat Transfer Limitation 

The energy balance in spherical coordinates around a catalyst particle is written as: 

𝜆𝜆𝑒𝑒
𝑟𝑟2

𝑑𝑑
𝑑𝑑𝑟𝑟
�𝑟𝑟2 𝑑𝑑𝑇𝑇

𝑑𝑑𝑟𝑟
� = −𝑟𝑟𝐶𝐶𝐶𝐶 ∙ 𝜌𝜌𝑝𝑝 ∙ 𝛥𝛥𝐻𝐻𝑟𝑟                    (5.15) 

107 
 



 
  

for which the boundary conditions are: 

�𝜆𝜆𝑟𝑟
𝑑𝑑𝑇𝑇
𝑑𝑑𝑟𝑟
� = ℎ ∙ 𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓   at   𝑟𝑟 = 𝑅𝑅𝑝𝑝   and  𝑑𝑑𝑇𝑇

𝑑𝑑𝑟𝑟
= 0   at   𝑟𝑟 = 0                 (5.16) 

Here, 𝛥𝛥𝐻𝐻𝑟𝑟 is the enthalpy of reaction generated by the FTS reaction, ℎ is the convective heat 

transfer constant, 𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 is (𝑇𝑇𝑠𝑠 − 𝑇𝑇𝑔𝑔), and 𝜆𝜆𝑟𝑟 is the effective thermal conductivity of the packed-

bed of catalyst filled with gas and liquid found using a correlation developed by Matsuura et al. 

[142] as shown in Equation 5.17: 

𝜆𝜆𝑟𝑟 = 1.5𝜆𝜆𝑓𝑓                                           (5.17) 

where 𝜆𝜆𝑓𝑓 is the liquid thermal conductivity (of C20H42 for this case). The thermal conductivity of 

the gas mixture within the void space is assumed to be negligible. 

Solving for the first boundary condition in Equation 5.16 by using Equation 5.15 yields: 

𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 = (−𝛥𝛥𝐻𝐻𝑟𝑟) · −𝑟𝑟𝐶𝐶𝐶𝐶 ∙ 𝜌𝜌𝑝𝑝 · 𝐿𝐿𝑝𝑝/ℎ                              (5.18) 

where again, 𝐿𝐿𝑝𝑝 = 𝑅𝑅𝑝𝑝/3 for the spherical pellet. 

The convective heat transfer coefficient, (ℎ), was calculated using the following empirical 

formulae for packed-bed flows [143]: 

ℎ = 𝑗𝑗𝐻𝐻 · 𝑐𝑐𝑝𝑝 · 𝜌𝜌𝑔𝑔 · � �̇�𝑉𝑔𝑔
𝐴𝐴𝑟𝑟𝑒𝑒𝑐𝑐𝑐𝑐

� · (𝑃𝑃𝑟𝑟)−2 3�                     (5.19) 

𝑗𝑗𝐻𝐻 = 2.19 𝑅𝑅𝑅𝑅−2 3� + 0.78 𝑅𝑅𝑅𝑅−0.381                   (5.20) 

where 𝑗𝑗𝐻𝐻 is the Chilton-Colburn factor, 𝑅𝑅𝑅𝑅 is the dimensionless Reynolds number for the gas, 𝑃𝑃𝑟𝑟 

is the dimensionless Prandtl number, 𝜌𝜌𝑔𝑔 is the density of the bulk gas stream, 𝑐𝑐𝑝𝑝 is the constant-

pressure heat capacity of the bulk gas stream, �̇�𝑉𝑔𝑔 is the outlet volumetric flow rate of the bulk gas 

stream at the reaction 𝑇𝑇 and 𝑃𝑃, and 𝐴𝐴𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 is the cross-sectional area of the reactor. The gas-phase 

viscosities were calculated using the DIPPR 801 database. 
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A simplified equation to find the temperature gradient (𝛽𝛽𝑐𝑐ℎ) within the particle was used to 

determine the internal heat transfer limitation, as follows [136]: 

𝛽𝛽𝑐𝑐ℎ = (−𝛥𝛥𝐻𝐻𝑟𝑟)·𝐶𝐶𝐴𝐴𝐴𝐴·𝐷𝐷𝑒𝑒
𝑇𝑇𝐴𝐴∙𝜆𝜆𝑒𝑒

= 𝛥𝛥𝑇𝑇𝑝𝑝
𝑇𝑇𝐴𝐴

                                                         (5.21) 

𝑇𝑇𝑠𝑠 = 𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 + 𝑇𝑇𝑔𝑔                      (5.22)  

where 𝛥𝛥𝑇𝑇𝑝𝑝 is the temperature difference between the center and the surface of the particle. 

 

5.1.3 Pressure Drop Model 

 The Ergun model for packed-beds (Equations 5.23 – 5.27) was used to predict the 

pressure drop down the catalyst bed � 𝛥𝛥𝑃𝑃
𝐿𝐿𝑏𝑏𝑒𝑒𝑏𝑏

� as reported by Froment and Bischoff and others 

[86,144-146], assuming constant pressure drop and using a friction factor correlation that is 

adjusted for turbulent flow that is valid over a wide range of Reynolds number (0.1 < 𝑅𝑅𝑅𝑅 <

100,000): 

𝛥𝛥𝑃𝑃
𝐿𝐿𝑏𝑏𝑒𝑒𝑏𝑏

= 𝛿𝛿𝐺𝐺𝐺𝐺

�1−
𝜀𝜀𝑙𝑙,𝑏𝑏𝑑𝑑𝑑𝑑
𝜀𝜀𝑏𝑏

�
3 − 𝜌𝜌𝑔𝑔𝑔𝑔                     (5.23) 

𝛿𝛿𝑊𝑊𝑊𝑊 = 1−𝜀𝜀𝑤𝑤
𝜀𝜀𝑤𝑤3

𝜌𝜌𝑔𝑔𝑢𝑢𝑔𝑔2

𝑑𝑑𝑝𝑝𝑒𝑒
𝛥𝛥                     (5.24)  

      𝛥𝛥 = 4.2 �1−𝜀𝜀𝑏𝑏
𝑅𝑅𝑟𝑟

�
1/6

+ 150(1−𝜀𝜀𝑏𝑏)
𝑅𝑅𝑟𝑟

           (5.25) 

𝜀𝜀𝑤𝑤 = 𝜀𝜀𝑏𝑏 − 𝜀𝜀𝑓𝑓,𝑠𝑠𝑐𝑐𝑟𝑟𝑐𝑐                                 (5.26)  

𝜀𝜀𝑓𝑓,𝑑𝑑𝑑𝑑𝑑𝑑 = � 𝜇𝜇𝑙𝑙𝑢𝑢𝑙𝑙
𝑑𝑑𝑝𝑝2𝑔𝑔𝜌𝜌𝑙𝑙

�
1/3

                                (5.27)  

where 𝛿𝛿𝑊𝑊𝑊𝑊 is the pressure drop per unit length for the gas flowing through a packed bed; 𝑢𝑢𝑔𝑔is the 

superficial velocity for the feed gas; 𝛥𝛥 is the friction factor; 𝑔𝑔 is the gravitational acceleration; 

𝜀𝜀𝑓𝑓,𝑠𝑠𝑐𝑐𝑟𝑟𝑐𝑐 is the static liquid holdup; 𝜀𝜀𝑓𝑓,𝑑𝑑𝑑𝑑𝑑𝑑is the dynamic liquid holdup; 𝜀𝜀𝑤𝑤 is the void fraction 
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adjusted for the static liquid hold up; 𝜇𝜇𝑓𝑓 is the liquid viscosity for icosane, calculated from the 

DIPPR 801 database; 𝜌𝜌𝑓𝑓 is the liquid density for icosane, also calculated from the DIPPR 801 

database; and 𝑑𝑑𝑝𝑝𝑟𝑟 is the effective pellet diameter which is the diameter of a spherical particle 

having the same volume as the actual particle. Details on 𝑑𝑑𝑝𝑝𝑟𝑟 and different geometries can be 

found elsewhere [86,140] and is calculated according to the following equation where 𝐴𝐴𝑠𝑠𝛥𝛥 is the 

aspect ratio used for cylindrical particles: 

 𝑑𝑑𝑝𝑝𝑟𝑟 = 𝑑𝑑𝑝𝑝(1.5 𝐴𝐴𝑠𝑠𝛥𝛥)1 3�                                            (5.28)  

The length of the catalyst bed (𝐿𝐿𝑏𝑏𝑟𝑟𝑑𝑑) was found using the masses and the densities of the catalyst 

and silicon carbide (which was used as a diluent) according to Equation 5.29: 

𝐿𝐿𝑏𝑏𝑟𝑟𝑑𝑑 = (𝑊𝑊𝑟𝑟𝑟𝑟𝑐𝑐/𝜌𝜌𝑏𝑏 + 𝑊𝑊𝑊𝑊𝑖𝑖𝐶𝐶/𝜌𝜌𝑊𝑊𝑖𝑖𝐶𝐶)/𝐴𝐴𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟                              (5.29)  

5.1.4 Deactivation 

A model for deactivation developed by Eliason and Bartholomew [147] for unsupported Fe-

based FTS catalysts promoted with potassium was used to predict catalytic deactivation at 250°C 

– 280°C and 10 atm – 20 atm, as shown in Equations 5.30-5.31: 

𝑏𝑏 = (1 − 𝑏𝑏∞)𝑅𝑅−𝑘𝑘𝑏𝑏𝑐𝑐 + 𝑏𝑏∞                     (5.30) 

𝑘𝑘𝑑𝑑 = 𝐴𝐴𝑑𝑑 · 𝑅𝑅−𝐸𝐸𝑏𝑏/(𝑅𝑅𝑔𝑔 𝑇𝑇)                        (5.31)  

       where 𝑏𝑏 is the activity, 𝑏𝑏∞ is the activity at infinite reaction time determined from the 

asymptotic approach of experimental data, 𝑘𝑘𝑑𝑑 is the deactivation rate constant, 𝐸𝐸𝑑𝑑 is the 

activation energy for deactivation, 𝐴𝐴𝑑𝑑 is the pre-exponential factor for deactivation, and 𝑡𝑡 is the 

reaction time. The deactivation model reported in Eliason’s study uses a generalized power-law 

rate model for determining the deactivation rate (𝑟𝑟𝑑𝑑), as shown in Equation 5.32, with no partial 
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pressure dependence on CO and H2 because the effect of partial pressures on deactivation was 

observed to be insignificant when compared to the effects of temperature and time.   

𝑟𝑟𝑑𝑑 = 𝑘𝑘𝑑𝑑 (𝑏𝑏 − 𝑏𝑏∞)                                        (5.32) 

 

5.1.5 Modeling: Optimization and Simulation 

The nonlinear simulation model is optimized to achieve the best combination of decision 

variables (𝑑𝑑𝑝𝑝, 𝑇𝑇, 𝑃𝑃, 𝑦𝑦𝐶𝐶𝐶𝐶) that maximize the productivity of the catalyst (𝜂𝜂 · −𝑟𝑟𝐶𝐶𝐶𝐶), as shown in 

the following standard form for nonlinear optimization problem. 

Maximize  𝜂𝜂 · −𝑟𝑟𝐶𝐶𝐶𝐶                 (5.33)     
 𝑑𝑑𝑝𝑝, 𝑇𝑇, 𝑃𝑃, 𝑦𝑦𝐶𝐶𝐶𝐶 
 

    Subject to Equality Constraints 
Equations 5.3 – 5.6 

      Equations 5.9 – 5.33 
 

      Inequality Constraints   
𝛽𝛽 ≤ 10%                 (5.34) 

        𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 ≤ 5°𝑦𝑦                 (5.35) 
         𝑅𝑅 ≥ 0.66                 (5.36) 

       𝑋𝑋𝐶𝐶𝐶𝐶 ≥ 0.01                 (5.37) 
                       𝛥𝛥𝑃𝑃/𝑃𝑃 ≤ 20%                                       (5.38) 

𝑏𝑏 ≥ 0.5                                       (5.39) 
 

The objective function, the productivity (which is calculated by multiplying the effectiveness 

factor (𝜂𝜂) by the intrinsic rate (−𝑟𝑟𝐶𝐶𝐶𝐶)), is maximized subject to the equality constraints that 

comprise the model in Equations 5.3 – 5.6 and 5.9 – 5.33 and certain inequality constraints 

(Equations 5.34 – 5.39).  By maximizing the productivity, 𝜂𝜂 is maximized and therefore 𝜙𝜙 and 

𝑀𝑀𝑤𝑤 are minimized.  Here, 𝑅𝑅 is the H2:CO ratio in inlet feed stream and 𝛥𝛥𝑃𝑃/𝑃𝑃 is the pressure 

drop down the catalyst bed as a fraction of the reaction pressure.  Table 5.1 summarizes the 

design and analysis variables and functions.  The lower limit for the particle diameter is 80 𝜇𝜇m, 
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which is a reasonable limit for practical purposes (to avoid plugging of the reactor).  The ranges 

on 𝑇𝑇 and 𝑃𝑃 are typical for the FTS reaction.  The range of 𝑦𝑦𝐶𝐶𝐶𝐶 is chosen to keep H2:CO ratio 

between 0.5 and 2 considering 40 mol% He diluent in the feed gas that was used in the 

experimental validation.  The range of H2:CO ratio is reasonable for industrial purposes that do 

not use ratios higher than 2 [73]. All empirical correlations for the stream’s properties 

(viscosities, densities, and concentrations) are valid only over these ranges and were calculated 

using Mathcad (version 15, Mathsoft, PTC) and Excel (2010, Microsoft) software.  The limits for 

the optimizer constraints are chosen to: 

1- satisfy the conditions for insignificant internal and film heat transfer limitations; 

2- keep the composition of CO in the inlet gas stream low enough to avoid rapid 

deactivation of the catalyst by carbon deposition, with 𝑅𝑅 ≥ 0.66 being typical for Fe-

based FTS catalysts;  

3- maintain non-zero CO conversion; 

4- avoid pressure drops larger than 20% of the inlet reactor pressure; and 

5- keep the activity of the catalyst above 50% of its initial activity. 

 
Table 5.1: Design table of the optimization problem for the lab-scale reactor. 

Design Variables: 
Particle diameter, 𝑑𝑑𝑝𝑝 

Reaction temperature, 𝑇𝑇 
Reaction pressure, 𝑃𝑃 

Mole fraction of CO in the feed, 𝑦𝑦𝐶𝐶𝐶𝐶 

Variable Constraints: 
𝑑𝑑𝑝𝑝 > 80 𝜇𝜇𝛥𝛥 

220°𝑦𝑦 ≤ 𝑇𝑇 ≤ 280°𝑦𝑦 
15 𝑏𝑏𝑏𝑏𝑟𝑟 ≤ 𝑃𝑃 ≤ 30 𝑏𝑏𝑏𝑏𝑟𝑟 

0.2 ≤ 𝑦𝑦𝐶𝐶𝐶𝐶 ≤ 0.4 
Analysis Functions: 
Productivity, 𝜂𝜂 · −𝑟𝑟𝐶𝐶𝐶𝐶 

Internal heat transfer, 𝛽𝛽 
Film heat transfer, 𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 

H2:CO feed ratio, 𝑅𝑅 
CO conversion, 𝑋𝑋𝐶𝐶𝐶𝐶 
Pressure drop, 𝛥𝛥𝑃𝑃 

Activity, 𝑏𝑏 

Additional Constraints: 
Maximize 𝜂𝜂 · −𝑟𝑟𝐶𝐶𝐶𝐶 

𝛽𝛽  ≤ 0.1 
𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓  ≤ 5°𝑦𝑦 
𝑅𝑅 ≥ 0.66 
𝑋𝑋𝐶𝐶𝐶𝐶 ≥ 0.05 
𝛥𝛥𝑃𝑃/𝑃𝑃 ≤ 20 
𝑏𝑏 ≥ 0.5 
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Table 5.2 shows a list of key input parameters.  While the design variables are the quantities that 

can be adjusted by the optimizer, the parameters are values that are set by the user to best reflect 

the experimental conditions. The analysis functions are equality and inequality constraints that 

should be met when the design variables are changed. Fixed empirical selectivities were used as 

input parameters for calculating the product distribution. A selectivity model that is sensitive to 

reaction conditions will be added in future studies to predict product distributions, but it is 

outside the scope of this study.  

The optimization problem was solved with APMonitor (version 0.6.3, APMonitor) - 

Matlab (version R2013a, Mathworks) interface [148] using the Interior-Point Optimizer 

(IPOPT).  Details on the approach and algorithm of this method are discussed elsewhere [149-

150], but briefly, IPOPT uses an interior point method to solve a series of barrier problems.  

With each barrier problem, the solver computes a search direction with exact first (Jacobian) and 

second (Hessian) derivatives.  IPOPT also performs a line-search along the search direction with 

a filter method to determine a suitable step towards the solution.  At the final solution, the 

Karush-Kuhn-Tucker (KKT) conditions are satisfied and the line-search (or step size) is accepted 

if the new iteration leads to enough progress to minimize the objective function and to satisfy the 

constraints according to the logical conditions of the filter method.  This line-search filter 

method was originally proposed by Fletcher and Leyffer [151] and has been customized in this 

algorithm. The code is attached in Appendix E. 
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Table 5.2: List of key parameters used in the model for the lab-scale reactor. 

Parameter Value 

𝑺𝑺 3.32∙107 mol/(g∙min∙atm0.55) [86] 
𝑬𝑬𝒂𝒂 93.8 kJ/mol [86] 
𝑺𝑺𝒅𝒅 23183 h-1 [147] 
𝑬𝑬𝒅𝒅 60 kJ/mol [147] 

 𝑾𝑾𝒄𝒄𝒂𝒂𝒄𝒄                            0.25 g 
𝑾𝑾𝑺𝑺𝑺𝑺𝑪𝑪 1 g 

𝒄𝒄 1000 h 

𝒅𝒅𝒔𝒔𝒑𝒑𝒑𝒑𝒑𝒑 15 nm [measured] 

𝑽𝑽𝒔𝒔𝒑𝒑𝒑𝒑𝒑𝒑 0.06 mL/g [measured] 

𝝆𝝆𝒃𝒃 0.80 g/mL [measured] 
𝝆𝝆𝑺𝑺𝑺𝑺𝑪𝑪 1.57 g/mL [measured] 
𝜺𝜺𝒍𝒍,𝒔𝒔𝒄𝒄𝒂𝒂𝒄𝒄 0.035 [86] 
𝝉𝝉 3.5 
𝒏𝒏 0.55 [97] 
𝑺𝑺𝒔𝒔𝒔𝒔 3 
𝑺𝑺𝒑𝒑𝒑𝒑𝒂𝒂𝒄𝒄 0.72 cm2  
�̇�𝑽𝑺𝑺𝒏𝒏 150 sccm  
𝜟𝜟𝑯𝑯𝒑𝒑 -165 kJ/(mol∙K) [calculated, constant] 

Selectivity of CH4 0.04 
Selectivity of C2-C4 0.1 
Selectivity of CO2 0.4 
Selectivity of C5+ 0.46 

 
 

5.1.6 Limitations of the Model 

   The limitations of this model are: (1) The use of nth-order Thiele modulus for calculating 

the effectiveness factor from an expression for first-order reaction kinetics. A more generalized 

expression for effectiveness factor with non-fixed reaction order needs to be used for more 

accurate predictions. (2) The use of correlations in the model that are valid over the temperature 

and pressure range specified in the model albeit the specified ranges are reasonable for FTS over 

iron-based catalysts. (3) The use of the Wheeler single pore model which uses fixed tortuosity 
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and pore volume values to determine effective diffusivity. (4) The use of constant selectivity 

values for FTS products. A selectivity model that predicts water-gas shift and hydrocarbon 

selectivities with varying reaction temperature, pressure, and feed CO composition for the tested 

catalysts needs to be included for more reasonable optimal solutions that maximize the 

productivity of the catalysts and the yield of desired products. (5) The assumption that partial 

pressures of CO and H2 do not affect the deactivation rate significantly. A deactivation study on 

the tested catalysts needs to be performed for more accurate predictions of catalytic deactivation. 

(6) The assumption of constant pressure drop down the catalyst bed. The momentum differential 

equation for pressure drop should be solved numerically down the catalyst bed for the 

commercial-size reactor.  

 

5.2 Experimental Procedure 

The model uses correlations and catalytic properties that apply to unsupported iron-based 

FTS catalysts and was therefore used to predict the activity of those catalysts tested under the 

same design and operation conditions to validate the model. The experimental work was 

conducted by Professor William C. Hecker’s catalysis research group at BYU and not by the 

author. 

 

5.2.1 Catalyst Preparation 

Precipitation of copper and iron was performed via the solvent deficient precipitation 

(SDP) method [86 – 90].  Fe(NO3)3·9H2O, Cu(NO3)2·2.5H2O, and SiO2 (Cab-O-Sil) were added 

together and mixed well.  Potassium bicarbonate (KHCO3) and ammonium bicarbonate 

(NH4HCO3) were then added to the metal nitrate and silica mixture and vigorously stirred, 
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releasing not only the waters of hydration, but also CO2.  Stirring continued until precipitation of 

Fe and Cu hydroxides was complete, as indicated by cessation of the CO2 bubbles.  Reaction and 

mixing were complete within about 20 minutes.  Then, the catalyst was dried for 16 - 48 h at 

100°C, calcined at 300°C in flowing air for six h, and sieved to retain 250 - 600 µm and 125 - 

200 µm particles.  The catalyst was originally prepared by Dr. Hecker’s group and further details 

of this preparation are described elsewhere [86]. Similar catalysts were prepared for this work, 

and the details will follow in Section 6.1.1. 

5.2.2 Activity Measurements 

FTS experiments were conducted in a fixed-bed reactor (stainless steel, 3/8 inch OD) 

described elsewhere [86].  Each sample (0.25 g) was diluted with 1 g silicon carbide to approach 

isothermal conditions in the catalytic zone. 

Prior to FTS reaction, the samples were reduced in situ at 250°C in 10% H2/He for 10 h 

followed by 100% H2 for 6 h.  After cooling to 180°C, the system was then pressurized to 20 bar 

in syngas (H2:CO = 1) to activate the catalysts at 250°C for 48 - 90 h using 40 mol% He as a 

diluent, bringing the total inlet flow rate to 75-100 mL/min. 

After leaving the reactor, the exit gas and liquid effluent passed through a hot trap (90°C) 

and a cold trap (0°C) to respectively collect heavy hydrocarbons and liquid products.  The 

effluent gaseous product was analyzed using an HP 6890 gas chromatograph equipped with a 

thermal conductivity detector and a 60/80 carboxene-1000 column. CO conversion and 

selectivities were determined with aid of an Ar internal standard. CO conversions were intended 

to be lower than 20% for the differential reactor approximation to be more accurate.  

These experiments are described more thoroughly in Section 6.1.3. 
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5.3 Results and Discussion 

This section reports the predictions of the model and compares them to experimental data 

acquired from the fixed-bed reactor.  

5.3.1 Modeling 

 Table 5.3 reports the optimal values of the objective function, design variables, constraints, 

and intermediate functions obtained from the model. To maximize productivity, defined as the 

mass of product produced per mass of catalyst per time, the optimizer solved the problem with 

99% effectiveness factor to prevent mass or heat transfer limitations. The solution was achieved 

with a reaction temperature of 255.8°C, maximum allowed reaction pressure (30 bar), and 

minimum 𝑦𝑦𝐶𝐶𝐶𝐶 (0.2). These operating conditions result in high reaction rates that maximize the 

productivity of the catalyst by: (1) increasing the rate constant with higher temperatures, (2) 

increasing the partial pressure of hydrogen with higher pressure, and (3) decreasing the partial 

pressure of CO with lower CO composition. The reaction temperature, however, is constrained 

by catalytic deactivation. The optimal reaction temperature (255.8°C) maximizes the reaction 

rate and keeps the activity of the catalyst above 50% of its initial activity after 1000 h, which is 

long enough for 𝑏𝑏 to approach 𝑏𝑏∞. The optimizer drove the value of 𝑑𝑑𝑝𝑝 to the lower bound of its 

range (80 μm) suggesting that the pressure drop in Equation 5.35 is not a constraint. Smaller 

particle sizes are always preferred for decreased transport limitations but they also increase 

pressure drops down the catalyst bed; however, pressure drop is not a constraint under these 

operating conditions. 𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 is significantly higher than 𝛥𝛥𝑇𝑇𝑝𝑝 suggesting that external heat 

transfer is a more limiting resistance at these conditions. 

117 
 



 
  

Table 5.3: The optimal solution of the Fe-based FTS catalyst design for the lab-scale reactor. 

Variable Value for 
maximizing 𝜼𝜼 · 𝒑𝒑𝑪𝑪𝑪𝑪 

𝒅𝒅𝒔𝒔 (𝜇𝜇m) 80 
𝑻𝑻 (°C) 255.8 
𝑷𝑷 (bar) 30 
𝒚𝒚𝑪𝑪𝑪𝑪 0.20 
𝑴𝑴𝒘𝒘 0.06 
𝝓𝝓 0.25 
𝜼𝜼 0.99 
𝜷𝜷 1.0 ∙ 10-4 

𝜟𝜟𝑻𝑻𝒇𝒇𝑺𝑺𝒍𝒍𝒎𝒎 (°C) 0.017 
𝑹𝑹 2.0 

𝜟𝜟𝑻𝑻𝒔𝒔 (°C) 0.06 
𝜟𝜟𝑷𝑷/𝑷𝑷 0.03% 
𝒂𝒂 0.5 
𝑿𝑿𝑪𝑪𝑪𝑪 14% 

−𝒑𝒑𝑪𝑪𝑪𝑪 (mol/kg∙hr) 72.3 
𝜟𝜟𝑷𝑷/𝑳𝑳𝒃𝒃𝒑𝒑𝒅𝒅 (atm/m) 0.58 

𝑳𝑳𝒃𝒃𝒑𝒑𝒅𝒅 (cm) 1.33 
𝒉𝒉 (W/m2∙K) 3225 
𝝀𝝀𝒑𝒑 (W/m∙K) 0.16 

𝜺𝜺𝒃𝒃 0.35 
𝑫𝑫𝑲𝑲 (cm2/s) 3.1 ∙ 10-2 
𝑫𝑫𝑺𝑺𝑨𝑨 (cm2/s) 2.3 ∙ 10-4 
𝑫𝑫𝒑𝒑 (cm2/s) 4.9 ∙ 10-6 

  

Typical iron-based FTS operating conditions, however, favor lower reaction pressures 

(~20-25 atm) to reduce operating costs and higher CO compositions (1:1 H2:CO) to produce 

desirable product distributions without producing excessive CO2 from the water-gas shift 

reaction and because coal and biomass, which produce lower H2:CO ratios during gasification, 

are often economic feedstocks. Furthermore, higher reaction temperatures and pressures expedite 

catalyst deactivation by forming hot spots within the bed with high reaction rates. Large H2:CO 

ratios deactivate the catalysts by oxidation from higher production of water at high H2 
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compositions and decrease the selectivity of C5+ in favor of methane resulting in lower 

productivity [3,152]. Future studies should add cost and selectivity models that are dependent on 

partial pressure of CO and H2. The effect of this additional constraint would likely be to lower 

the reaction pressure to a level that will balance the economics of maximized productivity with 

the additional capital costs of larger vessels and decreased selectivity to the desired products. 

Figure 5.1 shows contour plots for the effectiveness factor and the constraints as they 

vary with temperature and pressure at fixed 𝑑𝑑𝑝𝑝 and 𝑦𝑦𝐶𝐶𝐶𝐶 (𝑑𝑑𝑝𝑝 increases from 250 𝜇𝜇m to 600 𝜇𝜇m to 

1500 𝜇𝜇m at a constant 𝑦𝑦𝐶𝐶𝐶𝐶 = 0.30 in plots A, B, and C, respectively, while 𝑑𝑑𝑝𝑝 = 250 𝜇𝜇m and 𝑦𝑦𝐶𝐶𝐶𝐶 

increases to 0.36 in plot D).  The black lines are the effectiveness factor contours.  The green and 

red dashed lines are non-binding values of the external film heat transfer constraint and the 

internal particle heat transfer constraint, respectively.  The effectiveness factor decreases with 

increasing temperature and decreasing pressure.  The rate of CO depletion is faster at higher 

temperatures, causing 𝑀𝑀𝑤𝑤 to increase.  Lower pressures decrease the surface concentrations of 

CO, 𝑦𝑦𝐶𝐶𝐶𝐶_𝑠𝑠, which cause 𝑀𝑀𝑤𝑤 to increase.  Furthermore, film heat transfer is a much stronger 

limiting resistance than internal heat transfer resistance, as 𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 is a stronger function of 

temperature and pressure than 𝛥𝛥𝑇𝑇𝑝𝑝.  At particle sizes of 250 𝜇𝜇m and 600 𝜇𝜇m (contour plots A and 

B in Figure 5.1), however, both resistances are negligible and the rate of reaction is limited by 

pore diffusion resistance.  The film heat transfer becomes a binding constraint (𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 > 5°𝑦𝑦) at 

a particle size of 1.5 mm and 𝑇𝑇 > 260°𝑦𝑦.  This is apparent in contour plot C in Figure 1 with the 

solid green line.  Bigger particle sizes decrease the effectiveness factor and increase 𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 

according to Equations 5.12 and 5.18.  Therefore, smaller particle sizes are favored for a 

kinetically-limited reaction.  In fact, the reaction rate is not significantly pore-diffusion limited 
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for particle sizes below 250 μm, where the effectiveness factor is greater than 90%.  𝛥𝛥𝑇𝑇𝑝𝑝 is 

affected by the particle size through the surface temperature of the catalyst, but is more strongly 

affected by 𝑦𝑦𝐶𝐶𝐶𝐶, as can be observed in contour plot of Figure 1D, where 𝛥𝛥𝑇𝑇𝑝𝑝 is higher with the 

larger value of 𝑦𝑦𝐶𝐶𝐶𝐶.  This result is due to increased 𝑦𝑦𝐶𝐶𝐶𝐶_𝑠𝑠, which causes the particle temperature 

gradient, 𝛽𝛽𝑐𝑐ℎ, to increase (see Equation 5.21). Regarding catalytic deactivation, high reaction 

temperatures increase deactivation, as shown in contour plot E of Figure 5.1, where the solid 

purple line identifies an activity of 0.5. Increasing the temperature beyond 255.8°C reduces the 

catalytic activity below 50% of its initial activity.  In fact, the activity is less than 0.2 at 

temperatures above 275°C. 
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Figure 5.1: 2-D contour plots of effectiveness factor, 𝜟𝜟𝑻𝑻𝒇𝒇𝑺𝑺𝒍𝒍𝒎𝒎 and 𝜟𝜟𝑻𝑻𝒔𝒔 as functions of pressure and temperature at: A- 𝒅𝒅𝒔𝒔 = 
250 𝜇𝜇m and 𝒚𝒚𝑪𝑪𝑪𝑪 = 0.3, B- 𝒅𝒅𝒔𝒔= 600 𝜇𝜇m and 𝒚𝒚𝑪𝑪𝑪𝑪 = 0.3, C- 𝒅𝒅𝒔𝒔 = 1500 𝜇𝜇m and 𝒚𝒚𝑪𝑪𝑪𝑪 = 0.3, D- 𝒅𝒅𝒔𝒔 = 250 𝜇𝜇m and 𝒚𝒚𝑪𝑪𝑪𝑪 = 0.36, E- 
𝒅𝒅𝒔𝒔 = 250 𝜇𝜇m and 𝒚𝒚𝑪𝑪𝑪𝑪 = 0.3 with  activity contour plots. 

122 
 



 
  

The effects of 𝑑𝑑𝑝𝑝 and 𝑦𝑦𝐶𝐶𝐶𝐶 on the effectiveness factor and the constraints are clarified in 

contour plots A – C in Figure 5.2.  The solid cyan/blue line shows that 𝑅𝑅 > 0.66 in Figures 5.2A 

and 5.2B becomes a binding constraint at or above 𝑦𝑦𝐶𝐶𝐶𝐶 ≥ 0.36 (see Table 5.2).  Furthermore, at 

high CO concentrations in the feed where 𝑦𝑦𝐶𝐶𝐶𝐶 > 1/3, the effectiveness factor increases over a 

broader range of particle diameters because H2 has a higher diffusivity coefficient than CO in 

icosane (54 ∙ 10-9 compared to 22 ∙ 10-9 m2/s) and becomes the limiting diffusing reactant rather 

than CO at those H2-deficient conditions.  The red asterisks in contour plots A and B of Figure 

5.2 represent the experimental results, which are discussed in the next section.  The three-

dimensional contour plot (Figure 5.2C) shows more clearly how the effectiveness factor varies 

with different 𝑦𝑦𝐶𝐶𝐶𝐶 and 𝑑𝑑𝑝𝑝 at 250°C and 20 bar.  𝜂𝜂 is nearly 1 for all values of 𝑦𝑦𝐶𝐶𝐶𝐶 and 𝑑𝑑𝑝𝑝 <

200 𝜇𝜇𝛥𝛥.  𝜂𝜂 decreases with increasing particle size at different slopes, depending on the particle 

size as well as CO and H2 compositions. 

 

123 
 



 
  

 

 

Figure 5.2: A- 2-D contour plot of effectiveness factor, 𝜟𝜟𝑻𝑻𝒇𝒇𝑺𝑺𝒍𝒍𝒎𝒎,, and 𝑹𝑹 as functions of particle size and feed CO 
composition at 𝑻𝑻=250°C and 𝑷𝑷=20 bar.  B- 2-D contour plot of effectiveness factor, 𝜟𝜟𝑻𝑻𝒇𝒇𝑺𝑺𝒍𝒍𝒎𝒎, and 𝑹𝑹 as functions of particle 
size and feed CO composition at 𝑻𝑻 = 𝟐𝟐𝟐𝟐𝟐𝟐°𝑪𝑪 and 𝑷𝑷 = 𝟐𝟐𝟐𝟐 𝒃𝒃𝒂𝒂𝒑𝒑. C- 3-D contour plot of effectiveness factor vs. particle size 
and feed CO composition at 𝑻𝑻 = 𝟐𝟐𝟐𝟐𝟐𝟐°𝑪𝑪 and 𝑷𝑷 = 𝟐𝟐𝟐𝟐 𝒃𝒃𝒂𝒂𝒑𝒑. The red asterisks in contours A and B represent the 
experimental datum acquired from the fixed-bed reactor at the indicated reaction conditions and on an average particle 
size of 425𝜇𝜇m.  
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Figure 5.3 shows a plot of the effectiveness factor as it changes with the average carbon 

number of n-alkane. The effectiveness factor clearly decreases with increasing carbon number 

due to slower diffusion in heavier hydrocarbons and therefore smaller 𝐷𝐷𝐴𝐴𝐴𝐴 values. The 

effectiveness factor flattens at C28 which suggests that increasing the average carbon number 

beyond C28 will have minimal effect on the predicted effectiveness factor. C20 appears to be a 

reasonable average of FT wax and liquid hydrocarbons to consider in effective diffusivity 

calculations.     

 

Figure 5.3: Effect of average carbon number of FT products on the predicted effectiveness factor at 250°C, 20 bar, and 
equimolar H2:CO. 

This summarizes the results obtained from the model that simulates mesoscale design of 

FTS iron-based catalysts. Details on reactor modeling can be found in other studies reported in 

the literature [6-8, 153-157]. 
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5.3.2 Fixed-Bed Experiments and Comparison to Model Results 

Table 5.4 shows the results of the rates of CO depletion obtained from the fixed-bed 

reactor at 250°C and 260°C.  The effectiveness factors for both temperatures shown in Table 5.4 

were calculated assuming that the reaction is not pore-diffusion limited in the particle size range 

of 125 – 200 µm.  This is a reasonable assumption, considering the results obtained from the 

model predict that pore diffusion and heat transfer rates are not limiting for particle sizes smaller 

than 200 µm.  The experimental effectiveness factors are approximately 74% and 64% at 250°C 

and 260°C, respectively. 

 
Table 5.4: Rates of CO depletion obtained from the fixed-bed reactor runs and the model on unsupported FTS Fe-based 

catalyst at two reaction temperatures with different catalyst particle sizes (40 mol% He, 20 bar, 1:1 H2:CO). 

𝒅𝒅𝒔𝒔 range (µm) 𝑻𝑻 (°C)  250 - 600 250-600 125 – 200 125-200 
  Experimental Predicted Experimental Predicted 

Measured rate 
(mmol/gcat/h)a 

 
250 

 
38.5 

 
38.0 

 
52.3 

 
48.1 

Experimental 
effectiveness 

factor at (%)b 

 
250 

 
74 

 
79 

 
100 

 
100 

Measured rate 
(mmol/gcat/h)a 

 
260 

 
58.2 

 
56.4 

 
88.9 

 
79.5 

Experimental 
effectiveness 
factor (%)b 

 
260 

 
64 

 
71 

 
100 

 
100 

        a The experimental results are within 10% error. 
      b The predicted effectiveness factors are reported for particle sizes of 425 µm. 

 

Figure 5.4 shows a contour plot of the rate of CO depletion and CO conversion as they 

vary with temperature and pressure at equimolar feed compositions of CO and H2, with red 

asterisks representing the experimental rates shown in Table 5.4.  The rates from the model are in 

good agreement with the experimental rates and therefore the comparison of the modeled and 

experimental effectiveness factors are appropriate. Furthermore, the CO conversions are below 
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25% for the modeled temperature and pressure ranges (~ 10% at 250°C, and < 15% at 260°C) 

validating the assumption for differential conditions.  

 

Figure 5.4: 2-D contour plot of observed rate and CO conversion as functions of reaction pressure and temperature and 
equimolar H2:CO molar ratio and 250 microns. The red asterisks in contours represent the experimental (measured) 
rates acquired from the fixed-bed reactor at 250°C and 260°C.  

The red asterisks in contour plots A and B in Figure 5.2 show that the experimental 

effectiveness factors fall in the particle size range of 250 – 600 𝜇𝜇m.  The modeled effectiveness 

factor at 250°C, 20 bar, and H2:CO = 1 is within ~5% of the experimental value (79% compared 

to 74%) at an average particle diameter of the 250 – 600 𝜇𝜇m range (425 𝜇𝜇m).  Additionally, the 

predicted value at 260°C, 20 bar, and H2:CO ratio = 1 is within ~10% of the experimental value 

(71% compared to 64%) at 425 𝜇𝜇m.  The experimental values at both temperatures fall in the 

range of 250 – 600 𝜇𝜇m on Figures 5.2A and 5.2B.  Therefore, the experimental measurements 

validate and support the predicted results from the developed model. 
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5.3.3 Scale-Up 

Pressure drop problems do not rise at laboratory-scale conditions, even if the particle size 

is lowered to below 200 μm. However, 𝛥𝛥𝑃𝑃 is a strong function of the length of the catalyst bed 

(𝐿𝐿𝑏𝑏𝑟𝑟𝑑𝑑) and feed volumetric flow rate, (�̇�𝑉𝑖𝑖𝑑𝑑), which strongly affects the liquid dynamic hold-up 

value (𝜀𝜀𝑓𝑓,𝑑𝑑𝑑𝑑𝑑𝑑) as well as the friction factor. Therefore, the model must be applied to a 

commercial-scale reactor to optimize the design variables for practical conditions. Tables 5.5 and 

5.6 present the model input parameters changed from the lab-scale reactor to consider reactor 

scale-up and the corresponding optimized solution, respectively. Several design parameters, 

including CO conversion (60%), reactor inlet 𝑇𝑇 = 250°𝑦𝑦, reactor inlet  𝑃𝑃 = 20 𝑏𝑏𝑏𝑏𝑟𝑟, and inlet 

CO mole fraction 𝑦𝑦𝐶𝐶𝐶𝐶 = 0.5, were set at fixed values to highlight the effects of optimized 

particle diameter on pressure drop. An increase of 7°C between the inlet and the outlet 

temperature with an average catalyst bed temperature of 253.5°C were used to account for non-

isothermality in the industrial reactor, as estimated elsewhere [86,140]. The rate constant per unit 

mass, 𝑘𝑘, was calculated using integral reactor design to account for non-differential conditions, 

as shown in Equation 5.36: 

𝑘𝑘 = 𝑑𝑑𝐶𝐶𝐶𝐶𝐹𝐹0𝐶𝐶𝐶𝐶
𝑊𝑊𝑐𝑐𝑐𝑐𝑐𝑐

· ∫ 1
𝑃𝑃𝐶𝐶𝐶𝐶(𝑋𝑋𝐶𝐶𝐶𝐶)−0.05𝑃𝑃𝐻𝐻2(𝑋𝑋𝐶𝐶𝐶𝐶)0.6

0.6
0 𝑑𝑑𝑥𝑥𝐶𝐶𝐶𝐶          (5.36) 

Table 5.5: Parameters for a commercial-size reactor at 𝑻𝑻=253.5°C, 𝑷𝑷=20 bar, and 𝒚𝒚𝑪𝑪𝑪𝑪=0.5 (H2:CO  = 1). 

Parameter Value 
Particle shape Cylindrical 
𝑾𝑾𝒄𝒄𝒂𝒂𝒄𝒄 (kg) 3  
𝑾𝑾𝑺𝑺𝑺𝑺𝑪𝑪 (kg) 0  
𝑺𝑺𝒑𝒑𝒑𝒑𝒂𝒂𝒄𝒄 (cm2) 5.07  
�̇�𝑽𝑺𝑺𝒏𝒏 (m3/h) 24 

𝒚𝒚𝑯𝑯𝒑𝒑 0 
𝑿𝑿𝑪𝑪𝑪𝑪 60% 

𝒌𝒌 (mol kg-1 h-1 atm-0.55) 29.3 
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Table 5.6: Optimized solution for the commercial-size reactor. 

Variable Value for 
maximizing 𝜼𝜼 · −𝒑𝒑𝑪𝑪𝑪𝑪 

𝒅𝒅𝒔𝒔 (mm) 1.1 
𝑴𝑴𝒘𝒘 4.9 
𝝓𝝓 3.0 
𝜼𝜼 0.54 

Intrinsic −𝒑𝒑𝑪𝑪𝑪𝑪 (mol/kg∙hr) 112 

Observed −𝒑𝒑𝑪𝑪𝑪𝑪 (mol/kg∙hr) 60.5 

𝜷𝜷 1.5 ∙ 10-4 
𝜟𝜟𝑻𝑻𝒇𝒇𝑺𝑺𝒍𝒍𝒎𝒎 (°C) 0.3 

𝑹𝑹 1 
𝜟𝜟𝑻𝑻𝒔𝒔 (°C) 0.08 

𝜟𝜟𝑷𝑷/𝑷𝑷 20% 
𝜟𝜟𝑷𝑷 (bar) 4 

𝑳𝑳𝒃𝒃𝒑𝒑𝒅𝒅 (m) 7.4 
𝒉𝒉 (W/m2∙K) 5374 
𝝀𝝀𝒑𝒑 (W/m∙K) 0.16 

𝜺𝜺𝒃𝒃 0.41 
𝑫𝑫𝑲𝑲 (cm2/s) 3.1 ∙ 10-2 
𝑫𝑫𝑺𝑺𝑨𝑨 (cm2/s) 2.3 ∙ 10-4 
𝑫𝑫𝒑𝒑 (cm2/s) 5.3 ∙ 10-6 

 

The pressure drop is significantly influenced by the longer catalyst bed, higher CO 

conversion, and higher flow rates of feed; hence, the optimum 𝑑𝑑𝑝𝑝 is constrained. Furthermore, 

𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 is significantly higher than the value reported for the laboratory-scale reactor due to 

increased rate of reaction and increased Reynolds number. Smaller reactor diameters provide 

better heat transfer because the convection is better with higher flow rates and the distance for 

conduction is decreased; however, decreasing the size of the reactor increases the length of the 

catalyst bed and therefore increases the pressure drop. The optimal particle size (1.1 mm) is 

constrained by 𝛥𝛥𝑃𝑃/𝑃𝑃 ≤ 20% which decreases the effectiveness factor to 54%. This is made 
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clear in Figure 5.5 which shows a 2-D contour plot of 𝜂𝜂, 𝛥𝛥𝑃𝑃, and 𝛥𝛥𝑇𝑇𝑓𝑓𝑖𝑖𝑓𝑓𝑓𝑓 as functions of 𝑑𝑑𝑝𝑝 and 

�̇�𝑉𝑖𝑖𝑑𝑑 (Plot 5.5A) and a 3-D contour plot of 𝛥𝛥𝑃𝑃 vs. 𝑑𝑑𝑝𝑝 and �̇�𝑉𝑖𝑖𝑑𝑑 (Plot 5.5B). 

According to Figures 5.5A and 5.5B, pressure drop increases with increasing feed 

volumetric flow rate and decreasing particle size. Larger �̇�𝑉𝑖𝑖𝑑𝑑 increases the gas and liquid 

velocities, which increase 𝜀𝜀𝑓𝑓,𝑑𝑑𝑑𝑑𝑑𝑑 and 𝛿𝛿𝑊𝑊𝑊𝑊 (Equations 5.24 and 5.27), and therefore increase 𝛥𝛥𝑃𝑃
𝐿𝐿𝑏𝑏𝑒𝑒𝑏𝑏

 

according to Equation 5.23. Smaller 𝑑𝑑𝑝𝑝 decreases the bed void fraction (𝜀𝜀𝑏𝑏) and increases 𝛿𝛿𝑊𝑊𝑊𝑊, 

thus increasing pressure drop. Pressure drop appears to increase beyond 20% for particle sizes 

smaller than 1.5 mm and feed volumetric flow rate greater than 20 m3/h.      
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Figure 5.5: A- 2-D contour plot of effectiveness factor, 𝜟𝜟𝑷𝑷, and 𝜟𝜟𝑻𝑻𝒇𝒇𝑺𝑺𝒍𝒍𝒎𝒎 as functions of particle size and feed volumetric 
flow rate at 𝑷𝑷 = 𝟐𝟐𝟐𝟐 𝒃𝒃𝒂𝒂𝒑𝒑, 𝑻𝑻 = 𝟐𝟐𝟐𝟐𝟐𝟐°𝑪𝑪, 𝒚𝒚𝑪𝑪𝑪𝑪 = 𝟐𝟐.𝟐𝟐. B- 3-D contour plot of 𝜟𝜟𝑷𝑷 as a function of particle size and feel 
volumetric flow rate at 𝑷𝑷 = 𝟐𝟐𝟐𝟐 𝒃𝒃𝒂𝒂𝒑𝒑, 𝑻𝑻 = 𝟐𝟐𝟐𝟐𝟐𝟐°𝑪𝑪, 𝒚𝒚𝑪𝑪𝑪𝑪 = 𝟐𝟐.𝟐𝟐.  

 

5.4 Summary of Optimization and Simulation Models 

An optimized model that simulates pressure drop and heat and mass transfer conditions 

for unsupported iron-based Fischer-Tropsch catalysts under different operating (temperature, 

pressure, and feed CO composition) and design (agglomerate particle size) conditions has been 

successfully developed and validated against experimental results. Higher reaction temperatures, 

higher reaction pressures, smaller particle size, and lower feed CO composition are favored for a 

maximized intrinsic reaction rate by driving a kinetically-controlled reaction that is not limited 

by heat and mass transfer limitations.  These conditions suggest increased catalytic activity as 

well as better transfer rates, thereby increasing the productivity of the catalyst. However, reaction 

temperatures above 255.8°C result in the catalytic activity decreasing below 50% of initial 
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activity after 1000 h; therefore, the choice of reaction temperature is constrained by the rate of 

deactivation. Internal and film heat transfer resistances are not predicted to be limiting in the 

particle size range of 200 – 600 𝜇𝜇m.  However, film temperature gradients are expected to be 

more limiting than internal particle temperature gradients at typical operating Fischer-Tropsch 

synthesis conditions (250°C, 20 bar, and equimolar H2:CO ratio).  The reaction is not pore-

diffusion limited at particle sizes below 250 𝜇𝜇m where the effectiveness factor is greater than 

95%. Finally, small particle sizes (< 250 𝜇𝜇m) do not impose any pressure drop issues under 

laboratory-scale operating conditions. However, the model was used to optimize the particle size 

under commercial-scale reactor operating conditions and predicted that 1.1 mm cylindrical 

particles are optimum for a maximized effectiveness factor (54%) and minimized pressure drop 

(4 atm).  
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CHAPTER 6. WGS and FTS Kinetic Study of Unsupported Iron-Based 
Fischer-Tropsch Catalysts Promoted with Lanthana 
 
 
 
 This chapter presents the experimental work, results, and discussion of the kinetic and 

characterization studies performed on unsupported iron-based FTS catalysts promoted with 

lanthana. The effects of lanthana on the activity, selectivity, and stability of these catalysts 

during both water gas shift and Fischer-Tropsch synthesis conditions are explained.  

 

6.1 Experimental Methods and Apparatus 

 The same experimental procedure was followed to prepare and test the unsupported iron-

based FTS catalysts. The chart in Figure 6.1 summarizes the experimental work. 

 

Figure 6.1: Flow of experimental work procedures for FTS catalysts. 

Catalyst 
Preparation Catalyst Carbiding 

Characterization 
(e.g., BET Surface 
Area, EDS, SEM, 

and XRD) 
 

WGS Activity at 
WGS Conditions 

 

WGS Activity at 
FTS Conditions 

FTS Kinetics 
(Activity, 

Selectivity, 
Stability) 
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6.1.1 Catalyst Preparation, Calcination, Screening, Reduction, and Carbiding 

The methodology described in this section for catalyst preparation was based on 

Brunner’s work [86]. Different batches of catalysts were prepared via the solvent deficient 

precipitation (SDP) method with nominal compositions of 5 parts Cu, 4 parts K, and 16 parts 

SiO2 for 100 parts Fe. Table 6.1 shows the nominal compositions of the four catalysts prepared 

for this work.  

Table 6.1: Compositions of metals in FTS catalysts. 

Catlyst ID Fe (wt%) Cu (wt%) K (wt%) La(wt%) SiO2 (wt%) 

0La FT 80.0 4.00 3.20 0.00 12.80 
0.5La FT 79.6 3.98 3.18 0.50 12.74 
2La FT 78.43 3.92 3.13 1.98 12.55 

2La/2K FT 79.37 3.97 1.98 1.98 12.70 
 

The synthesis of these catalysts occurs according to the following chemical reactions: 

𝑀𝑀(𝑁𝑁𝑦𝑦3)𝑥𝑥(ℎ𝑑𝑑𝑑𝑑) +  𝑥𝑥 𝑁𝑁𝐻𝐻4𝐻𝐻𝑦𝑦𝑦𝑦3(ℎ𝑑𝑑𝑑𝑑) → 𝑀𝑀(𝑦𝑦𝐻𝐻)𝑥𝑥(𝑠𝑠) +  𝑥𝑥𝑁𝑁𝐻𝐻4𝑁𝑁𝑦𝑦3(𝑟𝑟𝑒𝑒) + 𝑥𝑥𝑦𝑦𝑦𝑦2(𝑔𝑔)      (6.1) 

𝑀𝑀(𝑦𝑦𝐻𝐻)𝑥𝑥(𝐴𝐴) + ℎ𝑅𝑅𝑏𝑏𝑡𝑡 + 𝑥𝑥
4
𝑦𝑦2 → 𝑀𝑀𝑦𝑦𝑥𝑥(𝑠𝑠) + 𝑥𝑥

2
𝐻𝐻2𝑦𝑦(𝑓𝑓) (calcination)                             (6.2) 

Appropriate amounts (shown in Table 6.2) of hydrated metal salts: Fe(NO3)3.9H2O (99.99%, 

Sigma-Aldrich), Cu(NO3)2.2.5H2O (98%, Sigma-Aldrich), and La(NO3)3.6H2O (99.999%, 

Sigma-Aldrich), were mixed with SiO2 (Cab-O-Sil, Sigma-Aldrich) in a large mortar without the 

addition of any solvent. KHCO3 (99.7%, Sigma-Aldrich) and NH4HCO3 (99.5%, Sigma-Aldrich) 

were mixed together in a separate bowl. The bicarbonate mixture was then added to the nitrate 

mixture and the resultant was mixed forcefully for about 20-30 minutes with a pestle. During the 

process of vigorous mixing, bubbles of CO2 and waters of hydration were released and metal 

hydroxides formed through the chemical reactions in Equation 6.1. After the process completed 

when CO2 release ceased, the mixture was dried in an oven overnight at 100°C for 15-24 h.   
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Table 6.2: Weights of metal nitrates, silica, and bicarbonates for the preparation of 20-gram batches of unsupported FTS 
catalysts with different wt% of lanthana. 

Catlyst ID Fe(NO3)3  
(g) 

Cu(NO3)2  
(g) 

La(NO3)3  
(g) 

SiO2 
(g) 

KHCO3  
(g) 

NH4HCO3 
(g) 

0La FT 115.738 2.929 0.000 2.560 1.639 70.435 
0.5La FT 115.162 2.914 0.310 2.547 1.631 70.257 
2La FT 113.469 2.871 1.222 2.510 1.607 70.733 

2La/2K FT 114.82 2.905 1.237 2.540 1.016 70.557 
 

20 grams of the dried batches were calcined at 300°C for 6 h. The temperature was 

ramped from room temperature to 90°C at 1°C/min, soaked for 1 hour to get rid of moisture, then 

ramped to 210°C at 1°C/min, soaked for 4 h to decompose ammonium nitrate, and finally 

ramped to 300°C at 0.5°C/min and soaked for 6 h to convert metal hydroxides to oxides. The air 

flow (breathing air, Airgas) was set to achieve a gas hourly space velocity (GHSV) > 2000 mL 

air/(mL of cat · h). The calcined catalysts were ground with a pestle and sieved to retain 106-250 

μm particle sizes to avoid pore diffusion and heat transfer limitations, as recommended by the 

results of the model presented in the previous chapter.  

0.1 g of the calcined catalysts were reduced and carbided at 1 atm. For the reduction 

process, the temperature was ramped from room temperature to 250°C at 0.5°C/min, soaked for 

1 hour, ramped to 300°C at 0.5°C/min, and soaked for 10 h in 10 mol% H2/Ar with a GHSV > 

2000. The reduction conditions were then switched to 100 mol% H2 for another 6 h. The 

temperature was then lowered to 230°C at 1°C/min in Ar before syngas with equimolar 

compositions of CO and H2 diluted with Ar (30 mol% CO (99.995%, Airgas), 30 mol% H2/ 

(99.95%, Airgas) 40 mol% Ar (99.997%, Airgas)) was introduced. The temperature was then 

ramped to 250°C at 0.5°C/min until steady state was achieved. The carbided catalysts were 

passivated at room temperature. The composition of air in Ar was controlled to keep the 

temperature rise below ~ 10°C during the exothermic process of passivation. The flow rates of 
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gases were controlled using calibrated flow controllers (Porter Instruments 201). Table 6.3 shows 

the flow rates of gases for the reduction and carbiding processes. 

 

Table 6.3: Flow rates of gases during the reduction and carbiding processes. 

Gas Flow rates during the 
reduction with 10 

mol% H2/Ar (sccm) 

Flow rates during 
the reduction with 

100 mol% H2 (sccm) 

Flow rates during 
carbiding (sccm) 

H2 5 25 15 
CO 0 0 15 
Ar 45 0 20 

      

6.1.2 Characterization Procedures 

Different techniques were used to characterize the physical and chemical properties of the 

calcined and carbided catalysts. Details about each analytical technique are described in the 

following subsections.   

 

6.1.2.1  Nitrogen Physisorption, EDS, SEM, and XRD 

Similar procedures for BET surface area measurements, EDS and SEM, and XRD 

analyses were followed as described in Sections 3.1.2.1, 3.1.2.2, and 3.1.2.3, respectively.  

 

6.1.2.2  X-Ray Mapping 

A scanning electron microscope (FEI, Helios NanoLab 600i) equipped with EDAX 

spectrometer (Ametek) was used to image the elemental distributions of promoters (Fe, Cu, K, 

La, Si) in 106-250 𝜇𝜇m agglomerates of carbided catalysts. The maps were generated in Team® 

software with 256*200 resolution and with 20 keV voltage and 1.4 nA beam. The scans were 

made at 500x and 3500x magnifications to acquire maps for single and multiple particles. 
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6.1.2.3  CO Chemisorption 

CO chemisorption was performed on carbided/reduced catalysts in a thermal gravimetric 

analysis (TGA DSC 1, Mettler Toledo) instrument equipped with an automated GC 200 gas 

controller. The analysis on 10 mg passivated carbided catalysts was not successful apparently 

because the reduction conditions of 10 mol% H2/He at 100°C for 1 h were not sufficient to 

reduce the passivated oxide layer on the surface and therefore no CO uptake was observed. 

These reduction conditions were chosen for the passivated catalysts in an attempt to reduce the 

oxide layer but not iron carbide. CO uptake measurements were therefore performed at 100°C in 

10 mol% CO/He on 10 – 20 mg of reduced samples. The reduction process was followed as 

discussed above and was stopped after the reduction with 100% H2 at 300°C. The reduced 

catalysts were passivated at room temperature with a controlled air/Ar gas mixture that allowed a 

<~10°C temperature rise. Prior to CO uptake measurements, the passivated reduced catalysts 

were re-reduced in situ at 300°C for 6 h in 10 mol% H2/He with 3°C/min ramp rate from room 

temperature. The flow rates of gases were set using calibrated rotameters.           

6.1.3 Kinetic Analysis: Reaction Apparatus, Conditions, and Calculations 

The catalyst performance metrics (activity, selectivity, and stability) were tested in a 

fixed-bed reactor at three different temperatures (240°C, 250°C, and 260°C). This section 

describes the system and conditions used to perform these measurements.  

 

6.1.3.1  Catalyst Loading 

Kinetic experiments were performed in a stainless steel microreactor (0.6 cm inside 

diameter, 30.5 cm long) fitted with an internal ring slightly smaller than the inner diameter of the 
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reactor to support the sample.  The catalysts were embedded between two layers of quartz wool 

and were supported on 80 𝜇𝜇m stainless steel mesh to retain the catalyst particles. 0.14 g of 

calcined catalyst was diluted with 0.56 g of silicon carbide to prevent hot spots and to approach 

isothermal conditions in the catalytic zone. At the end of each experiment, the used catalyst was 

recovered, while the reactor was cleaned with hot water and acetone to remove any residual wax.  

 

6.1.3.2  Fixed-Bed Reactor Setup 

Figure 6.2 shows the flow diagram of the fixed-bed reactor system used to perform the 

experiments on the FTS catalysts. The flow rates of CO, H2, and Ar were set using calibrated 

mass flow controllers (Porter Instruments 201).  CO with an Ar internal standard (88.2% CO and 

11.8% Ar, Airgas) was used for conversion calculations. Water was metered (ISCO pump model 

260d) at a 1:2 H2O:CO molar ratio through a boiler operating at 250°C during the WGS study of 

the FT catalysts. The reactor was heated inside an electric furnace (National Element FA 120). A 

thermocouple in contact with the center of the catalyst bed itself measured the reaction 

temperature. Wax was collected in a hot trap heated at 100-120°C. Water and liquid 

hydrocarbons were collected in a cold trap at 0°C. After the cold trap, a back-pressure regulator 

(Swagelok) controlled the pressure inside the reactor. A desiccator column (Drierite, 97% 

anhydrous calcium sulfate) was used to de-humidify the exit gas stream prior to analysis in a gas 

chromatograph (GC, Agilent Technologies 7890A with a Supelco Carboxen 1004 packed 

column (2 m x 1.5 mm) and thermal conductivity detector).  The reactor tubing prior to the water 

removal system was heat traced at 150°C and insulated to prevent water condensation during the 

WGS study.  
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6.1.3.3  Activation of Catalysts 

Prior to activation, the catalysts were reduced in situ at 300°C and atmospheric pressure 

as described in Section 6.1.1. The catalyst was then cooled to 210°C in flowing Ar. Ar flow was 

shut off and syngas with 1:1 H2:CO molar ratio was allowed to flow until the reaction pressure 

reached 320 psi. The flow rates of CO and H2 were each set at 5.7 sccm to achieve about 40% 

CO conversion for fast activation and carbiding of the catalyst. The temperature was ramped 

from 210°C to 250°C at 0.5°C/min. The temperature was soaked for 3 h every 10°C interval to 

control the rate of the reaction and to avoid hot spots that could result from the high 

exothermicity of the FTS reaction. Once the rate of the reaction approached steady-state 

conditions, which took between 40 and 60 h, the flow rates of CO and H2 were increased to 11.4 

sccm and then to 22 sccm for each gas over the span of 24-36 h to control the heat of reaction 

and avoid hot spots in the catalyst as the differential reactor conditions were approached. The 

flow rates of CO and H2 were finally increased to 40 sccm for each gas to bring CO conversion 

down to about 10%.    

 

6.1.3.4  Fischer-Tropsch Activity and Selectivity Measurements 

Data for the activity and selectivity of the four catalysts were acquired at 240°C, 250°C, 

and 260°C and at 320 psi. Reaction rates were calculated from the following differential reactor 

equation: 

−𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑋𝑋𝐶𝐶𝐶𝐶∙𝐹𝐹0𝐶𝐶𝐶𝐶
𝑊𝑊𝑐𝑐𝑐𝑐𝑐𝑐

                                                                        (6.3) 

where −𝑟𝑟𝐶𝐶𝐶𝐶 is the rate of CO consumption, 𝑋𝑋𝐶𝐶𝐶𝐶  is the CO conversion, 𝐹𝐹0𝐶𝐶𝐶𝐶 is the inlet molar 

flow rate of CO at atmospheric 𝑃𝑃 and 𝑇𝑇, and 𝑊𝑊𝑟𝑟𝑟𝑟𝑐𝑐 is the mass of the catalyst. 
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Figure 6.2: Fixed-bed reactor system for FTS experiments. 
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CO conversion, 𝑋𝑋𝐶𝐶𝐶𝐶, was calculated from equation (6.4): 

𝑋𝑋𝐶𝐶𝐶𝐶 = 1 − 𝑃𝑃𝐴𝐴𝐶𝐶𝐶𝐶
𝑃𝑃𝐴𝐴0𝐶𝐶𝐶𝐶

 𝑃𝑃𝐴𝐴
0
𝐴𝐴𝑟𝑟

𝑃𝑃𝐴𝐴𝐴𝐴𝑟𝑟
             (6.4) 

where 𝑃𝑃𝐴𝐴𝑖𝑖 is the integrated GC peak area for gas 𝛥𝛥 during FTS reaction and 𝑃𝑃𝐴𝐴0𝑖𝑖 is the 

integrated GC peak area for gas 𝛥𝛥 when no reaction is taking place. The overall rate of reaction of 

the catalyst,  𝑟𝑟𝐶𝐶𝐶𝐶+𝐻𝐻2, was calculated using equation (6.5): 

  𝑟𝑟𝐶𝐶𝐶𝐶+𝐻𝐻2 = 𝑋𝑋𝐶𝐶𝐶𝐶∙𝐹𝐹0𝐶𝐶𝐶𝐶+𝑋𝑋𝐻𝐻2∙𝐹𝐹
0
𝐻𝐻2

𝑊𝑊𝑐𝑐𝑐𝑐𝑐𝑐
                                                 (6.5) 

The selectivity of any gaseous product (𝐴𝐴𝑖𝑖) was calculated using equation (6.6): 

  𝐴𝐴𝑖𝑖 = 𝑑𝑑𝑖𝑖
𝑋𝑋𝐶𝐶𝐶𝐶

 𝑃𝑃𝐴𝐴𝑖𝑖
𝑃𝑃𝐴𝐴𝐴𝐴𝑟𝑟

𝑃𝑃𝐴𝐴0𝐴𝐴𝑟𝑟
𝑃𝑃𝐴𝐴0𝐶𝐶𝐶𝐶

𝑅𝑅𝐹𝐹𝐶𝐶𝐶𝐶
𝑅𝑅𝐹𝐹𝑖𝑖

                     (6.6) 

where 𝑛𝑛𝑖𝑖 is the number of carbon atoms in species 𝛥𝛥, and 𝑅𝑅𝐹𝐹𝑖𝑖 is the response factor of gas 𝛥𝛥 

acquired from GC calibrations (see Appendix A). The derivations of equations (6.4) and (6.6) 

can be found elsewhere [86].  The reaction rate constant, 𝑘𝑘, as a function of reaction temperature 

was regressed using the Arrhenius equation to determine the activation energies for the different 

catalysts. 𝑘𝑘 was found using the reaction rate model and partial pressure dependencies proposed 

by Eliason [97], as given in equation (6.7): 

  𝑘𝑘 = −𝑟𝑟𝐶𝐶𝐶𝐶
𝑃𝑃𝐶𝐶𝐶𝐶−0.05𝑃𝑃𝐻𝐻2

0.6                               (6.7) 

6.1.3.5  Water-Gas Shift Activity Measurements   

The WGS activity of iron-based FT catalysts operating under either FTS or WGS 

conditions was also studied. The WGS study under FTS conditions was performed only on 0La 

FT, while all of the catalysts were operated under WGS conditions. Table 6.4 reports the 

conditions of both studies. The WGS conditions included four flow rates in order to extrapolate 

141 
 



 
  

to zero CO conversion (as described in Chapter 3). The FTS conditions were typical for FTS 

reaction, with the H2O:CO ratio chosen to avoid deactivation by carbon deposition (at low 

H2O:CO) or oxidation of catalyst by water (at high H2O:CO). The CO and H2O were diluted in 

Ar. After each run under FTS conditions, the reaction conditions were changed to 1:1 H2:CO to 

evaluate the FTS reaction rate for deactivation at 250°C and 320 psi. The calculations for WGS 

activity are as reported in Section 3.1.3. The purpose of this study was to understand the 

behavior of the WGS activity on operating Fe FT catalysts with the WGS reaction de-coupled 

from the FT reaction.  

Table 6.4: The operating conditions for the WGS study of FT catalysts. 

WGS study 
conditions 

Temperature 
(°C) 

Pressure 
(atm) 

H2O/CO/Ar Total inlet gas 
flow (sccm) 

Active phase 
of iron 

WGS run 1 400 1 3/1/0 3.65 Fe3O4 

WGS run 2 400 1 3/1/0 7.30 Fe3O4 

WGS run 3 400 1 3/1/0 11.0 Fe3O4 

WGS run 4 400 1 3/1/0 14.3 Fe3O4 

FTS run 1 250 21 1/2/2 20 χ-Fe5C2 

FTS run 2 250 21 2/5/5 24 χ-Fe5C2 

FTS run 3 250 2 2/3/3 16 χ-Fe5C2 

FTS run 4 240 21 1/2/2 20 χ-Fe5C2 

FTS run 5 240 21 2/5/5 24 χ-Fe5C2 

FTS run 6 240 21 2/3/3 16 χ-Fe5C2 

FTS run 7 260 21 1/2/2 20 χ-Fe5C2 

FTS run 8 260 21 2/5/5 24 χ-Fe5C2 

FTS run 9 260 21 2/3/3 16 χ-Fe5C2 
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6.2 Results and Discussion 

 This section discusses in detail the results of the characterization and kinetic experiments. 

The effect of lanthana on FTS catalysts is compared in terms of activity, selectivity, and stability.   

 

6.2.1 Surface Area 

Table 6.5 shows the BET surface areas (𝐴𝐴𝐴𝐴) and the average pore volume (𝑉𝑉𝑝𝑝𝑝𝑝𝑟𝑟𝑟𝑟) of the 

fresh calcined and carbided catalysts, along with the crystallite sizes (𝑑𝑑𝑟𝑟) for the carbided 

samples. Addition of lanthana has no significant effect on the fresh BET surface area and 

average pore volume. However, lanthana has significant influence on the catalysts after 

carbiding.  The carbided 2La/2K FT catalyst has the highest surface area and largest pore 

volume, which suggests that it is the most stable catalyst with the least reduction in surface area. 

The carbided 2La FT catalyst has the lowest surface with the smallest pore volume indicating 

less stability than the other catalysts. In fact, 2La/2K FT has triple the surface area of 2La FT and 

double the pore volume, which can significantly affect the selectivity of these catalysts under FT 

reaction conditions.   

Table 6.5: BET surface area and average pore diameter measurements for the calcined and carbided catalysts along with 
crystallite sizes for the carbided catalysts. 

Catalyst ID Calcined (Fresh) Carbided 
 𝑺𝑺𝑺𝑺 

(m2/gcat) 
𝑽𝑽𝒔𝒔𝒑𝒑𝒑𝒑𝒑𝒑 

(cm3/g) 
𝑺𝑺𝑺𝑺 

(m2/gcat) 
𝑽𝑽𝒔𝒔𝒑𝒑𝒑𝒑𝒑𝒑 

(cm3/g) 
𝒅𝒅𝒄𝒄 for Fe 

(nm)a 
𝒅𝒅𝒄𝒄 for χ-Fe5C2 

(nm)b 

0La FT 125 0.14 21 0.08 8.1 19.1 
0.5La FT 135 0.13 23 0.06 9.6 21.4 
2La FT 110 0.14 10 0.05 9.9 22.6 

2La/2K FT 125 0.14 29 0.1 9.2 20.4 
a Fe crystallite sizes were calculated using the Debye-Scherrer equation and XRD peak broadening at 44.7°.  
b χ-Fe5C2 crystallite sizes were calculated using the Debye-Scherrer equation and XRD peak broadening at 43.7°.    
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6.2.2 Powder X-ray Diffraction (XRD)  

 Figure 6.3, which shows the XRD patterns of the carbided FT catalysts, indicates that the 

major iron phase in all the samples is a mixture of χ-Fe5C2 and metallic Fe. Peaks for Fe3O4 at 

35.5° and 63° were also observed, possibly due to oxidation of Fe during passivation, but their 

intensity is negligible compared to the carbide phase. These major phases were determined by 

comparing the diffraction angles with those from the International Centre for Diffraction Data 

(ICDD) database. Furthermore, addition of lanthana clearly left-shift the χ-Fe5C2 peaks at 43.7°, 

the metallic Fe peaks at 44.8°, and the Fe3O4 peaks at 35.5°, indicating larger unit cells and 

therefore larger lattice parameters with the addition of the larger La3+ cations. The crystallite 

sizes of iron reported in Table 6.5 suggest that lanthana increases the crystallite size of both iron 

and iron carbide and therefore worsens the dispersion of the active phase. However, the 

crystallite size of the 2La/2K FT catalyst is smaller than the other La-promoted FT catalysts, 

suggesting that adding lanthana at the expense of potassium provides better dispersion of the 

active phase than adding it at the expense of iron and other promoters. A better dispersion of iron 

can aid the stability of the catalyst by reducing the sintering of iron crystallites (as observed with 

the smaller crystallite sizes) and can provide more surface area and active phase for the FTS 

reaction.  
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Figure 6.3: The XRD patterns of the carbided FT catalysts. The peaks of each corresponding iron phase are identified 
using the International Centre for Diffraction Data (ICDD) database. 

 

6.2.3 Scanning Electron Microscopy and Energy-Dispersive Spectroscopy (EDS) 

Figure 6.4 shows the scanning electron micrograph (SEM) images for the fresh calcined 

0La FT, 0.5La FT, and 2La FT and 2La/2K FT catalysts.  Agglomerate particle sizes of the fresh 

samples appear to be the same.  The elemental compositions of the metals analyzed by EDS are 

approximately the same for the scans taken at different spots on each catalyst, except for the 2La 

FT catalyst, indicating that the bulk components are not well mixed in the 2La FT catalyst, as 

shown in Table 6.6. Quantitative analysis by the software is not accurate enough for calculating 

the low compositions of lanthana. However, it shows similar contents for the different scans with 

the desired 4/100 and 5/100 ratios of K/Fe and Cu/Fe, respectively.  
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Figure 6.4: Scanning electron micrographs of fresh calcined 0La FT (top left), fresh calcined 0.5La FT (top right), fresh 
calcined 2La FT (bottom left), and fresh calcined 2La/2K FT (bottom right).  

Table 6.6: Quantitative EDS analysis on the fresh calcined FT catalysts. The numbers show ppm of promoters normalized 
to 100 ppm of Fe for a scan across the surface of the sample holder and  

a one-point scan at a randomly chosen particle. 

Catalyst ID Scan Across Surface One-point scan 
 La  

ppm 
Cu  

ppm 
K  

ppm 
Fe  

ppm 
La 

 ppm 
Cu  

ppm 
K  

ppm 
Fe  

ppm 
0La FT 0.00 5.99 4.01 100 0.00 6.09 4.29 100 

0.5La FT 0.85 4.62 4.30 100 0.94 4.62 4.32 100 

2La FT 1.98 5.58 3.75 100 2.40 6.54 5.51 100 

2La/2K FT 1.81 5.76 1.39 100 2.08 5.34 1.47 100 

 

The SEM images of the carbided catalysts, shown in Figure 6.5, are quite different.  The 

2La FT catalyst appears have experienced the most physical damage.  This observation is 
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consistent with the surface area results that show the 2La FT catalyst is the least physically stable 

catalyst after carbiding. 

 

 

Figure 6.5: Scanning electron micrographs of carbided 0La FT (top left), carbided 0.5La FT (top right), carbided 2La FT 
(bottom left), and carbided 2La/2K FT (bottom right). 

 

6.2.4 X-Ray Mapping 

Differences in the elemental distribution among the different catalysts are depicted in X-

ray maps of 100 μm agglomerates shown in Figures 6.6 - 6.9.  
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The X-ray maps of the 0La FT catalyst suggest that the K and Cu promoters are well 

distributed when compared to Fe. The dark spots observed in Figures 6.6a, b, and c are due to the 

uneven surfaces of the catalyst and not to uneven distribution of the components. Si distribution, 

however, is less satisfactory, as shown by the increased number of bright and dark spots 

observed in Figure 6.6d. Oxygen distribution shown in Figure 6.6e is quite similar to that of Si, 

suggesting that the detected oxygen is attributed to silica, rather than to Fe, Cu, or K oxides.      

 
(a) Fe      (b) Cu 

 

 
  (c) K      (d) Si 
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(e) O 

Figure 6.6: X-ray maps for carbided 0La FT that show elemental distribution of (a) Fe, (b) Cu, (c) K, (d) Si, and (e) O. 
 

The X-ray maps of the 0.5La FT catalyst suggest that the distribution of K, Cu, and La 

promoters is different from that of Fe. The contents of K, Cu, and La are less in areas where Fe is 

more concentrated. Si and O distributions are again similar, but worse than the promoters, as can 

be observed when the bright and dark spots in Figures 6.7e and 6.7f are compared to those of Fe 

in Figure 6.7a.  

 
  (a) Fe      (b) Cu 
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  (c) K      (d) La 

 
  (e) Si      (f) O 
Figure 6.7: X-ray maps for carbided 0.5La FT that show elemental distribution of (a) Fe, (b) Cu, (c) K, (d) La, (e) Si, and 
(f) O. 

Similar to 0.5La FT, the X-ray maps of the 2La FT catalyst suggest that the distributions 

of K, Cu, and La promoters are different from that of Fe, indicating real distribution changes 

rather than surface morphological effects. Fe is more concentrated in areas where Cu, K, and La 

are not. Si and O distributions are alike and again worse than the promoters. 
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  (a) Fe      (b) Cu 
 

 
  (c) K      (d) La 

 
  (e) Si      (f) O 
Figure 6.8: X-ray maps for carbided 2La FT that show elemental distribution of (a) Fe, (b) Cu, (c) K, (d) La, (e) Si, and (f) 
O. 
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The X-ray maps of the 2La/2K FT catalyst suggest that the distributions of K, Cu, and La 

promoters are clearly better than those in the 0.5La FT and 2La FT catalysts. However, like the 

other samples, Si and O distributions are even less uniform, with clear similarity in the 

distribution of both elements. 

 
  (a) Fe      (b) Cu 
 

 
  (c) K      (d) La 
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  (e) Si      (f) O 
 
Figure 6.9: X-ray maps for  carbided 2La/2K FT that show elemental distribution of (a) Fe, (b) Cu, (c) K, (d) La, (e) Si, 
and (f) O. 

 In summary, elemental distributions in the La-promoted catalysts are less uniform than 

that in the unpromoted catalyst. However, adding lanthana at the expense of potassium does not 

seem to impose any negative changes to the distribution of promoters. The uniformity of 

promoter distribution with Fe in the 0La FT and 2La/2K FT catalysts compared to the 0.5La FT 

and 2La FT can be explained in terms of the apparent incorporation of lanthana into the lattice 

structure, which affects the interaction of Fe and the other promoters and therefore segregates K 

and Cu from Fe.  Si distribution is significantly different and less uniform than the other 

promoters for all of the catalysts, which is not unexpected because the SiO2 is not a metal and is 

added to act as a textural promoter to increase surface area and dispersion of the other 

components. O distribution is very similar to that of Si, suggesting that the oxide phase is indeed 

largely SiO2. Silicon’s presence as an oxide after carbiding explains the significant segregation 

of this oxide phase from Fe and the other promoters. 
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6.2.5 CO Chemisorption 

With the physical properties of fresh and carbided catalysts examined, the chemical 

properties of the FT catalysts are addressed in this section. The reduced 0.5La FT and 2La FT 

catalysts have the largest CO uptake, indicating that they chemisorbed the most CO. Further 

explanation of this observed behavior is presented in Figure 6.10 in the following section. 

Table 6.7: CO chemisorption of reduced FT catalysts. 

Catalyst ID % mass increase CO uptake (𝜇𝜇mol CO/gcat) 
0La FT 0.62 221 

0.5La FT 1.26 450 
2La FT 1.48 529 

2La/2K FT 0.30 107 
 

6.2.6 Catalyst Performance: Activity, Selectivity, and Stability 

The overall reaction rates of the FT catalysts are compared in Table 6.8. The FTS 

reaction rate is lowest for the 2La FT catalyst and highest for the 0La FT catalyst. However, 

2La/2K FT performed nearly as well as the 0La FT at 240°C and 250°C and even better at the 

higher reaction temperature of 260°C. This is in in good agreement with the surface area pattern 

noted in Table 6.5, consistent with higher stability for the 2La/2K FT and therefore enhanced 

performance at higher temperatures. According to the XRD and X-ray mapping characterization 

results, the carbided 0.5La FT and 2La FT catalysts exhibited iron dispersion and promoter 

distributions that are worse than those shown by the carbided 0La FT and 2La/2K FT catalysts. 

These factors are believed to affect the FTS activity of these FT catalysts. The rate of CO 

depletion (−𝑟𝑟𝐶𝐶𝐶𝐶) for the 0La FT catalyst was compared with Brunner’s best catalyst 1UHa [86], 

after first adjusting the reaction conditions to those used in Brunner’s work. The value of −𝑟𝑟𝐶𝐶𝐶𝐶 

for the 1UHa catalyst is 38.5 mol kg-1 h-1 as reported in [86] and is 46.6 mol kg-1 h-1 after the 
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adjustments, which is about 75% of the measured value of the 0La FT catalyst reported in Table 

6.8, indicating that the catalyst prepared for this work is superior as far as rate is concerned. This 

value also shows excellent agreement with the modeling results presented in Chapter 5. 

Table 6.8: Activity and activation energies of FT catalysts at 320 psi with 𝑷𝑷𝟐𝟐𝑪𝑪𝑪𝑪 = 9.91 atm, 𝑷𝑷𝟐𝟐𝑯𝑯𝟐𝟐  = 10.59 atm, 𝑷𝑷𝟐𝟐𝑺𝑺𝒑𝒑 = 1.26 
atm. Rates are lower for the lanthana-promoted catalysts. 

Catalyst 
ID 

 𝑬𝑬𝒂𝒂  
(kJ/mol) 

TOS 
(h) 

𝑻𝑻 
 (°C) 

 𝑿𝑿𝑪𝑪𝑪𝑪 
(%) 

 𝑿𝑿𝑪𝑪𝑪𝑪+𝑯𝑯𝟐𝟐 
(%) 

−𝒑𝒑𝑪𝑪𝑪𝑪 
(mol kg-1 h-

1) 

 𝒑𝒑𝑪𝑪𝑪𝑪+𝑯𝑯𝟐𝟐 
(mol kg-1 h-

1) 
 

0La FT 
 

86.9 ± 13.5 
 

166 
240 
250 
260a 

7.15 
9.08 
13.9 

7.58 
11.5 
14.0 

48.9 
62.1 
95.0 

104.3 
146.3 
197.6 

 
0.5La FT 

 
104.9 ± 1.26 

 
170 

 

240 
250 
260 

4.88 
7.73 
12.2 

5.18 
7.36 
10.6 

33.4 
52.9 
83.1 

71.2 
106.7 
160.3 

 
2La FT 

 
97.3 ± 0.28 

 
153 

240 
250 
260 

4.87 
7.53 
11.4 

5.56 
7.40 
9.58 

33.3 
51.5 
77.8 

73.4 
105.6 
147.8 

 
2La/2K FT 

 
95.8 ± 23 

 
168 

240 
250 
260 

6.58 
8.45 
14.1 

6.51 
9.52 
13.7 

45.0 
57.8 
96.3 

92.5 
127.3 
196.1 

       a The reaction rate at 260°C was adjusted from 261.8°C using  𝐸𝐸𝑟𝑟 for 0La FT. 

The stability of the catalysts is compared in Figure 6.10, which plots the catalytic activity 

as a function of time during activation at 250°C. 0La FT and 2La/2K FT are more stable, with no 

deactivation observed for the first 65 h. In contrast, although 2La FT activates the fastest, it is 

clearly the least stable, as it starts deactivating after 28 h onstream. The faster activation of 2La 

FT and 0.5La FT catalysts is consistent with the chemisorption results reported in Section 6.2.5 

where the 2La FT catalyst adsorbed CO the most. Furthermore, high CO uptakes can possibly 

mean carbon deposition, and therefore deactivation of the catalyst. 
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Figure 6.10: Activation of FT catalysts at 250°C. 

Selectivity is the final performance metric that is discussed in this section. Table 6.9 

reports the olefin (ethylene) to paraffin (ethane) ratios (O/P) as well as the selectivities of CO2 

( 𝐴𝐴𝐶𝐶𝐶𝐶2), methane (𝐴𝐴𝐶𝐶𝐻𝐻4), ethane and ethylene (𝐴𝐴𝐶𝐶2), and hydrocarbons heavier than C2 ( 𝐴𝐴3+) for 

all of the catalysts.  

𝐴𝐴𝐶𝐶𝐻𝐻4 and  𝐴𝐴𝐶𝐶2 increase with increasing lanthana content, which makes 0La FT the most 

selective catalyst to liquid hydrocarbons. Increasing basicity is a well-established method to 

decrease cracking catalytic sites and therefore decrease methane selectivity [85, 158]. Despite the 

increasing basicity, the pore volumes of carbided 0.5La FT and 2La FT catalysts are significantly 

lower than that of 0La FT, which possibly decrease the selectivity to liquid hydrocarbons. This 

correlation between pore volume and hydrocarbon selectivity has also been observed by others 
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[159, 160]. The scenario is quite different for the 2La/2K FT catalyst because it has lower 

potassium content and therefore higher methane selectivity than 0La FT. A more thorough future 

study that includes ammonia TPD should be performed to further understand the effect of basic 

sites on  𝐴𝐴𝐶𝐶𝐻𝐻4 as a function of pore volume. With regards to O/P ratio, lanthana clearly enhances 

the yield of olefins (based on the yield of ethylene). The presence of the basic oxide phase of 

lanthana can possibly suppress the adsorption of hydrogen or enhance the desorption of olefins 

on the catalyst surface and therefore inhibit olefin hydrogenation.   

Table 6.9: Selectivities of FT catalysts at 320 psi with 𝑷𝑷𝟐𝟐𝑪𝑪𝑪𝑪 = 9.91 atm, 𝑷𝑷𝟐𝟐𝑯𝑯𝟐𝟐  = 10.59 atm, 𝑷𝑷𝟐𝟐𝑺𝑺𝒑𝒑 = 1.26 atm. Methane and 
water-gas shift activities are higher with the lanthana-promoted catalysts. 

                                                      Selectivities                       CO2-free selectivities 
Catalyst ID 𝑻𝑻 

(°C) 
 𝑺𝑺𝑪𝑪𝑪𝑪𝟐𝟐   
(%) 

 𝑺𝑺𝑪𝑪𝑯𝑯𝟒𝟒 
(%) 

 𝑺𝑺𝑪𝑪𝟐𝟐  
(%) 

 𝑺𝑺𝟑𝟑+ 
(%) 

 𝑺𝑺𝑪𝑪𝑯𝑯𝟒𝟒 
(%) 

 𝑺𝑺𝑪𝑪𝟐𝟐  
(%) 

 𝑺𝑺𝟑𝟑+ 
(%) 

O/Pa 

 
0La FT 

240 
250 
260 

15.8 
21.6 
25.1 

2.52 
3.13 
3.37 

3.19 
3.34 
3.11 

78.5 
71.9 
68.4 

3.00 
4.00 
4.51 

3.79 
4.26 
4.15 

93.2 
91.8 
91.4 

0.443 
0.397 
0.398 

 
0.5La FT 

240 
250 
260 

29.0 
31.3 
33.2 

4.77 
5.02 
5.37 

4.45 
3.91 
3.70 

61.7 
59.8 
57.7 

6.73 
7.31 
8.05 

6.27 
5.68 
5.54 

87.0 
87.0 
86.4 

0.584 
0.527 
0.541 

 
2La FT 

240 
250 
260 

25.1 
28.8 
31.7 

3.90 
4.07 
4.61 

4.35 
3.89 
4.10 

66.6 
63.3 
59.6 

5.21 
5.72 
6.74 

5.80 
5.45 
6.00 

89.0 
88.8 
87.2 

0.492 
0.442 
0.472 

 
2La/2K  FT 

240 
250 
260 

16.0 
23.5 
28.3 

4.06 
5.04 
5.58 

3.57 
4.61 
4.06 

76.3 
66.8 
62.0 

4.83 
6.59 
7.79 

4.26 
6.02 
5.67 

90.9 
87.4 
86.5 

0.689 
0.659 
0.674 

        a O/P is calculated using the ratio of the yields of ethylene to ethane. 

6.2.7 Water-Gas Shift Activity 

The WGS activity of the catalysts increases with increasing temperature and lanthana 

content and decreasing potassium content, as shown in the third column of Table 6.9. Previous 

researchers reported that the WGS activity of FTS iron-based catalysts increases with increasing 

potassium content, increasing reaction temperature, decreasing reaction pressure, and decreasing 

space velocity [85, 161]. Therefore, adding lanthana, that is a basic oxide like K2O, might 

facilitate the adsorption and dissociation of H2O molecules produced during the FTS reaction 
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and the dehyrdrogenation of the formate species produced during the WGS reaction and hence 

increase the WGS rate [162].  𝐴𝐴𝐶𝐶𝐶𝐶2 is lower for the 2La/2K FT catalyst because of the lower 

potassium content. Compared to Brunner’s 1 UHa [86], the WGS selectivity of the 0La FT 

catalyst is 1.5 times lower than that of 1UHa, despite the fact that they have been prepared in the 

same way with the same chemical constituents. The explanation to this observation can be 

approached in three ways: (1) The inlet partial pressures of CO and H2 used in this study are 

higher than those used by Brunner [86]. The WGS activity depends heavily on and is inversely 

proportional to the partial pressure of H2 in the reactor, meaning that increasing the partial 

pressure of H2 in the reactor decreases the WGS activity [96,98,100,101]. (2) The activation 

processes in both studies are different in that the conversion was controlled very carefully in this 

study to abstain from temperature rises above 3°C and therefore avoid the formation of hot spots 

in the catalyst. Hot spots might increase the WGS activity of the catalyst. (3) The CO 

conversions in this study were about 10% which might have been lower than the CO conversions 

achieved in Brunner’s work [86]. High CO conversions increase the partial pressure of H2O and 

decrease the partial pressure of H2, which therefore increase the WGS rate.    

Furthermore, based on the data presented in the activation plot in Figure 6.10, the carbide 

content is expected to increase for the 0La FT and the 2La/2K FT catalysts as their rates keep 

increasing, which would result in fewer active sites (Fe3O4) for the WGS reaction. However, the 

opposite behavior was observed for these catalysts under WGS conditions (400°C, 1 atm, and 

Fe3O4 active phase), as shown in Figure 6.11. This performance follows the −𝑟𝑟𝐶𝐶𝐶𝐶 trend in Table 

6.8 and the opposite trend of  𝐴𝐴𝐶𝐶𝐶𝐶2 presented in Table 6.9. The explanation to this resides in the 

previously described physical and chemical characteristics of the catalysts, including surface 

area, promoter dispersion, crystallite sizes, and extent of reduction. The 2La FT catalyst has the 
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lowest surface area, least uniform promoter distribution, largest crystallite size, and the least 

stability, which suggests that it performs the worst under WGS reaction conditions. Extent of 

reduction is also a crucial characterization for the WGS reaction, since Fe3O4 is the active phase 

and therefore the catalysts can experience under/over-reduction from the active phase. Further, 

the water-gas shift activity under water-gas shift conditions is ~12 times higher than that under 

FT conditions, which might suggest that temperature plays a bigger role that pressure does in the 

activity of these catalysts that have ~100 kJ/mol activation energies. The significance of this 

work and Figure 6.11 is that evaluating the WGS activity of FT catalysts under WGS conditions 

is not reliable to explain and to clarify the selectivity performance of these catalysts under FT 

conditions.  

 

Figure 6.11: WGS activity of FT catalysts at 400°C and 1 atm on the Fe3O4 active phase. 

The WGS study of the 0La FT catalyst under FT conditions was unsuccessful due to 

deactivation, as can be concluded from Table 6.10, which shows the catalyst becomes less FTS 

active after the WGS runs. The runs along with the operating conditions were given in Table 6.4. 

The deactivation does not seem to be due to oxidation of catalyst because the CO conversion to 
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CO2 decreases from FTS run 1 to FTS run 2 (as observed by the GC peak areas), suggesting that 

Fe3O4 content is not increasing with reaction time and CO partial pressure. Furthermore, an 

increase in methane selectivity and a decrease in CO2 selectivity were observed during FTS 

activity after FTS run 2 when the GC peak areas are compared to those of the first run (initial 

FTS activity) with larger peak area for CO (meaning lower CO conversion) and larger peak area 

for CH4 (meaning higher selectivity to CH4). This suggests that indeed the catalyst did not 

oxidize when water was introduced. This observation was also seen by another research group 

that shows introduction of water at high reaction temperatures (>230°C) does not oxidize the 

catalyst [163]. The probable explanation to the observed deactivation is that carbon deposition 

competes with catalytic oxidation at high reaction temperatures and pressures and low H2O:CO 

ratios. The observed increase in methane selectivity and decrease in CO2 selectivity are attributed 

to the introduction of higher partial pressures of water that might cause an increase in the 

concentration of OH groups making the catalyst surface more acidic. Increasing acidic sites 

increase methane selectivity and lower CO2 selectivity [158]. Therefore, no rate model can be 

derived due to limited data and the concurrent deactivation.   

Table 6.10: WGS study on  0La FT at 250°C and 320 psi on the χ-Fe5C2 active phase. 

Experiment a 𝑻𝑻 
(°C) 

𝑷𝑷𝑺𝑺𝑪𝑪𝑪𝑪 
 

𝑷𝑷𝑺𝑺𝑪𝑪𝑪𝑪𝟐𝟐  
 

𝑷𝑷𝑺𝑺𝑪𝑪𝑯𝑯𝟒𝟒 
 

 
Initial FTS activity 

 
250 

 
61791 

 

5048 
 

489 
 

FTS run 1 
 

250 
 

93894 
 

10873 
 

0 
 

FTS run 2 
 

250 
 

96001 
 

8092 
 

0 
 

FTS activity after FTS 
run 2 

 
250 

 
79422 

 
4215 

 
610 

     a The run ID’s were given in Table 6.4. 
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6.2.8 Conclusions 

The effect of small amounts (≤2 wt%) of lanthana addition to standard Fe/Cu/K/Si 

Fischer-Tropsch catalysts was investigated.  The results showed that lanthana addition produced 

catalysts that are less active for FTS and less selective to liquid hydrocarbons.  However, 

lanthana addition at the expense of potassium produced a catalyst that has higher surface area 

and pore volume that performs very similar to the catalyst with no lanthana in terms of activity 

and selectivity to CO2, but higher selectivity to CH4. The catalyst with no lanthana has the 

highest selectivity to liquid hydrocarbons. Characterization techniques performed on the 

carbided catalysts suggest that these results are primarily due to larger crystallites and less 

uniform promoter and Fe distributions with the lanthana-promoted catalysts. The primary 

positive effect of lanthana addition lies in increasing the olefin to paraffin ratio. Finally, the 

water-gas shift study of these Fischer-Tropsch catalysts suggests that they behave differently 

under water-gas shift conditions with water-gas shift activity that is significantly lower than the 

actual water-gas shift catalysts. 
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CHAPTER 7. SUMMARY AND RECOMMENDATIONS FOR FUTURE 
WORK 
 
 
 
 This chapter summarizes the work presented in this dissertation and recommends 

future work that can be continued based on this work. 

 

7.1 Summary   

 Crude oil serves as one of the primary energy resources to the world. Considering that 

these resources are not just dwindling in abundance, but also are becoming harder and more 

expensive to extract from deep offshore areas, it is essential that alternative energy resources and 

more feasible chemical processes are developed. The work presented in this dissertation focused 

on the production of: (1) hydrogen via the water-gas shift reaction and (2) liquid hydrocarbons 

via the Fischer-Tropsch synthesis reaction, as alternative energy sources. Both of these reactions 

are related in a manner that the former reaction is a side-reaction of the latter on iron-based 

catalysts; therefore, a significant effort is invested in the water-gas shift activity of iron-based 

catalysts. Water-gas shift catalysis has been thoroughly studied over the past few decades; 

however, industrial plants look for more active catalysts that can provide higher yields of 

hydrogen, as well as more stable catalysts that can withstand and operate at high reaction 

temperatures. Fischer-Tropsch technology gained much attention from researchers in the past 

few years due to the abundant supply of natural gas that became more accessible with hydraulic 

fracturing technology and the potential for renewable energy sources, such as biomass. The 
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Fischer-Tropsch process has been commercialized worldwide by large energy companies like 

Shell and Sasol. Enhancement of the activity, selectivity, and stability of Fischer-Tropsch 

catalysts, however, is required for higher yields and more economic production of the desired 

products. 

 The work presented in this dissertation focused on studying the effect of lanthana 

addition to unsupported iron-based catalysts for the water-gas shift reaction and Fischer-Tropsch 

synthesis, taking into consideration that the water-gas shift reaction is a side reaction of the 

Fischer-Tropsch synthesis on iron-based catalysts. In addition to that, a new technique that uses 

UV-visible spectroscopy was applied to quantify the extent of reduction of iron during water-gas 

shift catalysts. Finally, a particle model was developed and optimized to map heat and mass 

transfer limitations as well as pressure drop for Fischer-Tropsch catalysts under different 

operational (reaction temperature, reaction pressure, and feed syngas composition) and design 

(pellet size) conditions. The model was validated with experimental data and was scaled-up to 

model commercial-size reactors.   

 The main findings of the projects discussed in this dissertation are presented in the 

following sections along with recommendations for relevant future research work.   

 

7.2 Study on Water-Gas Shift Catalysts 

 Unsupported iron-based Fe2O3/Cr2O3/CuO high-temperature water-gas shift catalysts 

were prepared with varying amounts of lanthana (0, 0.5, 1, 2, and 5 wt%) added at the expense of 

Fe2O3 via co-precipitation. This study examined the structural and functional roles that lanthana 

played in modifying these catalysts. These effects are highlighted below: 
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• Minor addition of lanthana (0.5 wt%) promotes water-gas shift activity (30% increase) 

and enhances the stability (50% increase) of the catalysts, apparently through the 

stabilization of the iron-chromium cubic spinel, while further addition of lanthana 

disrupts the spinel structure.  

• XRD results suggest that adding 0.5 wt% of lanthana to the water-gas shift catalysts 

increases their crystallinity and crystallite sizes. The crystallinity of these catalysts was 

attributed to the iron-chromium spinel structure that forms once the catalysts are activated 

and Fe2O3 converts to Fe3O4.   

• Stabilization of the spinel results in larger surface area of the reduced catalyst with 0.5 

wt% lanthana, which implies a more physically stable catalyst that performs much better 

at higher reaction temperatures. SEM images also show that this catalyst appears more 

physical stable than the other tested catalysts. 

• Addition of 0.5 wt% of lanthana enhances the reducibility of the catalysts by decreasing 

the reduction temperature. Furthermore, it increases the extent of reduction of Fe2O3 to 

Fe3O4, but not to metallic Fe.  

• Modeling kinetic data show that the water-gas shift reaction over these catalysts tends to 

follow an adsorptive, Langmuir-Hinshelwood type mechanism, rather than a reduction-

oxidation mechanism  

• Kinetic parameters that were used to fit data to four rate models suggest that the catalyst 

with 0.5 wt% lanthana promotes CO adsorption on the catalyst surface. 

• Statistical analysis and 95% confidence regions for the adsorption equilibrium constants 

of CO and H2O suggest that H2O adsorbs more strongly than CO, which covers much of 

the catalyst surface and therefore inhibits the reaction activity. These observations are 
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reflected in the kinetic parameters for the power-law model, which show zero to slightly 

negative dependency on H2O concentrations and positive dependency (~ 1) on CO 

concentrations.  

   

 7.3 Operando UV-Visible Study  

 Operando UV-visible spectroscopy was used to quantify the extent of reduction of iron in 

high-temperature water-gas shift catalysts. The goal of this technique is to study the surface 

chemistry and oxidation states of iron in these catalysts and to ultimately replace XANES for 

determining oxidation states. Extent of reduction is a key characterization for the water-gas shift 

catalysts because it quantifies the amount of active Fe3O4 phase. The following bullet points are 

the key findings of this study: 

• Temperature-programmed reduction experiments show that addition of 0.5 wt% of 

lanthana decreases the reduction temperature of the catalysts, increases the extent of 

reduction to Fe3O4, and decreases the extent of reduction to metallic Fe. These 

observations are attributed to the stabilization of the iron-chromium spinel that forms 

once the catalysts are activated and Fe2O3 converts to Fe3O4.  

• Second temperature-programmed reduction experiments performed on the same catalysts 

after re-oxidation prove that the catalyst with 0.5 wt% lanthana is the most stable catalyst, 

with only 8% decrease in its reducibility, compared to 50% decrease in reducibility for 

the unpromoted (i.e., without La) catalyst.  

• XRD results suggest the presence of a mixture of metallic Fe and Fe3O4 after TPR 

experiments. FeO appears to decompose into Fe and Fe3O4. 
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• Simultaneous measurements of light absorption as a function of reduction temperature 

show increases in the absorption when the catalysts first reduce from Fe2O3 to Fe3O4 

(first reduction phase) and Fe3O4 to Fe (second reduction phase).  

• Increase in absorption was normalized relative to a fully-oxidized catalyst surface using 

the Kubelka-Munk function. The Kubelka-Munk values acquired from the surfaces of the 

reduced catalysts were calibrated against surface oxidation state of Fe. The extents of 

reduction that were used in generating the calibration curve were acquired from peak 

integrations of the TPR profiles.  

• Applying the calibration curve to water-gas shift catalysts under operation shows that 

addition of 1 wt% of lanthana causes higher extents of reduction than those for the 

unpromoted catalysts. Over-reduction to oxidation state lower than Fe+2.7 for the catalyst 

with 1 wt% lanthana is a reasonable conclusion when the TPR profiles and is a possible 

explanation for the lowered water-gas shift activity. 

• XANES analysis showed that the oxidation state of Fe in the unpromoted catalyst was 

higher than the catalyst with 1 wt% lanthana, suggesting that lanthana increases the 

extent of reduction. This work suggests that UV-visible spectroscopy is a potential and 

more sensitive tool for studying surface chemistry and oxidation states.   

 

7.4 Meso-Scale Optimization and Modeling of Fischer-Tropsch Catalysts   

 A simulation model that evaluates the performance of iron-based Fischer-Tropsch 

catalysts under different laboratory-scale operating and design conditions in a fixed-bed reactor 

was developed and optimized. The results of this work are significant because the model shows 

excellent agreement with experimental data and presents comprehensive contour maps of mass 
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and heat transfer limitations and pressure drop as functions of critical design (pellet size) and 

operating (reaction temperature, reaction pressure, and feed syngas composition) variables that 

make the interdependencies and the effects of variables easier to visualize. Therefore, this model 

can save experimentalists time as it gives them guidance to the experimental design and 

operating conditions before preparing and testing samples in a fixed-bed reactor. The goal of this 

work was to determine the optimal design and operational conditions that minimize pore 

diffusion, heat transfer limitations, pressure drop, and catalytic deactivation in order to achieve a 

kinetically-limited reaction rate with reasonable catalytic performance. Significant conclusions 

are: 

• The catalyst pellet size and the resulting void fraction affect the pressure drop, which is 

important for the model to simulate while solving for the optimal pellet size. 

• Higher reaction temperatures, higher reaction pressures, smaller pellet sizes, and lower 

feed CO compositions are favored for a maximized observed reaction rate that is not 

limited by heat or mass transfer resistances.  

• Optimal reaction temperatures should not exceed 256°C to keep catalytic deactivation 

below 50% after 1000 h onstream.  

• Decreasing the pellet size is only limited by the lower bound specified by the user to 

avoid small particles causing excessive pressure drop or plugging the reactor. Pressure 

drop is not a concern under laboratory conditions. 

• Pore diffusion limitations are negligible (effectiveness factor above 97%) for pellet sizes 

below 250 μm. The effectiveness factor decreases to 78% at 425 μm pellet sizes, 250°C, 

20 bar, and equimolar H2/CO ratio. 
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• Intraparticle heat transfer resistance is negligible compared to film heat transfer 

resistance. They both are not limiting resistances in the pellet size range of 200 – 600 μm. 

However, film heat transfer resistance becomes limiting at pellet sizes above 1000 μm.  

• The optimal cylindrical pellet size was 1.1 mm, with a 57% effectiveness factor and 4 bar 

pressure drop for a commercial-size reactor operating at 20 bar, 250°C, and equimolar 

H2/CO ratio with 3 kg catalyst in 1 inch inside diameter fixed-bed reactor.  

 

7.5 Study on Fischer-Tropsch Catalysts   

 Unsupported iron-based Fe/Cu/K Fischer-Tropsch catalysts were prepared with varying 

amounts of lanthana (0, 0.5, and 2 wt%) via the solvent-deficient precipitation method. A 

separate sample was prepared with 2 wt% lanthana added at the expense of K. This study 

examined the performance of these four catalysts in terms of activity, selectivity, and stability. 

Furthermore, their water-gas shift activities were also studied. The findings from this project are 

highlighted below: 

• Addition of lanthana lowers the Fischer-Tropsch activity of the catalysts, decreases their 

stability, and increases their water-gas shift and methane selectivities. Adding lanthana at 

the expense of potassium increases the activity and stability of the catalysts and also 

lowers their water-gas shift selectivity when compared to a lanthana-promoted catalyst 

with a similar lanthana content. 

• Addition of lanthana enhances the olefin-to-paraffin ratio. The ratio is highest for the 

catalyst with 2 wt% lanthana added at the expense of potassium.  
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• The surface area and pore volume of the carbided catalysts are notably smaller for the 

catalyst with 2 wt% lanthana. These measurements are largest for the catalyst with 2 wt% 

lanthana added at the expense of K.    

• Methane selectivity is proportional to the catalyst pore volume.  

• Catalysts that are the least active, stable, and selective to liquid hydrocarbons, which are 

the catalysts with 0.5 wt% and 2 wt% lanthana, contain the least uniform dispersion of 

iron and promoters.   

• XRD results show that addition of lanthana increases the crystallite sizes of the catalysts 

and therefore might decrease dispersion of iron and the iron carbide active phase.  

• The water-gas shift activities of the Fischer-Tropsch catalysts under water-gas shift 

conditions (400°C, 1 atm, and Fe3O4 active phase) follow the opposite trend of the water-

gas shift selectivities observed under Fischer-Tropsch conditions.  

• Modeling the water-gas shift kinetic data under Fischer-Tropsch conditions was 

unsuccessful due to catalytic deactivation.  

 

7.6 Original Contribution   

 The most significant contributions that this dissertation adds to the scientific community 

are as follows: 

• The development of a new iron-based high-temperature water-gas shift catalyst that is 

more active and stable than current industrial-like catalysts and that can operate at higher 

reaction temperatures, yet maintains its stability. 
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• The development of 95% confidence regions for the adsorption equilibrium constants of 

carbon monoxide and water. These contour plots allow visualization of the dependency 

of one reactant on the other in the feasible 95% confidence space as well as the relative 

interaction of each reactant with the surface of the catalyst.  

• The development of a calibration curve that correlates surface iron oxidation states to 

Kubelka-Munk measurements obtained from diffuse reflectance UV-visible 

spectrometry. The calibration curve was applied to operating iron-based water-gas shift 

catalysts, with the results compared to those obtained from X-ray absorption near-edge 

structure analysis.  

• The development of a model that optimizes design and operational conditions for the 

Fischer-Tropsch reaction in a fixed-bed reactor. The model also generates comprehensive 

contour plots that map pore diffusion, internal heat transfer, film heat transfer, pressure 

drop, and catalytic deactivation as function of particle sizes, reaction temperatures, 

reaction pressures, and feed syngas compositions. 

• The development of a new unsupported iron-based Fischer-Tropsch catalyst that includes 

the addition of lanthana at the expense of potassium, which increases the olefin-to-

parrafin ratio. This finding spotlights new ideas and protocols for the synthesis and 

preparation of unsupported iron-based Fischer-Tropsch catalysts.    

 

7.7 Future Work and Recommendations   

 The following studies and investigations are recommended for further scientific 

advancement based on the projects completed in this dissertation: 
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• A study on the effect of 0.2 wt% lanthana added to unsupported high-temperature water-

gas shift catalysts is recommended for further enhancement of the activity and stability of 

these catalysts. 

• High-temperature water-gas shift catalysts prepared for this study used lanthana as the 

only promoter for industrial-like catalysts. Future studies should consider the addition of 

minor amounts other rare-earth oxides (such as ceria) and other transition metal oxides 

(such as silver or lead oxides) and other noble metals (such as platinum) to further 

enhance the performance of these catalysts.  

• The development of a new microkinetic model that is derived from elementary 

mechanistic steps and that describes the water-gas shift kinetics more accurately over the 

unsupported iron-based water-gas shift catalysts is recommended. The model needs to be 

fit to more kinetic data to obtain more statistically reliable reaction rate and equilibrium 

constants.  

• A study that investigates the effect of pellet size of iron-based water-gas shift catalysts on 

Kubelka-Munk measurements is needed. This study can be incorporated into the work 

presented in this dissertation to develop a calibration curve that considers pellet size as 

one of the variables.  

• XANES analysis used in this study was an ex-situ analysis. Operando XANES 

measurements on iron-based water-gas shift catalysts are required for more accurate bulk 

oxidation state measurements.   

• The development of a new technique that investigates the extent of carbiding of iron-

based Fischer-Tropsch catalysts using UV-visible spectroscopy would extend the results 

presented here. These catalysts become darker in color (more black) as they carbide. 
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Therefore, the amount of light absorbed relative to a catalyst that is fully reduced with 

hydrogen (meaning that the surface contains metallic iron only) can be calibrated against 

the extent of carbiding. The acquired spectra can be compared to spectra for reference χ-

Fe5C2 and graphite samples to determine if the increase in absorption spectra is due to 

carbon deposition or carbiding of iron. This work could be very useful for deactivation 

studies.  

• The meso-scale model assumes fixed selectivities for modeling the product distribution 

of the iron-based Fischer-Tropsch catalysts. Incorporating a selectivity model is 

warranted for accurate optimization of the yield of the desired products that excludes any 

light gases.  

• Incorporating a rate model for the water-gas shift reaction in FTS is crucial for 

determining selectivity to carbon dioxide.  

• Non-homogeneous temperature gradients are required to describe heat transfer limitations 

in the model for a commercial-size FTS reactor.  

• The Thiele modulus used in this study considers a power-law rate model that depends on 

carbon monoxide concentration. Deriving a more rigorous expression for the Thiele 

modulus using more accurate rate expressions would be an improvement.  

• Preparation of unsupported iron-based Fischer-Tropsch catalysts with lanthana content < 

0.5 wt% is needed to observe any possible enhancements of activity, selectivity, and 

stability of these catalysts. 

• The catalyst with optimal lanthana content should be prepared again with lanthana added 

at the expense of potassium. The experimental design should consider changing both 

variables.  
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• Other preparation details, such as drying temperature, calcination temperature, and 

activation temperature, should be considered for promoting the performance of the iron-

based Fischer-Tropsch catalysts.  

• Ammonia temperature-programmed desorption studies need to be performed to further 

understand the effect of changing basicity with variable lanthana and potassium contents 

on the performance of the Fischer-Tropsch catalysts.   
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APPENDIX A.  Calibration of Gas Chromatograph 

 
For FTS experiments, GC was calibrated using a standard calibration gas with the 

following known compositions:  (20.2% CO, 35% H2, 3.2% Ar, 0.6% CH4, 1.6% CO2, 39.4% 

He). The concentrations of gases were changed by flowing He gas with the calibration gas to 

dilute it. The GC response factor (RF) for each gas was calculated relative to Ar by taking the 

ratios of their calibration slopes shown below. The response factors for C2H6 and C2H4 were 

estimated from previous works by Brunner and Argyle.  

 

 𝑅𝑅𝐹𝐹𝐶𝐶𝐶𝐶 = 0.911      𝑅𝑅𝐹𝐹𝐻𝐻2 = 0.060   

 
Figure A.1: GC calibration curve for CO.  Figure A.2: GC calibration curve for H2. 

 𝑅𝑅𝐹𝐹𝐶𝐶𝐶𝐶2 = 1.269      𝑅𝑅𝐹𝐹𝐶𝐶𝐻𝐻4 = 0.625   
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Figure A.3: GC calibration for CO2.   Figure A.4: GC calibration for CH4. 

 

 

𝑅𝑅𝐹𝐹𝐴𝐴𝑟𝑟 = 1.000 

  

 
 
 
 
 
 
 
 
 
 

Figure A.5: GC calibration for Ar. 
 
 
For the WGS experiments, the GC was calibrated for CO2 relative to CO using CO and CO2 

gases only with high compositions of CO (>70%). The intercept of the calibration curve shown 

in Figure A.6, which is 1.707, is the factor that adjusts the CO GC peak area to represent actual 

compositions.  
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Figure A.6: GC calibration curve for WGS experiments. 
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APPENDIX B.  Sample Calculations  

 

B.1. Preparation of 0.5La High-Temperature Water-Gas Shift Catalyst 

 Below is a Mathcad sheet of calculations for the preparation of 0.5La HT WGS catalyst.  
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B.2. Preparation of 0La FT Catalyst 

Below is a Mathcad sheet of example calculations for the preparation of 0La FT catalyst.  
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B.3. Differential vs. Integral Reactor Calculations for Fischer-Tropsch 
Synthesis 
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APPENDIX C.  Macro-Kinetic Rate Modeling for the WGSR 

C.1. Derivation of Rate Models for the WGS Reaction 

C.1.1. Langmuir Hinshelwood Model 

The proposed Langmuir-Hinshelwood mechanism can be written as: 

𝐻𝐻2𝑦𝑦 +  𝑠𝑠 ⇌  𝐻𝐻2𝑦𝑦 − 𝑠𝑠 (quasi-equilibrium)                                            (C.1) 
𝑦𝑦𝑦𝑦 +  𝑠𝑠 ⇌  𝑦𝑦𝑦𝑦 − 𝑠𝑠  (quasi-equilibrium)                       (C.2) 
𝑦𝑦𝑦𝑦 − 𝑠𝑠 +  𝐻𝐻2𝑦𝑦 − 𝑠𝑠 ⇌  𝑦𝑦𝑦𝑦2 − 𝑠𝑠 +  𝐻𝐻2 − 𝑠𝑠   rds, reversible         (C.3) 
𝑦𝑦𝑦𝑦2 − 𝑠𝑠 ⇌  𝑦𝑦𝑦𝑦2  +  𝑠𝑠 (quasi-equilibrium)                                          (C.4) 
𝐻𝐻2 − 𝑠𝑠 ⇌  𝐻𝐻2  +  𝑠𝑠  (quasi-equilibrium)                   (C.5) 
 
The assumptions made in this mechanism are that water adsorbs non-dissociatively at first, and 

that the rate-determining step (rds) describes the rate of CO depletion as an elementary step. 

The rate of CO depletion becomes: 

−𝑟𝑟𝐶𝐶𝐶𝐶  = 𝑘𝑘3
[𝐶𝐶𝐶𝐶−𝑠𝑠][𝐻𝐻2𝐶𝐶−𝑠𝑠]

[𝐿𝐿]
− 𝑘𝑘−3

[𝐶𝐶𝐶𝐶2−𝑠𝑠][ 𝐻𝐻2−𝑠𝑠]
[𝐿𝐿]

                          (C.6) 

where  𝑘𝑘3 is the rate constant for the forward reaction in C.3, 𝑘𝑘−3 is the reversible reaction rate 

constant, and  [𝛥𝛥 − 𝑠𝑠]is the concentration of adsorbed surfaced species 𝛥𝛥. From equations (C.1, 

C.2, C.4, and C.5), the concentrations of surface species can be found in terms of adsorption 

equilibrium constants 𝐾𝐾𝑖𝑖, measurable gas-phase species concentrations [𝛥𝛥], and concentration of 

catalyst surface sites [𝑠𝑠]: 

[𝛥𝛥 − 𝑠𝑠] = 𝐾𝐾𝑖𝑖[𝛥𝛥][𝑠𝑠]                                    (C.7) 
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Upon substitution for these surface species concentrations, equation C.6 becomes: 

−𝑟𝑟𝐶𝐶𝐶𝐶  = 𝑘𝑘3𝐾𝐾𝐶𝐶𝐶𝐶𝐾𝐾𝐻𝐻2𝐶𝐶[𝑦𝑦𝑦𝑦][𝐻𝐻2𝑦𝑦] [𝑠𝑠]2

[𝐿𝐿]
− 𝑘𝑘−3𝐾𝐾𝑦𝑦𝑦𝑦2

𝐾𝐾𝐻𝐻2
[𝑦𝑦𝑦𝑦2][𝐻𝐻2] [𝑠𝑠]2

[𝐿𝐿]
                   (C.8) 

By doing a site balance on the surface of the catalyst and using equation C.7, an expression for 

[𝑠𝑠] is obtained in terms of the total surface concentration, [𝐿𝐿]: 

[𝐿𝐿] = [𝑠𝑠] + [𝑦𝑦𝑦𝑦 − 𝑠𝑠] + [𝐻𝐻2𝑦𝑦 − 𝑠𝑠] + [𝑦𝑦𝑦𝑦2 − 𝑠𝑠] + [ 𝐻𝐻2 − 𝑠𝑠]                  (C.9) 

[𝑠𝑠] = [𝐿𝐿]
1+𝐾𝐾𝐶𝐶𝐶𝐶[𝐶𝐶𝐶𝐶]+𝐾𝐾𝐻𝐻2𝐶𝐶[𝐻𝐻2𝑦𝑦]+𝐾𝐾𝐶𝐶𝐶𝐶2[𝐶𝐶𝐶𝐶2]+𝐾𝐾𝐻𝐻2[𝐻𝐻2]          (C.10) 

 
Equation C.8 then becomes: 

−𝑟𝑟𝐶𝐶𝐶𝐶 =
𝑘𝑘3𝐾𝐾𝐶𝐶𝐶𝐶𝐾𝐾𝐻𝐻2𝐶𝐶[𝐿𝐿]([𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]−𝑘𝑘−3𝑘𝑘3

𝐾𝐾𝐶𝐶𝐶𝐶2𝐾𝐾𝐻𝐻2
𝐾𝐾𝐶𝐶𝐶𝐶𝐾𝐾𝐻𝐻2𝐶𝐶

[𝐶𝐶𝐶𝐶2][𝐻𝐻2])

(1+𝐾𝐾𝐶𝐶𝐶𝐶[𝐶𝐶𝐶𝐶]+𝐾𝐾𝐻𝐻2𝐶𝐶[𝐻𝐻2𝐶𝐶]+𝐾𝐾𝐶𝐶𝐶𝐶2[𝐶𝐶𝐶𝐶2]+𝐾𝐾𝐻𝐻2[𝐻𝐻2])2
           (C.11) 

The reaction equilibrium constant, 𝐾𝐾, is defined as the ratio 𝑘𝑘3
𝑘𝑘−3

𝐾𝐾𝐶𝐶𝐶𝐶𝐾𝐾𝐻𝐻2𝐶𝐶
𝐾𝐾𝐶𝐶𝐶𝐶2𝐾𝐾𝐻𝐻2

, and the effective rate 

constant for the reaction, 𝑘𝑘, is defined as 𝑘𝑘3[𝐿𝐿]. Therefore, equation C.11 becomes: 

−𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑘𝑘𝐾𝐾𝐶𝐶𝐶𝐶𝐾𝐾𝐻𝐻2𝐶𝐶([𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]−[𝐶𝐶𝐶𝐶2][𝐻𝐻2]/𝐾𝐾)
(1+𝐾𝐾𝐶𝐶𝐶𝐶[𝐶𝐶𝐶𝐶]+𝐾𝐾𝐻𝐻2𝐶𝐶[𝐻𝐻2𝐶𝐶]+𝐾𝐾𝐶𝐶𝐶𝐶2[𝐶𝐶𝐶𝐶2]+𝐾𝐾𝐻𝐻2[𝐻𝐻2])2

                                                      (C.12) 

C.1.2.  Eley-Rideal Model 

The proposed Eley-Rideal mechanism for CO –adsorbing can be written as: 

𝑦𝑦𝑦𝑦 +  𝑠𝑠 ⇌  𝑦𝑦𝑦𝑦 − 𝑠𝑠  (quasi-equilibrium)                            (C.13) 
𝑦𝑦𝑦𝑦 − 𝑠𝑠 +  𝐻𝐻2𝑦𝑦 ⇌  𝑦𝑦𝑦𝑦2 − 𝑠𝑠 +  𝐻𝐻2   rate-determining step, reversible              (C.14) 
𝑦𝑦𝑦𝑦2 − 𝑠𝑠 ⇌  𝑦𝑦𝑦𝑦2  +  𝑠𝑠 (quasi-equilibrium)                                        (C.15) 
 
The proposed Eley-Rideal mechanism for H2O –adsorbing can be written as: 

𝐻𝐻2𝑦𝑦 +  𝑠𝑠 ⇌ 𝐻𝐻2𝑦𝑦 − 𝑠𝑠  (quasi-equilibrium)                            (C.16) 
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𝑦𝑦𝑦𝑦 +  𝐻𝐻2𝑦𝑦 − 𝑠𝑠 ⇌  𝑦𝑦𝑦𝑦2  +  𝐻𝐻2   rate-determining step, reversible              (C.17) 
𝐻𝐻2 − 𝑠𝑠 ⇌  𝐻𝐻2  +  𝑠𝑠  (quasi-equilibrium)                            (C.18) 
 
Per the Eley-Rideal model, only one reactant in the rate-determining step is assumed to be 

adsorbed on the surface, which is equivalent to assuming that it is the most abundant reactive 

intermediate (MARI), while the other gas phase reactant interacts directly with the surface 

species.  

The rate of CO depletion becomes: 

−𝑟𝑟𝐶𝐶𝐶𝐶  = 𝑘𝑘2[𝑦𝑦𝑦𝑦 − 𝑠𝑠][𝐻𝐻2𝑦𝑦] − 𝑘𝑘−2[𝑦𝑦𝑦𝑦2 − 𝑠𝑠][ 𝐻𝐻2]                CO-adsorbed           (C.19) 
−𝑟𝑟𝐶𝐶𝐶𝐶  = 𝑘𝑘2[𝑦𝑦𝑦𝑦][𝐻𝐻2𝑦𝑦 − 𝑠𝑠] − 𝑘𝑘−2[𝑦𝑦𝑦𝑦2][ 𝐻𝐻2 − 𝑠𝑠]                H2O-adsorbed        (C.20) 
 
where  𝑘𝑘2 is the rate constant for the forward reaction in C.14 or C.17, 𝑘𝑘−2 is the reverse reaction 

rate constant, and  [𝛥𝛥 − 𝑠𝑠] is the concentration of adsorbed surfaced species 𝛥𝛥. From equations 

C.13 or C.16, the concentrations of surface species can be found in terms of adsorption 

equilibrium constants 𝐾𝐾𝑖𝑖, species concentrations [𝛥𝛥], and concentration of catalyst surface sites 

[𝑠𝑠], as shown below: 

[𝛥𝛥 − 𝑠𝑠] = 𝐾𝐾𝑖𝑖[𝛥𝛥][𝑠𝑠]                                (C.21) 

Equations C.17 and C.18 become: 

−𝑟𝑟𝐶𝐶𝐶𝐶  = 𝑘𝑘2𝐾𝐾𝐶𝐶𝐶𝐶[𝑦𝑦𝑦𝑦][𝐻𝐻2𝑦𝑦][𝑠𝑠] − 𝑘𝑘−2𝐾𝐾𝑦𝑦𝑦𝑦2
[𝑦𝑦𝑦𝑦2][𝐻𝐻2][𝑠𝑠]   CO-adsorbed      (C.22) 

−𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑘𝑘2𝐾𝐾𝐻𝐻2𝐶𝐶[𝑦𝑦𝑦𝑦][𝐻𝐻2𝑦𝑦][𝑠𝑠] − 𝑘𝑘−2𝐾𝐾𝐻𝐻2
[𝑦𝑦𝑦𝑦2][𝐻𝐻2][𝑠𝑠]    H2O-adsorbed      (C.23) 

 
From a site balance with MARI assumption, an expression for [𝑠𝑠] is obtained in terms of the 

total surface site concentration, [𝐿𝐿]:  

[𝐿𝐿] = [𝑠𝑠] + [𝑦𝑦𝑦𝑦 − 𝑠𝑠]   CO-adsorbed                       (C.24) 

[𝐿𝐿] = [𝑠𝑠] + [𝐻𝐻2𝑦𝑦 − 𝑠𝑠]   H2O-adsorbed                       (C.25) 

200 
 



 
  

[𝑠𝑠] = [𝐿𝐿]
1+𝐾𝐾𝐶𝐶𝐶𝐶[𝐶𝐶𝐶𝐶]   CO-adsorbed         (C.26) 

[𝑠𝑠] = [𝐿𝐿]
1+𝐾𝐾𝐻𝐻2𝐶𝐶[𝐻𝐻2𝑦𝑦]   H2O-adsorbed        (C.27) 

Equations C.22 and C.23 then become: 

−𝑟𝑟𝐶𝐶𝐶𝐶 =
𝑘𝑘2𝐾𝐾𝐶𝐶𝐶𝐶[𝐿𝐿]([𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]−𝑘𝑘−2𝑘𝑘2

𝐾𝐾𝐶𝐶𝐶𝐶2
𝐾𝐾𝐶𝐶𝐶𝐶

[𝐶𝐶𝐶𝐶2][𝐻𝐻2])

(1+𝐾𝐾𝐶𝐶𝐶𝐶[𝐶𝐶𝐶𝐶])
  CO-adsorbed            (C.28) 

 

−𝑟𝑟𝐶𝐶𝐶𝐶 =
𝑘𝑘2𝐾𝐾𝐻𝐻2𝐶𝐶[𝐿𝐿]([𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]−𝑘𝑘−2𝑘𝑘2

𝐾𝐾𝐻𝐻2
𝐾𝐾𝐻𝐻2𝐶𝐶

[𝐶𝐶𝐶𝐶2][𝐻𝐻2])

(1+𝐾𝐾𝐻𝐻2𝐶𝐶[𝐻𝐻2𝐶𝐶])
  H2O-adsorbed             (C.29) 

 
The reaction equilibrium constant, 𝐾𝐾, is the ratio 𝑘𝑘2

𝑘𝑘−2

𝐾𝐾𝐶𝐶𝐶𝐶
𝐾𝐾𝐶𝐶𝐶𝐶2

 for the CO-adsorbed case, and 𝑘𝑘2
𝑘𝑘−2

𝐾𝐾𝐻𝐻2𝐶𝐶
𝐾𝐾𝐻𝐻2

  

for the H2O-adsorbed case. The effective rate constant for the reaction, 𝑘𝑘, is defined as 𝑘𝑘2[𝐿𝐿]. 

Therefore, equations C.28 and C.29 become: 

−𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑘𝑘𝐾𝐾𝐶𝐶𝐶𝐶([𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]−[𝐶𝐶𝐶𝐶2][𝐻𝐻2]/𝐾𝐾)
(1+𝐾𝐾𝐶𝐶𝐶𝐶[𝐶𝐶𝐶𝐶])

                          CO-adsorbed                     (C.30) 

−𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑘𝑘𝐾𝐾𝐻𝐻2𝐶𝐶([𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]−[𝐶𝐶𝐶𝐶2][𝐻𝐻2]/𝐾𝐾)
(1+𝐾𝐾𝐻𝐻2𝐶𝐶[𝐻𝐻2𝐶𝐶])

                         H2O-adsorbed                     (C.31) 

C.1.3. Redox Model 

The proposed Redox mechanism can be written as: 

𝐻𝐻2𝑦𝑦 + ∗ ⇌  𝐻𝐻2 + 𝑦𝑦 ∗  reversible                                        (C.32) 
𝑦𝑦𝑦𝑦 +  𝑦𝑦 ∗ ⇌  𝑦𝑦𝑦𝑦2  + ∗  reversible, rate-determining step                 (C.33) 
 
where ∗ is the reduced center and 𝑦𝑦 ∗ (which is an adsorbed atomic oxygen) is the oxidized 

center. The rates of formation and consumption of the oxidized center are assumed to be equal, 

or in other words, 𝑦𝑦 ∗ is treated as a reactive intermediate, and equation C.33 is assumed to be 

the rds. The rate of CO depletion becomes: 
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−𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑘𝑘1[𝑦𝑦𝑦𝑦][𝑦𝑦 ∗] − 𝑘𝑘−1[𝑦𝑦𝑦𝑦2][∗]                       (C.34) 

where  𝑘𝑘1 is the reaction rate constant for the forward reaction in C.33, 𝑘𝑘−1 is the reverse 

reaction rate constant. The concentration of the oxidized center can be found from the pseudo 

steady-state hypothesis by equating its rates of formation and consumption: 

𝑘𝑘1[𝑦𝑦𝑦𝑦][𝑦𝑦 ∗] + 𝑘𝑘−2[𝐻𝐻2][𝑦𝑦 ∗] = 𝑘𝑘−1[𝑦𝑦𝑦𝑦2][∗] + 𝑘𝑘2[𝐻𝐻2𝑦𝑦][∗]                                (C.35) 

Solving for [𝑦𝑦 ∗]: 

[𝑦𝑦 ∗] = (𝑘𝑘2[𝐻𝐻2𝑦𝑦][∗] + 𝑘𝑘−1[𝑦𝑦𝑦𝑦2][∗])
(𝑘𝑘1[𝑦𝑦𝑦𝑦] + 𝑘𝑘−2[𝐻𝐻2])�                      (C.36) 

By doing a site balance on the surface of the catalyst and using equation C.36, an expression for 

[∗] can obtained in terms of the total surface concentration, [𝐿𝐿]: 

[𝐿𝐿] = [∗] + [𝑦𝑦 ∗] = [∗] �1 + (𝑘𝑘2[𝐻𝐻2𝐶𝐶]+𝑘𝑘−1[𝐶𝐶𝐶𝐶2])
(𝑘𝑘1[𝐶𝐶𝐶𝐶]+𝑘𝑘−2[𝐻𝐻2])

�             (C.37) 

[∗] = [𝐿𝐿](𝑘𝑘1[𝐶𝐶𝐶𝐶]+𝑘𝑘−2[𝐻𝐻2])
𝑘𝑘1[𝐶𝐶𝐶𝐶]+𝑘𝑘2[𝐻𝐻2𝐶𝐶]+𝑘𝑘−1[𝐶𝐶𝐶𝐶2]+𝑘𝑘−2[𝐻𝐻2]              (C.38) 

Equation C.34 then becomes: 

−𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑘𝑘1𝑘𝑘2[𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]𝐿𝐿−𝑘𝑘−1𝑘𝑘−2[𝐶𝐶𝐶𝐶2][𝐻𝐻2]𝐿𝐿
𝑘𝑘1[𝐶𝐶𝐶𝐶]+𝑘𝑘2[𝐻𝐻2𝐶𝐶]+𝑘𝑘−1[𝐶𝐶𝐶𝐶2]+𝑘𝑘−2[𝐻𝐻2]              (C.39) 

The reaction equilibrium constant, 𝐾𝐾, is defined as the ratio 𝑘𝑘1
𝑘𝑘−1

𝑘𝑘2
𝑘𝑘−2

, and to match the form of the 

equation from the literature, [𝐿𝐿] is lumped into 𝑘𝑘1𝑘𝑘2 . C.39 becomes: 

−𝑟𝑟𝐶𝐶𝐶𝐶 = 𝑘𝑘1𝑘𝑘2([𝐶𝐶𝐶𝐶][𝐻𝐻2𝐶𝐶]−[𝐶𝐶𝐶𝐶2][𝐻𝐻2]/𝐾𝐾)
𝑘𝑘1[𝐶𝐶𝐶𝐶]+𝑘𝑘2[𝐻𝐻2𝐶𝐶]+𝑘𝑘−1[𝐶𝐶𝐶𝐶2]+𝑘𝑘−2[𝐻𝐻2]                                                  (C.40) 
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C.2. Equations Used for Fitting the Models to Experimental Data 

In order to provide reasonable initial guesses for the parameters before using Solver® in 

Excel, the partial derivatives in the form of equation B2 were solved simultaneously for all 

parameters used in the fitting. The parameters for CO2 and H2 were assumed to be the same due 

to their equal low concentrations, thereby reducing the number of degrees of freedom. The 

partial derivative that was initially solved in Mathcad® software is: 

𝜖𝜖 = �𝑟𝑟𝑝𝑝𝑟𝑟𝑟𝑟𝑑𝑑 − 𝑟𝑟𝑓𝑓𝑟𝑟𝑟𝑟𝑠𝑠�
2
               (C.41)    𝜕𝜕𝜕𝜕

𝜕𝜕𝑝𝑝
= 0                                     (C.42) 

where 𝜖𝜖 is the sum squared of errors, 𝑟𝑟𝑝𝑝𝑟𝑟𝑟𝑟𝑑𝑑 is the rate predicted using the corresponding model, 

𝑟𝑟𝑓𝑓𝑟𝑟𝑟𝑟𝑠𝑠 is the measured experimental rate, and 𝛥𝛥 is a fitting parameter.   

The generalized reduced gradient (GRG) algorithm available in Excel was then used to further 

optimize the fitting.  

 

C.3. Sample Calculations for Fitting of Kinetic Data 

 Below is a sample Mathcad sheet for calculating initial values for the adsorption 

equilibrium and rate constants of the LH model for 0.5La catalyst. These values were then used 

in Excel® for further optimization of fitting parameters that minimize the sum squared errors. 

The initial guesses that go in the solve block were acquired from Poloski et al.[50].  
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C.4. Statistical Analysis Using Mathematica®  

 Below is a sample code for 0.5La HT WGS catalyst from Mathematica® for generating 

95% joint confidence regions for 𝐾𝐾𝐶𝐶𝐶𝐶 and 𝐾𝐾𝐻𝐻2𝐶𝐶. The standard error on the estimates were 

adjusted in Excel® to account for non-fixed values of 𝐾𝐾𝐶𝐶𝐶𝐶2, 𝐾𝐾𝐻𝐻2, and 𝑘𝑘.  
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C.5. Statistical Analysis Using R®  
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Appendix D. Electron-Dispersive X-ray Spectra for HT WGS Catalysts 

A notable difference between the 2La and 5La samples and the other samples after TPR 1 is 

the presence of sodium in these two catalysts. The peak at around 1.1 keV corresponds to Na-Kα 

and shows that sodium exists in larger amounts in the 2La and 5La catalysts when it is compared 

to Fe-Lα peak at around 0.7 keV. However, this same sodium peak at 1.1 keV appears to be 

much less intense in the calcined 2La sample than it is in the reduced sample. Therefore, once 

these two catalysts start reducing, the sodium ions in the bulk become more mobile and move to 

the surface of the catalyst, affecting the absorbance signal. Considering the reduction potentials 

of Na+ to Na (-2.71 V) and Fe3+ to Fe (0.33 V), sodium is most probably present in its oxide 

form, which is a white powder, at the conditions of the TPR experiments. The diffusion of the 

sodium oxide white powder to the surface of the 2La and 5La catalysts during reduction cause 

the absorbance signal to go down. 
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Figure D.1: Energy-dispersive spectra for: (a) 0La post TPR 1, (b) 0.5La post TPR 1, (c) 1La post TPR 1, (d) 2La post 
TPR 1, (e) 5La post TPR 1, (f) 2La calcined, and (g) 5La calcined. 
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Appendix E. Particle Model for Fischer-Tropsch Reaction 

 Below is the APM file code developed for the optimization of catalyst design for the lab-

scale reactor and for which the results were presented in Chapter 5 of this dissertation.  
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